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1. MOTIVATION AND OVERVIEW 
 
Hydrogen is considered to be an alternative future energy carrier that can potentially facilitate the 
transition from fossil fuels to sources of clean energy because of its advantages such as: high energy 
density, variety of potential sources (for example water, biomass, organic matter), light weight, and 
especially low environmental impact (water is the sole combustion product). There are no CO2 
emissions from hydrogen vehicles. Therefore, irreversible global warming and climate changes 
would be reduced. 
 
Hydrogen can be produced from several sources and methods both centrally and locally. In large-
scale production, then, it must be distributed via several ways to storages before the end use. In 
some applications, liquid hydrogen is needed and transported to, e.g., hydrogen stations. 
 
However, there remains a challenge that today efficiencies of liquefaction plants still need to be 
improved so that the cost of efficient and sustainable hydrogen production must be significantly 
reduced. Thus, the Scandinavian Research Foundation (SINTEF) Energy Research AS initials and 
proposes a Multi-component Refrigerant (MR) cycle as a potential system to liquefy hydrogen for 
large-scale efficiently; the company has a previous experience to use this MR cycle to liquefy 
natural gas. The author worked with this research group. 
 
The main purpose of this dissertation work was to investigate both simulation and experiment of a 
small-scale laboratory MR hydrogen liquefaction plant. First, the simulation was done with a 
simplified 5-component composition and later with more complex 10-component composition. 
Next, initial experiment was performed with a measured simplified 5-component composition to 
compare the results with simulation data. Finally, a simulated 100 ton-per-day (TPD) liquid 
hydrogen large scale plant utilizing MR refrigeration system was proposed. All simulation was 
done by using PRO/II. In addition, a simple economic analysis of the proposed large-scale plant 
was also done to consider the new MR heat exchanger sizes and all compressor swept volumes and 
the sizes. 
 
In summary, even though there are some little differences between simulation data and 
experimental data of the test rig, but they go the same direction. Then, the simulation of the 
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proposed large-scale plant is proposed by using the same simulation package that is done with 
simulation of the test rig. The trend is that the system has a high overall plant efficiency among 
others with possibility of smaller plant size and lower construction cost especially when comparing 
to current plants, e.g., at Ingolstadt and Leuna. 
 
 
2. THE OBJECTIVES 
 
Experiment: 
1. To build the small-scale hydrogen liquefaction prototype that is based on multi-component 
refrigerant configuration.  
2. To do experiment to evaluate the cycle: optimization of parameters to find method to maximize 
performance such as, both MR low and high side pressures, the MR charge, MR composition, 
setting of expansion valve, superheating, pinch temperatures, etc.  
3. To do experiment to find the lowest reach attainable temperature at MR cycle to cool hydrogen 
gas. 
Simulation:  
1. A small-scale laboratory multi-component refrigerant (MR) hydrogen liquefier: 
a) To do exergy analysis to find the losses and to optimize the test rig. 
b) To find the optimized MR composition for the test rig. 
c) To compare simulation data to experimental data and to provide information on sizing the 
system components for maximum performance. 
2. A large-scale MR hydrogen liquefaction plant: 
a) To find the right configuration for the best efficient cycle and to compare the performance 
of the system with other today conventional cycles. 
b) To find the optimized MR composition for the large-scale plant. 
c) To find the source of performance degradation (exergy analysis) in each component to 
minimize the irreversibility.  
 
 
3. ABSTRACT 
 
The problem is that today every H2 liquefaction plant has low exergy efficiency of just between 20–
30%. It is based on the pre-cooled Claude system, which is still the same as 50 years ago with little 
improvement. Method to resolve the challenges of the future plants is finding a completely new 
configuration with more efficient system. For this dissertation, a multi-component refrigerant (MR) 
refrigeration cycle is proposed to solve the problem. The work is divided into four parts: a literature 
review, a design and simulation of a small-scale laboratory plant, an experiment with the small 
plant, and a design and simulation of a proposed large-scale plant. First, this study investigated the 
simulation of a newly proposed small-scale laboratory liquid hydrogen plant with the new, 
innovative MR refrigeration system. The simulated test rig was capable of liquefying a feed of 2 
kg/h of normal hydrogen gas at 21 bar and 25 oC to normal liquid hydrogen at 2 bar and −250 oC. 
The simulated power consumption for pre-cooling the hydrogen from 25 oC to −198 oC with this 
new MR compressor was 2.07 kWh/kgGH2. This was the lowest power consumption available when 
compared to today’s conventional hydrogen liquefaction cycles, which are approximately 4.00 
kWh/kgGH2. Exergy analysis of the test rig’s cycle, which is required to find the losses and optimize 
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the proposed MR system, was evaluated for each component using the simulation data. It was found 
that the majority of the losses were from the compressors, heat exchangers, and expansion valves.  
Then, a small-scale laboratory hydrogen liquefaction plant that contains the new innovative MR 
refrigeration system was constructed to verify the simulation of this system. Initial experiments 
indicated that the rig was able to adequately cool normal hydrogen gas from 25 oC to −158 oC at a 
flow rate of 0.6 kg/h using a simplified 5-component MR composition refrigeration system. The 
power consumption of pre-cooling from the MR compressor was 1.76 kWh per kilogram of feed 
hydrogen gas. After two weeks, the lowest attained temperature was about −180 oC when a few 
additional grams of nitrogen gas were charged into the rig. There were some differences, but most 
of all, the simulation and experimental data were in good agreement. The primary conclusion was 
that pre-cooling hydrogen gas with the MR refrigeration system resulted in a lower energy 
consumption per kilogram of feed hydrogen gas compared to conventional refrigeration systems. 
Finally, a liquid hydrogen plant based on the MR refrigeration system is proposed. A cycle that is 
capable of producing 100 tons of liquid hydrogen per day is simulated. The MR system can be used 
to cool feed normal hydrogen gas from 25 oC to the equilibrium temperature of −193 oC with a high 
efficiency. In addition, for the transition from the equilibrium temperature of the hydrogen gas from 
−193 oC to −253 oC, a new proposed four H2 Joule-Brayton cycle refrigeration system with 
optimization is recommended. The overall power consumption of the proposed plant for the based 
case is 5.91 kWh/kgLH2. The current plant in Ingolstadt is used as a reference, which has an energy 
consumption of 13.58 kWh/kgLH2 and an efficiency of 21.28%. The efficiency of the proposed 
system is around 50% or more, where this depends on the assumed efficiency values for the 
compressors and expanders, together with effectiveness of heat exchangers. Importantly, the 
variables and constraints are preliminary studied together with how to adjust these to achieve 
optimal steady-state operation. The optimization problem has 23 variables and 26 constraints. A 
simplified 5-component composition of refrigerant suggested for the plant is found. The plant 
optimization was also conducted with two more pinch temperatures (1 and 3 oC). Power savings is 
increased with a pinch temperature of 1 oC as compared to 3 oC. This figure can have a significant 
impact on plants selection. In addition, pressure drops in heat exchangers are also employed in the 
simulation for the study, however it is shown that they don’t have much significant impact on the 
overall plant total power consumption. The proposed system has smaller compressor motors and 
smaller crankcase compressors; thus, it could represent a plant with the lowest construction cost 
with respect to the amount of liquid hydrogen produced in comparison to today’s plants, e.g., in 
Ingolstadt and Leuna. Therefore, the proposed system has many improvements that serves as an 
example for future hydrogen liquefaction plants. 
 
 
4. MAIN ACHIEVEMENTS 
 
Experiment: 
1. The test rig was successfully built by a team at SINTEF Energy AS. From preliminary test run, 
the lowest reach attainable temperature at MR cycle was discovered to cabably cool hydrogen 
gas down to -180 oC. It is believed that if more volatile components such as nitrogen and 
hydrogen exist in the composition, the lowest reach temperature might be down to 
approximately -190 oC.  
2. Some issues were found in order to find method to maximize performance such as, both MR 
low and high side pressures (2 and 18 bar), the MR charge, MR composition (4% neon (or 4% 
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hydrogen with the same result), 18% nitrogen, 24% methane, 28% ethane, and 26% butane by 
mole), setting of expansion valves, superheating (10 oC), pinch temperatures (3-10 oC), etc.  
3. The primary conclusion was that pre-cooling hydrogen gas down to -193 oC with the MR 
refrigeration system resulted in a lower energy consumption (1.76 kWh/kgLH2) compared to the 
conventional refrigeration system (4.86 kWh/kgLH2). 
 
Simulation:  
1.    The test rig: 
a) Exergy analysis was performed to find the losses that were from the compressors, heat 
exchangers, and expansion valves respectively. 
b) The optimized MR composition for the test rig was found that more volatile components 
such as nitrogen, neon, or hydrogen must exist in order to capably obtain the lowest reach 
temperature.  
2.    The large-scale plant: 
a) The optimized MR composition (4% hydrogen, 18% nitrogen, 24% methane, 28% ethane, 
and 26% butane by mole) for the large-scale plant was found that it should be designed 
according to the hydrogen gas pre-cooling curve. 
b) The right configuration recommended (MR cycle in combination with the four Joule-
Brayton hydrogen cycles) for the best efficient cycle (5.98 kWh/kgLH2) was found and 
compared to the today conventional cycle (Ingolstat at 13.58 kWh/kgLH2). 
 
 
5. MAIN FINDINGS AND RELATIONS AMONG THE FOUR CHAPTERS 
 
The research project was complete with results in four chapters containing inside this dissertation. 
Below are the main findings and logical explanation to describe the links and relations among the 
four chapters: 
 
CHAPTER 1: Development of large-scale hydrogen liquefaction processes from 1898 to 2009. This 
“CHAPTER 1” was literature survey to do before other papers. Importantly, Fig. 1.7, Comparison 
of hydrogen liquefaction process efficiencies, depicts a summary and comparison of the process 
efficiencies around the world, including the new proposed MR system. In this Fig. 1.7, simulation 
result about the efficiency of the proposed large-scale MR cycle coupled with the four hydrogen 
Joule-Brayton (J-B) cycles from “CHAPTER 4” is included in this “CHAPTER 1”. 
 
CHAPTER 2: Exergy analysis on the simulation of a small-scale hydrogen liquefaction test rig with 
a multi-component refrigerant refrigeration system. This is a design and optimization work of the 
test rig before doing experiment as described on “CHAPTER 3”. This paper is very close related to 
“CHAPTER 3”. Simulation data of the MR 5-component composition in Table 2.3, 
Thermodynamic properties of each stream: enthalpy, entropy, specific exergy, and exergy flow of 
the proposed simplified 5-component composition, shown on “CHAPTER 2” is the same as Fig. 
3.3, PRO/II simulation flow-sheet of the proposed 5-component composition, found on “CHAPTER 
3”. It was found that the majority of the losses were from the compressors, heat exchangers, and 
expansion valves. About designing a large-scale system as on “CHAPTER 4”, the idea of exergy 
analysis recommended in the last part (Section 2.4.2, Comments on how to reduce exergy loss in 
each component) of this “CHAPTER 2” is also used to reduce the exergy loss in each component of 
the large-scale system found on “CHAPTER 4”. 
  
VII
 
CHAPTER 3: Simulation and experiment of a hydrogen liquefaction test rig using a multi-
component refrigerant refrigeration system. After designing and optimizing work of the test rig on 
“CHAPTER 2”, this “CHAPTER 3” is simulation and initial experiment of the rig. The data of 
design conditions for the test rig shown in Table 3.1, Assumptions in the simulation model, on 
“CHAPTER 3” are exactly the same as that in Table 2.1, Boundary conditions of the test rig’s 
simulation, on “CHAPTER 2”. The differences are that: “CHAPTER 2” is only pre-design, 
hydrogen flow rate in experiment is only 0.6 kg/h instead of 2.0 kg/h, the measured simplified 5-
component composition consists of: 1% neon, 10% nitrogen, 33% methane, 38% ethane, and 18% 
butane instead of the optimized by simulation on “CHAPTER 2”: 4% neon (or 4% hydrogen with 
similar result), 18% nitrogen, 24% methane, 28% ethane, and 18% butane. Moreover, there are other 
differences, between the pre-design simulation data found in “CHAPTER 2” and the experimental 
data, which are explained in Section 3.5.1, Comparison of the experimental data to the simulation 
data, on “CHAPTER 3”. There were some differences, but most of all, the simulation and 
experimental data were in good agreement. This means the PRO/II simulation package can be used 
to verify or simulate experimental data quite well. The main discovery was that pre-cooling 
hydrogen gas with the MR refrigeration system resulted in a lower energy consumption compared 
to conventional refrigeration systems. At last, expansion on “CHAPTER 3” about small-scale 
laboratory plant is “CHAPTER 4” regarding the design of the future large-scale plant. 
 
CHAPTER 4: Simulation on a proposed large-scale liquid hydrogen plant using a multi-component 
refrigerant refrigeration system. After experiencing in simulation and experiment of the small-scale 
plant as on “CHAPTER 3” that the trend of both simulation and experimental data go the same 
direction, this “CHAPTER 4” is the proposed large-scale plant with MR refrigeration system. The 
large-scale MR cycle is modified from small-scale MR process from the test rig described on 
“CHAPTER 3”. The differences which can be noticed the changes from Fig. 3.9, Simulation data of 
the laboratory test rig with the proposed simplified composition compared to the experimental data, 
on “CHAPTER 3” to be Fig. 4.2, PRO/II simulation flow sheet for the new modified proposed 
large-scale 100-TPD LH2 plant utilizing MR and four hydrogen Joule-Brayton refrigeration cycles, 
on “CHAPTER 4”. Those are: ortho-para catalysts are included for ortho-para hydrogen gas 
conversion, single-stage to be two-stage compression to reduce power consumption, and expansion 
valves are replaced by expanders to reduce exergy losses. In addition, simple helium system or heat 
exchanger (HX5 of Fig. 3.9 on “CHAPTER 3”) is replaced by the four hydrogen Joule-Brayton 
cycles. The simulation of the proposed large-scale plant is by using the same simulation package, 
PRO/II that is done with simulation of the test rig found on “CHAPTER 3”. The new, optimized 
MR has been particularly modified for large-scale process with heat conversion by catalysts; and it 
has a simplified composition. The idea of exergy analysis from “CHAPTER 2” is also performed 
here for the analysis of the large-scale on “CHAPTER 4”. It is still the same that compressors are 
the main components that cause greatest exergy losses. By simulation, due to substantial reduction 
of energy consumption compared to conventional refrigeration cycles, the new process is 
recommended as the future hydrogen liquefaction plant.  
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4. SUGGESTIONS FOR FURTHER WORK 
 
This dissertation contains only an initial experiment of the test rig together with a preliminary 
design and optimization of a proposed cycle of large-scale LH2 plant. It paves the foundation that 
there are a lot of works for researchers or other Master, PhD, and Post-doc students still need to be 
done in the future,  e.g.: (1) more experiment of the proposed 5−10 component composition of MR 
cycle to verify the lowest attainable temperature to −198 oC; (2) maybe, a research to invent a new 
accurate equation of state or some correction to replace Redlich-Kwong-Soave (SRK) model for 
simulation thermophysical data in PRO/II of the temperature below −200 oC; (3) finding new more 
efficient cycle; (4) computer simulation work deep inside about optimization of the new more 
efficient cycle; (5) the theory about heat transfer and pressure drop to design MR heat exchangers 
(Plate-fin, Coil-wound, or Spiral-wound); and (6) dynamic modeling and control of process plant. 
 
Finally, a single MR cycle with varied refrigerant compositions in combination with 1-5 H2/Helium 
J-B cycles would also be utilized to efficiently liquefy other common industrial gases such as 
oxygen, argon, carbon dioxide, xenon, nitrogen, neon, and helium. All shall be further research 
works.   
 
 
5. THE FOUR PUBLISHED PAPERS 
 
The lastest part of dissertation is Appendix which contains the four published papers as follows: 
 
Krasae-in S, Stang J, Neksa P. Development of large-scale hydrogen liquefaction processes from 
1898 to 2009. Int J Hydrogen Energy 2010;35(10):4524-33. 
 
Krasae-in S, Stang J, Neksa P. Exergy analysis on the simulation of a small-scale hydrogen 
liquefaction test rig with a multi-component refrigerant refrigeration system. Int J Hydrogen Energy 
2010;35(15):8030-42. 
 
Krasae-in S, Bredesen A, Stang J, Neksa P. Simulation and experiment of a hydrogen liquefaction 
test rig using a multi-component refrigerant refrigeration system. Int J Hydrogen Energy 
2011;36(1):907-19. 
 
Krasae-in S, Stang J, Neksa P. Simulation on a proposed large-scale liquid hydrogen plant using a 
multi-component refrigerant refrigeration system. Int J Hydrogen Energy 2010;35(22):12531-44. 
  
1 




7DEOHRIFRQWHQWV
PREFACE .................................................................................................................................................... I 
SUMMARY AND CONCLUSIONS .................................................................................................... III 
CHAPTER 1. DEVELOPMENT OF LARGE-SCALE HYDROGEN LIQUEFACTION 
PROCESSES FROM 1898 TO 2009 ...................................................................................................... 5 
1.1. INTRODUCTION ...................................................................................................................... 5 
1.2. SIMPLE HYDROGEN LIQUEFACTION PROCESSES ...................................................................... 6 
1.2.1. The first hydrogen liquefaction system ......................................................................... 6 
1.2.2. Theoretical liquefaction systems for hydrogen ............................................................. 6 
1.2.3. Theoretical Claude system for hydrogen ....................................................................... 6 
1.2.4. Theoretical pre-cooled Claude system for hydrogen ..................................................... 7 
1.2.5. Helium-refrigerated hydrogen-liquefaction system ...................................................... 7 
1.3. CURRENT PLANTS .................................................................................................................. 7 
1.3.1. Large-scale plants: Praxair, Air Products, and Air Liquide .......................................... 9 
1.3.2. Linde Large-scale N2 pre-cooled Claude plant in Ingolstadt ...................................... 10 
1.3.3. New Linde large-scale plant system in Leuna ............................................................. 11 
1.4. CONCEPTUAL PLANTS .......................................................................................................... 13 
1.4.1. Large-scale H2 liquefaction in combination with liquefied natural gas pre-cooling system 13 
1.4.2. Nitrogen pre-cooled Claude by Matsuda and Nagami (1998) ..................................... 13 
1.4.3. Conceptual plant by Quack (2002) .............................................................................. 13 
1.4.4. Conceptual plant with helium refrigeration cycle by Kuz'menko (2004) ................... 13 
1.4.5. MR Refrigeration by Stang (2005) .............................................................................. 14 
1.4.6. Helium refrigeration cycle by Shimko (2007) ............................................................. 14 
1.4.7. Helium Joule-Brayton cascade system by Valenti and Macchi (2008) ....................... 14 
1.5. DEVELOPMENT POTENTIAL OF LARGE-SCALE LH2 PLANTS .................................................. 14 
1.6. SUMMARY AND COMPARISON OF HYDROGEN LIQUEFACTION PROCESSES’ EFFICIENCIES ...... 16 
1.7. CONCLUSION ....................................................................................................................... 19 
  
2 
CHAPTER 2. EXERGY ANALYSIS ON THE SIMULATION OF A SMALL-SCALE 
HYDROGEN LIQUEFACTION TEST RIG WITH A MULTI-COMPONENT 
REFRIGERANT REFRIGERATION SYSTEM .............................................................................. 21 
2.1. INTRODUCTION ..................................................................................................................... 21 
2.2. SYSTEM DESCRIPTION........................................................................................................... 23 
2.3. ANALYSIS ............................................................................................................................. 27 
2.3.1. Heat removed from pre-cooling process ...................................................................... 27 
2.3.2. Energy efficiency (The first law efficiency) ................................................................ 27 
2.3.3. Exergy efficiency (The second law efficiency) ........................................................... 27 
2.3.4. System exergy analysis of the test rig .......................................................................... 28 
2.4. RESULTS AND DISCUSSION ................................................................................................... 30 
2.4.1. Results .......................................................................................................................... 30 
2.4.2. Comments on how to reduce exergy loss in each component ..................................... 36 
2.5. CONCLUSION ........................................................................................................................ 40 
CHAPTER 3. SIMULATION AND EXPERIMENT OF A HYDROGEN LIQUEFACTION 
TEST RIG USING A MULTI-COMPONENT REFRIGERANT REFRIGERATION 
SYSTEM .................................................................................................................................................... 41 
3.1. INTRODUCTION ..................................................................................................................... 41 
3.2. TEST RIG DESCRIPTION ......................................................................................................... 42 
3.3. PRELIMINARY RIG SIMULATION ............................................................................................ 43 
3.3.1. Determination of the correct components .................................................................... 43 
3.3.2. Design conditions ......................................................................................................... 44 
3.3.3. The proposed simplified 5-component composition for the initial experiment ................ 46 
3.4. INITIAL EXPERIMENTAL RESULTS ......................................................................................... 54 
3.4.1. Initial experiment ......................................................................................................... 54 
3.4.2. Initial experimental results ........................................................................................... 55 
3.5. COMPARISON........................................................................................................................ 58 
3.5.1. Comparison of the experimental data to the simulation data ....................................... 58 
3.5.2. Uncertainty analysis ..................................................................................................... 60 
3.5.2.1. Simulation data ..................................................................................................... 60 
3.5.2.2. Parameters calculated from the simulation data ................................................... 60 
3.5.2.3. Measured data ....................................................................................................... 61 
3.5.3. Differences betweem simulation and experimental data ............................................. 61 
3.5.3.1. The chosen composition of the 5-component refrigerant ..................................... 62 
3.5.3.2. About helium gas used to cool down HX5 ........................................................... 63 
3.5.3.3. Some further differences between simulation and experimental data .................. 63 
3.5.3.4. The lowest attainable temperature of pre-cooled hydrogen gas by MR refrigeration 
system. ................................................................................................................................ 65 
3.6. CONCLUSION ........................................................................................................................ 65 
  
3 
CHAPTER 4. SIMULATION ON A PROPOSED LARGE-SCALE LIQUID HYDROGEN 
PLANT USING A MULTI-COMPONENT REFRIGERANT REFRIGERATION SYSTEM . 67 
4.1. INTRODUCTION .................................................................................................................... 67 
4.2. THE PROPOSED 100 TON-PER-DAY LH2 PLANT WITH THE MR REFRIGERATION SYSTEM ....... 68 
4.2.1. Choice of refrigeration systems for the proposed plant ............................................... 68 
4.2.2. The whole process plant .............................................................................................. 70 
4.2.3. MR refrigeration system for cooling feed normal hydrogen gas from 25 oC to the 
equilibrium temperature of −193 oC ...................................................................................... 73 
4.2.4. Cooling the feed equilibrium hydrogen gas from −193 oC to −253 oC by the four H2 
Joule-Brayton cycle refrigeration system .............................................................................. 76 
4.3. OPTIMAL OPERATION OF THE NEW MODIFIED PROPOSED LARGE-SCALE 100-TPD LH2 PLANT .. 79 
4.3.1. Objective function ....................................................................................................... 79 
4.3.2. Nominal conditions ..................................................................................................... 79 
4.3.3. Manipulated variables.................................................................................................. 80 
4.3.4. Constraints during operation ....................................................................................... 83 
4.3.5. Unconstraints during operation ................................................................................... 84 
4.4. OPTIMIZATION RESULTS ....................................................................................................... 85 
4.5. CONTROL STRUCTURE DESIGN ............................................................................................. 94 
4.6. PINCH TEMPERATURES THAT AFFECT PLANT POWER CONSUMPTION ........................................ 96 
    4.7. COMPARISON OF THE PROPOSED SYSTEM TO INGOLSTADT LIQUEFIER…………………….97 
4.8. ECONOMIC ANALYSIS OF THE PROPOSED PLANT WITH MR REFRIGERATION .................................. 99 
4.8.1. Comparison of compressor’s size to other refrigeration systems .................................. 100 
4.8.2. Comparison of the heat exchanger’s size to other refrigeration systems ............................ 100 
4.9. FUTURE WORK ABOUT EFFICIENT HYDROGEN LIQUEFACTION PROCESS .............................. 103 
4.10. CONCLUSION ................................................................................................................... 105 
NOMENCLATURE .............................................................................................................................. 107 
REFERENCES ...................................................................................................................................... 111 
APPENDIX ............................................................................................................................................. 117 
 
 
 
  
4 













 








  
5 







&KDSWHU  'HYHORSPHQW RI ODUJHVFDOH K\GURJHQ
OLTXHIDFWLRQSURFHVVHVIURPWR

This chapter presents a review of the development of large-scale hydrogen liquefaction processes 
throughout the world from 1898 to 2009. First, there is a concise literature review including 
numerous past, present, and future designs is given: such as the first hydrogen liquefaction 
device, long time ago simple theoretical processes, today actual plants with efficiencies 20–30%, 
a list of the capacity and location of every hydrogen liquefaction plant in the world, and some 
today more efficient proposed conceptual plants with efficiencies 40–50%. After that, further 
information about the development and improvement potential of future large-scale liquid 
hydrogen liquefaction plants is explained. It is found that every current plant is based on the pre-
cooled Claude system, which is still the same as 50 years ago with little improvement. Methods 
to resolve the challenges of the future plants include proposing completely new configurations 
and efficient systems coupled with improved efficiencies of the main system components such as 
compressors, expanders, and heat exchangers. Finally, a summary and comparison of the 
processes’ efficiencies are described, including a newly proposed multi-component refrigerant 
system being developed by NTNU and SINTEF Energy Research AS.  
 
1.1. Introduction 
 
As hydrogen has shown promise as an important energy source for use in future transportation 
vehicles, several hydrogen research activities have been conducted since 1980 and especially 
since 2000. One of the challenges in creating a hydrogen economy is the low efficiencies of the 
current hydrogen liquefaction plants’ cycles. Since 2000, there have been several papers that have 
proposed conceptual plants with efficiencies up to 40–50% (Kuendig et al 2006; Matsuda and 
Nagami 1998; Quack 2002; Kuz'menko et al 2004; Stang et al 2006; Shimko and Gardiner 2007; 
and Valenti and Macchi 2008). This chapter chronicles the development of systems from 1898 to 
2009 and gives a comparison of several cycles’ efficiencies for the future hydrogen plant 
developer. Hydrogen was first liquefied in 1898 by a small device (Dewar, 1898). Some years 
later, a pre-cooled Linde-Hampson system was used as the first simple laboratory system to 
liquefy hydrogen. Around 1900, more efficient laboratory systems were invented including the 
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Claude, pre-cooled Claude, and helium refrigerated systems, arranged in order of increasing 
efficiency (Barron, 1966). Next, in 1957, the first few large hydrogen plants were built in the US 
for the growing petrochemical and aerospace industries and were based on the pre-cooled Claude 
cycle with more complicated systems that used liquid nitrogen as a pre-coolant to cool hydrogen 
gas down to −193 °C and hydrogen refrigeration systems to further cool feed hydrogen gas to 
−253 °C for the large scale. Up to the present, almost all of the large-scale plants in use across the 
world today still employ nearly the same cycle as the first few plants built in the US and have 
exergy efficiencies of just 20–30%. This can be seen in the Ingolstadt plant installed in Germany 
in 1991  (Bracha et al, 1994). Today, the most technologically advanced plants available in the 
literature are located in Leuna, Germany, and near Tokyo, Japan, were commissioned in 2008; 
however, only a slight improvement of efficiency was realized. Thus, there is potential to 
improve. 
 
1.2. Simple hydrogen liquefaction processes 
Barron (1966) illustrated the fundamental principles and how these simple processes work very 
well. 
1.2.1. The first hydrogen liquefaction system 
 
In 1885, Michael Faraday published a paper regarding gas liquefaction. At that time, his method 
was able to achieve refrigeration temperatures down to −110 °C using baths of ether and solid 
carbon dioxide. Gases with boiling points below that temperature, including hydrogen, were 
called “permanent gases” (Foerg, 2002). For the first time, the liquefaction of hydrogen was 
achieved by Sir James Dewar in 1898 (Dewar, 1898). This process utilized carbolic acid and 
liquid air for pre-cooling compressed hydrogen at 180 bar. The system was similar to the one that 
Linde used for the liquefaction of air. 
 
1.2.2. Theoretical liquefaction systems for hydrogen 
 
In 1895, Carl von Linde and William Hampson invented a simple liquefaction cycle to liquefy 
air. This cycle is called the “Linde-Hampson cycle”. However, according to what was explained 
by Barron (1966), the systems that cannot be used to liquefy hydrogen are the Linde-Hampson, 
Linde dual-pressure, Cascade, and Heylandt systems. A liquid nitrogen, pre-cooled Linde- 
Hampson system can be used to liquefy hydrogen. The cycle is shown schematically in Barron 
(1966). 
 
1.2.3. Theoretical Claude system for hydrogen 
 
In addition to liquefying air, the Claude cycle invented by Georges Claude in 1902 can also be 
used to liquefy hydrogen (Barron, 1966). This cycle was a development some years after the first 
Linde-Hampson cycle. There was an expansion engine in the Claude cycle, which produced a 
temperature much lower than the temperature generated by isenthalpic expansion as proposed by 
Linde. 
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1.2.4. Theoretical pre-cooled Claude system for hydrogen 
 
The performance is somewhat improved if a pre-cooling bath of liquid nitrogen is used with the 
Claude system. Timmerhaus and Flynn (1989) explained that if liquid nitrogen is used for pre-
cooling, one could achieve an exergy efficiency 50−70% higher than a pre-cooled Linde-
Hampson cycle. Nandi and Sarangi (1993) made a comparison of the two cycles and found that 
the typical Figure of Merit (FOM) for the pre-cooled Linde-Hampson cycle was lower than the 
standard pre-cooled Claude. The Claude cycle, as explained by Nandi and Sarangi (1993), is the 
basis for most other conventional liquefaction cycles. An example of a modified pre-cooled 
Claude cycle in use today is the hydrogen liquefaction plant in Ingolstadt near Munich, Germany, 
as shown in Fig. 1.2, which has been in operation since 1992 (Bracha et al, 1994). 
 
1.2.5. Helium-refrigerated hydrogen-liquefaction system 
 
A secondary helium-gas refrigerator can also be used to liquefy hydrogen, as shown in Nandi and 
Sarangi (1993) together with Barron (1966), but this system has never been used in any actual 
large-scale plants. 
 
1.3. Current plants 
 
Table 1.1 shows a list of all of the hydrogen liquefaction plants in use around the world. In 1960, 
the first few liquid hydrogen plants were built to support the Apollo program. The beginning of 
the sixties was the demand for the US space programs. The capacity installed up to 1965 was 
capable of supplying the demand of NASA and others until 1977. In this period, no additional 
plants were built, not least because of the reduction of NASA’s space activities. In 1977, this time 
was mainly caused by the steadily increasing commercial demand for liquid hydrogen. Today, 
there are more than 9 hydrogen liquefaction plants in the US with production rates of 5 to 34 ton,  
4 plants in Europe with capacities of 5 to 10 TPD, and 11 plants in Asia with capacities of 0.3 to 
11.3 TPD. Air Products supplies the largest liquid hydrogen capacity in North America, followed 
by Praxair. Today, liquid hydrogen is used to reduce the cost of hydrogen distribution (Drnevich, 
2003); however, the current worldwide liquid hydrogen (LH2) production capacity exceeds the 
market demand. Liquid hydrogen demand and production today is the largest in North America, 
which constitutes 84% of the world production. Of the total production in the US, 33.5% is used 
in the petroleum industry, 18.6% is for government aerospace, and the rest is for other industries. 
Only 0.1% is used for fuel cells today (Franser, 2003). 
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Table 1.1 – Commercial hydrogen liquefaction plants worldwide.  
Continent/ 
Country Location Operated by 
Capacity 
(TPD) 
Commissioned 
in 
Still in 
operation 
America  
Canada Sarnia Air Products    30         1982 Yes 
Canada Montreal Air Liquide Canada Inc.    10         1986 Yes 
Canada Becancour Air Liquide    12         1988 Yes 
Canada Magog, Quebec BOC    15         1989 Yes 
Canada Montreal BOC    14         1990 Yes 
French Guyane Kourou Air Liquide     5         1990 Yes 
USA Painsville Air Products     3a         1957   No 
USA West Palm Beach Air Products     3.2a         1957   No 
USA West Palm Beach Air Products    27a         1959   No 
USA Mississippi Air Products    32.7a         1960   No 
USA Ontario Praxair    20         1962  Yes 
USA Sacramento Union Carbide, Linde    54a         1964   No 
USA New Orleans Air Products    34a         1977 Yes 
USA New Orleans Air Products    34         1978  Yes 
USA  Niagara Falls Praxair    18         1981  Yes 
USA Sacramento Air Products      6         1986  Yes 
USA Niagara Falls Praxair    18         1989  Yes 
USA Pace Air Products    30         1994  Yes 
USA McIntosh Praxair    24         1995 Yes 
USA East Chicago, IN Praxair    30         1997 Yes 
Subtotal   300  
 
Europe  
France Lille Air Liquide    10         1987  Yes 
Germany lngolstadt Linde      4.4         1991  Yes 
Germany Leuna Linde      5         2008  Yes 
Netherlands Rosenburg Air Products      5         1987  Yes 
Subtotal     24.4  
 
Asia  
China Beijing CALT     0.6         1995 Yes 
India Mahendragiri ISRO      0.3         1992  Yes 
India India Asiatic Oxygen      1.2            - Yes 
India Saggonda Andhra Sugars      1.2         2004  Yes 
Japan Amagasaki Iwatani      1.2a         1978    No 
Japan Tashiro MHI      0.6a         1984   No 
Japan Akita Prefecture Tashiro      0.7         1985  Yes 
Japan Oita Pacific Hydrogen      1.4         1986  Yes 
Japan Tane-Ga-Shima Japan Liquid Hydrogen      1.4          1986     Yes 
Japan Minamitane Japan Liquid Hydrogen      2.2         1987  Yes 
Japan Kimitsu Air Products      0.3         2003 Yes 
Japan Osaka Iwatani (Hydro Edge)    11.3         2006 Yes 
Japan Tokyo Iwatani, built by Linde    10         2008 Yes 
Subtotal     30.6  
Worldwide   355  
a  Not included in the subtotal of the capacity for the year 2009. 
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1.3.1. Large-scale plants: Praxair, Air Products, and Air Liquide  
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
  
 
 
 
 
 
 
 
Fig. 1.1 − Praxair hydrogen liquefaction process (adapted from Drnevich, 2003). 
 
Praxair has 5 hydrogen liquefaction plants in the US today with production rates between 6 and 
35 ton LH2 TPD. Typical specific power consumptions are between 12.5 and 15 kWh/kgLH2 
(Drnevich, 2003). Fig. 1.1 shows a Praxair LH2 process flow sheet. It looks like the pre-cooled 
Claude cycle, but is more complicated for the large-scale system. There are three heat 
exchangers. The first heat exchanger is cooled by nitrogen gas (GN2) and an external 
refrigeration system. The second heat exchanger is cooled by liquid nitrogen (LN2) and some of 
the H2 feed. The third is cooled by a hydrogen refrigeration system that uses some of the feed to 
expand through turbines and Joule-Thomson (J-T) valve. The system is unique. Recently, it is the 
patent of Praxair invented by Schwartz et al (2011). Air Products has four hydrogen liquefaction 
plants capable of producing between 30 and 35 LH2 TPD in use in North America today. In 
addition, they have two 5 TPD LH2 plants: one in Holland and the other one in the US. Patents of 
Air Product’s technology are found formerly by Gaumer et al (1988) and recently by Allam et al 
(2009). Air Liquide has a plant in France and one in Canada, and both have capacities of about 10 
TPD. Both of these plants make use of the Claude cycle with hydrogen used as the cycle fluid; 
however, only one literature about Air Liquide’s cycle can be found on a patent by Grenier 
(1996). The best plant in the US requires about 10 kWh/kgLH2 (Drnevich, 2003). The LH2 
production capacity is still greater than the demand. It seems every large-scale LH2 plant has the 
cycle of LN2 as a pre-cooling process to cool hydrogen gas from 25 °C to −193 °C and a 
hydrogen refrigeration system to further cool hydrogen gas to −253 °C. 
 
 
 
 
H2 recycle compressor 
LN2 add. 
To feed 
External 
refrigeration 
Ortho/para  
catalyst 
To storage/fill 
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1.3.2. Linde Large-scale N2 pre-cooled Claude plant in Ingolstadt 
 
This plant used to be the largest German hydrogen liquefier. The cycle is illustrated in Bracha et 
al (1994); more technique can be found on Bracha et al (2006). Feed hydrogen gas obtained from 
an air separation plant is generated from a steam reforming process using natural gas. Fig. 1.2 
shows the actual liquefier in the plant. The big, vertical tank nearby on the left is the LN2 tank 
that the nitrogen liquefaction system uses to liquefy nitrogen to pre-cool hydrogen inside the LH2 
liquefier. All of the compressors are kept inside the machinery building on the right. The leftmost 
tank is the LH2 storage tank where liquefied hydrogen is kept for delivery. The tank is vacuum 
insulated. Fig. 1.3 (a) is the other side. To minimize the delivery cost, the hydrogen is delivered 
in liquid form by truck. Fig. 1.3 (b) demonstrates how LH2 is loaded from the storage tank to the 
trailer.  
 
 
 
 
 
 
 
 
 
 
 
                                                                                                 
 
Fig. 1.2 − The location of Linde LH2 in Ingolstadt. 
 
 
 
 
 
 
 
 

 
Fig. 1.3 − (a) Liquid hydrogen storage tank of Linde AG in Ingolstadt, (b) Articulated train with 
semi-trailer equipped for liquid hydrogen. 
LH2 liquefier in Ingolstadt 
Machinery building,  
e.g. compressors 
LN2 tank 
LH2 storage 
 
 
 
LH2 storage LH2 liquefier 
LH2 storage LN2 tank 
LH2 liquefier 
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1.3.3. New Linde large-scale plant system in Leuna 
 
Linde opened a second, 20 million Euro hydrogen liquefaction plant in September 2007 in Leuna, 
as depicted in Fig. 1.5 and Fig. 1.6. It is currently the newest and largest H2 liquefier plant in 
Germany. The system with a new cycle as depicted in Fig. 1.4, is similar to the existing plant in 
Ingolstadt depicted in Fig. 1.2, but is more efficient. There is an important difference in the 
turbine arrangement between the plants in Leuna and Ingolstadt in that the plant in Leuna 
receives a single feed GH2 stream from an air separation plant. There is no recycled hydrogen, 
and the ortho-para (O-P) conversions are put inside heat exchangers. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig. 1.4 − Process flow sheet of hydrogen liquefaction plant in Leuna (Kuendig et al, 2006). 
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Fig. 1.5 − Piston compressors of hydrogen liquefaction plant in Leuna (adapted from Linde Group, 
2008). 
 
 
 
 
  
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig. 1.6 − A Linde hydrogen (cold box) liquefier in Leuna (adapted from Linde Switzerland, 2008). 
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1.4. Conceptual plants 
 
From year 2000 to 2009, some researchers have proposed new improved processes with exergy 
efficiencies between 40–50%. The details are given below. 
 
1.4.1. Large-scale H2 liquefaction in combination with liquefied natural gas pre-cooling system 
 
Kuendig et al (2006) conducted a study regarding the integration of a pre-cooling liquefied 
natural gas (LNG) system to a new one like the Leuna N2 pre-cooled Claude system. The study 
concluded that using LNG for pre-cooling in the hydrogen liquefaction process would be 
extremely useful to decrease the power input and the overall liquefier construction cost because 
the source would be free. Compared to a conventional liquefaction process, such as the one at 
Leuna using liquid nitrogen for pre-cooling but with compression at ambient temperature, the 
reduction would be from 10 to 4 kWh/kgLH2 (Kramer et al, 2006). However, this process could 
only be used for hydrogen gas made from LNG, and the plant would have to be located near a 
seaport. 
 
1.4.2. Nitrogen pre-cooled Claude by Matsuda and Nagami (1998)  
 
The World Energy NETwork (WE-NET) project (Mitsugi et al, 1998) has suggested building 
large-scale hydrogen liquefaction plants with liquefaction capacities of 300 TPD. The plant is 
based on a Claude cycle with nitrogen pre-cooling (Matsuda and Nagami, 1998). It appears that 
WE-NET’s cycle is similar to the plant in Ingolstadt in the way that the nitrogen cycle is used to 
pre-cool hydrogen from 25 °C to −193 °C. Then, the hydrogen cycle is used to cool from −193 
°C down to −253 °C; however, WE-NET’s cycle is more complicated and is specifically 
designed for greater capacity. There is a large N2 liquefaction system to reliquify GN2 for the pre-
cooling process. 
 
1.4.3. Conceptual plant by Quack (2002) 
 
Quack (2002) has made a conceptual design of a high-efficiency, large-capacity liquefier for 
hydrogen. However, internal process simulation tests run in a commercial software package, 
PRO/II by NTNU-SINTEF indicated that it was not able to explicitly determine whether it has a 
high efficiency or not because the configuration of the proposed propane refrigeration is 
impossible for low power consumption. The software was checked for its reliability and accuracy 
of process simulation. Also, the proposed helium-neon refrigeration system consumes more 
power due to the fact that helium-neon composition has inferior refrigerant heat transfer 
properties compared with hydrogen, which is commonly found in use today in actual hydrogen 
liquefaction plants. 
 
1.4.4. Conceptual plant with helium refrigeration cycle by Kuz'menko (2004) 
 
Before this, Beljakov et al (2000) successfully created a reliable, high-efficiency, low-capacity 
hydrogen liquefier with a helium refrigeration cycle. Later on, engineer Kuz'menko (2004) at 
Open Joint-Stock Company used this concept to design a liquefier. He made a conceptual study 
of building a medium-capacity hydrogen liquefier with a helium refrigeration cycle; however, it 
only produced a slight improvement from the Ingolstadt plant’s efficiency. 
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1.4.5. MR Refrigeration by Stang (2005) 
 
A hydrogen liquefaction prototype laboratory unit was developed by NTNU-SINTEF. The 
process was based on using a MR process for pre-cooling, as shown in the figure at Stang et al 
(2006). The experiment of the rig was complete. With the initial test, the hydrogen gas could be 
cooled by the MR refrigeration system from an ambient temperature of 25 °C down to near −193 
°C with the highest efficiency. Detailed experimental results are reported by the author in 
Chapter 3. 
 
1.4.6. Helium refrigeration cycle by Shimko (2007) 
 
This is the design and construction of an estimated $2.6 million small-scale pilot plant (20 kg/h) 
that would be used for hardware demonstration (would be finished in 2011) and as a model for 
scaling to an estimated $39 million larger plant (50 TPD) by Shimko and Gardiner (2007). 
Simulations were performed using EXCEL and REFPROP. Nevertheless, the efficiency is still 
lower than the proposed NTNU-SINTEF system. Moreover, helium is not suitable (hydrogen has 
better heat transfer properties) for cooling GH2 from −193 °C to −253 °C. If used, every 
component such as compressors, expanders, and heat exchangers will have to be bigger. 

1.4.7. Helium Joule-Brayton cascade system by Valenti and Macchi (2008) 
 
Valenti and Macchi (2008) proposed an innovative, high-efficiency, large-scale hydrogen 
liquefier that utilizes four cascaded helium Joule-Brayton cycles. However, helium is not suitable 
for cooling GH2 from 25 °C to −193 °C and from −193 °C to −253 °C due to its inferior heat 
transfer properties compared to hydrogen. Moreover, the cycle’s configuration itself to cool GH2 
from 25 °C to near −193 °C is impossible to have low exergy efficiency as reported. Also, 
internal simulation tests run in PRO/II by NTNU-SINTEF indicated that the system is not 
guaranteed to have a high efficiency. 
 
1.5. Development potential of large-scale LH2 plants  
 
A potential efficiency increase in future hydrogen liquefaction plants can be realized by the 
following means: 
x Replacement of the J-T valve at the liquefaction stage by an expansion turbine. An increase in 
the number and quality of expansion turbines can minimize exergy losses. 
x Reduction of the circulating mass flow or using a single H2 feed stream as used by the Leuna 
plant, Quack (2002), and Valenti and Macchi (2008). By doing this, the last heat exchanger 
must be designed to cool the hydrogen to the lowest possible temperature, e.g., near −253 °C, 
so there is no vapor fraction after the expansion at the last J-T valve. A small ejector is 
recommended to recover p-GH2 from the storage tank the same as the plant in Leuna. 
x Operating with a refrigerant composition for pre-cooling hydrogen gas from 25 °C to −193 
°C. This way, pre-cooled hydrogen gas and cold MR streams get closer. This new system was 
studied at NTNU-SINTEF (Stang, 2006), and the results are reported in Chapter 2 to 4. 
x Another major factor influencing liquefier efficiency is the feed gas input pressure. One 
alternative is to raise the hydrogen output pressure of the preceding hydrogen production 
plant, e.g., a high-pressure electrolysis process or a steam reforming plant. A good example is 
the 21 bar feed n-H2 at the LH2 plants in Ingolstadt and Leuna. The higher the feed pressure, 
the greater the liquefier’s efficiency. The minimum liquefaction work is in conjunction with 
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feed pressure. The minimum feed pressure must not be below 15 bar because there could be 
hydrogen condensation during the cooling process. If it is below 15 bar, more energy is 
needed in liquefaction, and there will be more exergy loss. 
x Most of the exergy losses in the hydrogen liquefaction processes are dissipated through 
compressors. Therefore, it is recommended for manufacturers to design new high-efficiency 
compressors and expanders and design all compressors in a way such that the suction 
temperatures are reduced as done by Quack (2002). Also, it is recommended to ventilate heat 
from the compressors as much as possible during the compression process to reduce the 
exergy loss. 
x Use spiral or aluminum plate-fin heat exchangers with maximum effectiveness to reduce the 
exergy losses. 
x If possible, construct plants near seaports for delivering LNG to be used in the pre-cooling 
process. This will significantly help reduce the plant size and energy consumption as 
recommended by Kramer et al (2006) and Keundig et al (2006). 
x A cost overview for the specific investment costs of conventional liquefaction plants. When 
designing a large-scale plant, the cost must be compared with other existing plants. Inflation 
should be accounted for in current and old plants. Companies who can offer cheap, large-
scale hydrogen liquefaction plants are Linde, Air Products, and Praxair. And Praxair has the 
largest hydrogen plant in the US with the lowest investment cost. 
x Krewitt and Schmid (2005) says that costs for liquefaction are driven primarily by capital 
costs (today: 63%), then energy costs (29%), and finally, O&M (Drnevich, 2003). Energy 
costs on the other hand, are strong functions of the liquefier efficiency and are less dependent 
on the production rate. In small plants, energy and non-energy costs are comparable. In large-
scale plants, the energy costs become more important. Krewitt and Schmid (2005) also 
derived the following equation for the specific investment costs: Specific investment cost for 
liquefier (€2,000/kg/h) = 828,313×(production capacity, kg/h)-0.48. 
x A method to decrease capital costs is to build plants on a larger scale and use the effect of 
building multiple plants of the same design. The following challenges for more cost effective 
LH2 production systems are Drnevich (2003) system modularization for traditional sized 
units, large-scale equipment, higher efficiency compressors and expanders, more efficient 
refrigeration, and lower cost high-efficiency insulation. 
 
The conclusions are the following: 
x The problem with the current liquefaction systems is their high energy consumption. Every 
large-scale hydrogen liquefaction plant is based on the pre-cooled Claude system, which is 
still the same as 50 years ago with little improvement. If it is possible to reduce from today’s 
energy usage of 10 kWh/kgLH2 to around 5 kWh/kgLH2 which will reduce electrical power 
consumption of the plant to be a half in the future, all of the compressors and motors in the 
plant, which constitute the most expensive components, could be reduced by 50%, which will 
also lead to cheaper plants. 
x Methods to resolve the challenges include proposing completely new configurations and 
efficient systems coupled with improved efficiencies of the main system components such as 
compressors, expanders, and heat exchangers. 
x The development trend is that a lot of people have tried to propose new better systems 
(Kuendig et al 2006; Matsuda and Nagami 1998; Quack 2002; Kuz'menko et al 2004; Stang 
et al 2006; Shimko and Gardiner 2007; and Valenti and Macchi 2008), but they are still 
neither more efficient nor realistic. Furthermore, compressor and expander manufacturers 
must invent more efficient machines. 
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1.6. Summary and comparison of hydrogen liquefaction processes’ efficiencies 
 
Table 1.2 is the summary and comparison. Feed hydrogen flow is normal hydrogen at 1 atm, 25 
oC. FOMu100% = (Ideal liquefaction power/Actual system liquefaction power)u100% or 
Exergy efficiency. The efficiencies of systems 3, 5, and 6 are from Nandi and Sarangi (1993); the 
same systems have different energy consumptions and exergy efficiencies because it depends on 
the assumptions of the efficiencies of compressors and expanders used in the systems. When 
making a comparison between several different cycles and liquefiers, Berstad et al (2009)’s 
comparison method is recommended. This method, which is a direct comparison of liquefiers 
based on the overall exergy efficiency and specific power consumption, favors those with a 
higher portion of pre-compression. The feed stream was assumed and calculated at 21 bar and 25 
°C before going into any cycle/liquefier, which is identical to the Ingolstadt plant. Every system 
is directly compared with the Ingolstadt plant at a modified feed stream pressure of 21 bar. The 
energy consumptions and exergy efficiencies of the Ingolstadt, WE-NET, and Quack systems as 
shown in Table 1.2 were calculated by Berstad et al (2009).  
 
The compression power reductions of the third, fourth, fifth, and sixth hydrogen liquefaction 
systems in Table 1.2 are 0.9167, 0.9167, 0.2313, and 0.1026 kWh/kgLH2, respectively. These are 
from the ideal H2 feed exergy reduction of 0.55, 0.55, 0.1388, and 0.0616 kWh/kgLH2, 
respectively. Make-up gas is reversibly and isothermally (ideally) compressed from the feed at 21 
bar and 25 °C to each cycle’s high side. This was all calculated assuming a compression exergy 
efficiency of 60%. For cycles 7, 8, and 9, the hydrogen feed pressure was 21 bar, the same as 
Ingolstadt’s. Thus the energy consumption was the same. With Valenti’s system, GH2 
compression must be made from 21 bar supply feed to 60 bar; therefore, there is an increased 
consumption of 0.72 kWh/kgLH2 with an assumed 60% exergy efficiency from the ideal H2 feed 
exergy increase of 0.43 kWh/kgLH2. Finally, all of the system exergy efficiencies were calculated 
by comparing with an ideal energy consumption of 2.89 kWh/kgLH2; however, systems 3−6 were 
calculated using an ideal energy consumption of 2.178 kWh/kgLH2. 
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Table 1.2 –  Summary and comparison of hydrogen liquefaction processes’ efficiencies. 
System with modified feed state:  
Normal hydrogen @21 bar, 25 oC 
Original energy 
consumption 
(kWh/kg/+) 
Modified energy 
consumption 
(kWh/kg/+) 
Modified 
exergy 
efficiency (%) 
1. The thermodynamically ideal liquefaction system  
                Feed: 21 bar, 25 oC, n-GH2 
 Output: 1 bar, −253 oC, n-LH2 - 2.178 100% 
Output: 1 bar, −253 oC, 99.8% p-LH2 - 2.890 100% 
2. Theoretical simple Linde-Hampson system  
    (Dewar, 1898)     
   *Can’t liquefy hydrogen 
- - - 
3. Theoretical pre-cooled Linde-Hampson  
    (Dewar, 1898; Nandi and Sarangi, 1993) 
     Output: 1 bar, −253 oC, n-LH2 
64.5-71.7 63.6-70.8 3.0-3.4% 
4. Theoretical Claude system  
    (Dewar, 1898; Nandi and Sarangi, 1993) 
     Output: 1 bar, −253 oC, n-LH2 
Less than the pre-cooled Claude 
5. Theoretical pre-cooled Claude system  
    (Dewar, 1898; Nandi and Sarangi, 1993) 
     Output: 1 bar, −253 oC, n-LH2 
24.8-35.0 24.6-34.8 6.2-8.8% 
6. Theoretical helium-refrigerated system  
    (Dewar, 1898; Nandi and Sarangi, 1993) 
     Output: 1 bar, −253 oC, n-LH2 
29.3-49.5 29.2-49.4 4.4-7.4% 
7. Large-scale Praxair plant system  
   (Drnevich, 2003) 
     Output: |1 bar, −253 oC, 95% p-LH2 
|12-15 19-24% 
8. Large-scale Air Products plant system  
    (Drnevich, 2003) 
    Output: |1 bar, −253 oC, 95% p-LH2 
9. Large-scale Air Linde plant system  
    (Drnevich, 2003) 
    Output: |1 bar, −253 oC, 95% p-LH2 
10. Large-scale plant, Claude system in Ingolstadt  
      on stream in 1994 by Bracha et al (1994) 
        Output: 1.3 bar, −253 oC, 95% p-LH2 
13.58 21.0% 
11. WE-NET: Nitrogen pre-cooled large-scale Claude plant  
      by Matsuda and Nagami (1998) 
        Output: 1.3 bar, −253 oC, 95% p-LH2 
      11.1) Hydrogen Claude 
|8.5 N/A N/A       11.2) Helium Brayton 
      11.3) Basic neon 
      11.4) Neon with cold pump 7.0 41.3% 
12. Large-scale conceptual plant by Quack (2002) 
       Output: 1 bar, −253 oC, 99.8% p-LH2 
      12.1) Without pressure drop in calculation 7.0 5.49 52.6% 
      12.2) With pressure drop in calculation |7.3 N/A N/A 
13. Four helium Joule-Brayton cascade cycle  
      by Valenti and Macchi (2008) 
        Output: 1.5 bar, −253 oC, 99.8% p-LH2 
 
5.04 5.76 50.2% 
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Fig. 1.7 − Comparison of hydrogen liquefaction processes’ efficiencies by assuming that all 
processes are with uniform feed pressure equal to that of Ingolstadt plant at 21 bar. 
 
Fig. 1.7 contains the information shown in Table 1.2. From the data, the theoretical pre-cooled 
Linde-Hampson system was the first imaginary system invented a long time ago, and its exergy 
efficiency is the lowest. After that, the second was the theoretical helium-refrigerated system, 
which is followed by the theoretical pre-cooled Claude system. All have a very low yield: e.g.,  
10% after expansion. The theoretical systems mentioned have never been used to liquefy 
hydrogen in large-scale production. They were just small-scale laboratory systems. Next, 
Ingolstadt and Praxair brought this concept to invent real plants. Today, actual large-scale 
hydrogen liquefaction plants, e.g., Praxair, Air Products, and Air Liquids plants in the US, energy 
consumptions are reported to be between 12−15 kWh/kgLH2 (Drnevich, 2003). Baker and Shaner 
(1978) was the first conceptual plant, and had the lowest efficiency. The conceptual large-scale 
systems proposed by Matsuda and Nagami (1998), Quack (2002), and Valenti and Macchi (2008) 
were designed later. Recently, the efficiency of the Leuna plant (with energy consumption less 
than 13.58 kWh/kgLH2) is a little better than Ingolstadt is assumed here. Quack’s process reports 
the best cycle exergy efficiency at 5.76 kWh/kgLH2. The best plant in the US today is reported to 
require 10 kWh/kgLH2 (Drnevich, 2003), but it is not known where. A simulated 50 TPD large-
scale Shimko plant, which is a helium refrigeration system with a hydrogen feed at 21 bar, is 
reported at 8.7 kWh/kgLH2. The proposed large-scale MR refrigeration process with 4 J-B cycles 
is 5.91 kWh/kgLH2 as depicted. The ideal theoretical minimum value is 2.89 kWh/kgLH2. For the 
process with LNG for pre-cooling studied by Kuendig et al (2006), the power consumption is 
reported by Kramer et al (2006) to be 4 kWh/kgLH2. Thus, the overall efficiency, compared with 
the ideal process, is [(2.89 kWh/kgLH2)/(4 kWh/kgLH2)]×100 = 72%, which is the highest with 
respect to all current systems. However, it is not shown in Fig. 1.7 because the process is cooled 
by free LNG, not by the system itself. Completely new approaches for low temperature 
refrigeration are magnetic refrigerators and acoustic refrigerators. Magneto caloric cooling may 
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reduce liquefaction energy to 5.0 kWh/kgLH2 (Dutton, 2003); however, this may only be for 
small-scale to medium-scale plants. All of the literature related to magnetic cooling has been 
reported on small-scale hydrogen plants. Nobody thinks such system is realistic in large-scale 
systems. 
 
1.7. Conclusion 
 
Today large hydrogen liquefaction plants have exergy efficiencies of just 20–30%; thus, there is 
potential to improve. From 1998 to 2008, some conceptual plants have been proposed with 
reported efficiencies of 40–50%. Finally, in year 2010, NTNU and SINTEF Energy Research AS  
proposed a new MR refrigeration process with four J-B cycles that has an efficiency greater than 
50%. Details of the proposed system are reported in Chapter 4. 
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This study investigates the simulation of a proposed small-scale laboratory liquid hydrogen plant 
with a new, innovative MR refrigeration system. The simulated test rig was capable of liquefying 
a feed of 2 kg/h of normal hydrogen gas at 21 bar and 25 oC to normal liquid hydrogen at 2 bar 
and −250 oC. The simulated power consumption for pre-cooling the hydrogen from 25 oC to −198 
oC with this new MR compressor was 2.07 kWh/kgGH2 from the ideal minimum of 0.7755 kWh 
per kilogram of feed hydrogen gas. This was the lowest power consumption available when 
compared to today’s conventional hydrogen liquefaction cycles, which are approximately 4.00 
kWh/kgGH2. Hence, the MR cycle’s exergy efficiency was 38.3%. Exergy analysis of the test rig’s 
cycle, which is required to find the losses and optimize the proposed MR system, was evaluated 
for each component using the simulation data. It was found that the majority of the losses were 
from the compressors, heat exchangers, and expansion valves. Suggestions are provided for how 
to reduce exergy in each component in order to reduce the exergy loss. Finally, further 
improvements for better efficiency of the test rig are explained to assist in the design of a future 
large-scale hydrogen liquefaction plant. 
 
2.1. Introduction 
 
Because hydrogen has shown promise as an important energy vector for use in future 
transportation vehicles, several hydrogen research projects have been conducted since 1980 and 
in particular, since 2000. One of the challenges in creating a hydrogen economy is the low 
efficiencies of the current hydrogen liquefaction plants’ cycles. Currently, large hydrogen 
liquefaction plants, e.g., the plant in Ingolstadt as described by Bracha et al (1994), have exergy 
efficiencies of just 20–30%. These efficiencies are very low. The plant consumes 4.86 kWh per 
kilogram of hydrogen gas using a nitrogen refrigeration system to pre-cool normal hydrogen gas 
from 25 oC to equilibrium hydrogen gas at −198 oC. From 1998 through 2008, some conceptual 
plants were proposed with reportedly improved efficiencies of 40–50% (Matsuda and Nagami 
1998; Quack 2002; Kuz'menko 2004; Shimko 2007; Valenti and Macchi 2008; Berstad et al 
2010). A literature review for the development of large-scale hydrogen liquefaction processes 
throughout the world from 1898 to 2009 is given in Chapter 1. Finally, in the year 2010, NTNU 
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and SINTEF Energy Research AS proposed a new large-scale MR system with efficiency in 
excess of 50%. Detailed results are reported in Chapter 4. 
 
Refrigeration systems thermodynamically release heat into the environment. The first law 
governs the conservation of energy only; it gives no information on how, where, and how much 
the system performance is degraded. Exergy analysis is a powerful tool in the design, 
optimization, and performance evaluation of energy systems. The principles and methodologies 
of exergy analysis are well established (Gaggioli 1998; Wark 1995; Bejan 1988; Moran 1982, 
Bejan 1982; Kotas 1995). Exergy analysis of a complex system can be performed by analyzing 
the components of the system separately. Identifying the main sites of exergy destruction shows 
the direction for potential improvements. 
 
Baker and Shaner (1978) studied the exergy analysis of a hydrogen liquefaction system. Dincer 
and Rosen (2007) together with Chiu and Newton (1980) conducted interesting discussions about 
the exergy analysis of cryogenic systems. Similarly, with a focus on the analysis of a hydrogen 
liquefaction cycle, Kanoglu (2002) together with Remeljej and Hoadley (2006) presented 
methodologies for the exergy analysis of refrigeration cycles and obtained the minimum work 
relation for the liquefaction of natural gas. 
 
Conventional refrigeration cycles that contain single or pure refrigerant have a constant 
evaporating temperature as a function of the saturation pressure. Mixed refrigerant cycles do not 
maintain a constant evaporating temperature at a given pressure; the evaporating temperature 
range depends on pressure and composition. Refrigerant composition is chosen so that it has an 
evaporation curve that matches the cooling curve of the pre-cooled hydrogen gas with minimum 
temperature difference. Small temperature difference reduces entropy generation; it improves 
thermodynamic efficiency and reduces power consumption (Townsend and Linnhoff, 1983). 
Usually refrigerant compositions selection (also as performed through Chapter 2-4) has been 
done by trial-and-error and guided only by heuristics (Lee et al, 2002).   
 
Before the initial experiment, the test rig was redesigned and optimized by simulation and exergy 
analysis. In this chapter, the operation of the small-scale laboratory liquid hydrogen plant is 
described first. Multi-component refrigerant was used in the cycle. The use of refrigerant 
compositions for cryogenic refrigeration was first proposed by Podbielniak (1936) in a U.S. 
patent. Most large base load natural gas liquefaction plants using mixed refrigerant processes 
derived from the basic Kleemenko (1959) process. This concept of a mixed refrigerant in gas 
liquefaction was developed in the past few years and has resulted in reduced energy consumption 
compared to conventional liquefaction cycles. This reduction is similar to what was explained by 
Bottura (2009), Chrz (2010), and Mafi et al (2009), and Bosma and Nagelvoort (2009). The 
differences involve the new modified cycle and the new optimized refrigerant composition that 
was specially designed for pre-cooling hydrogen gas from 25 oC to −198 oC. An exergy analysis 
was performed on the individual components in the cycle as well as on the entire cycle of the test 
rig. The coefficient of performance (COP) and the second law efficiency for the entire cycle were 
obtained. Finally, a process is described for how to reduce exergy loss in each component and to 
obtain optimization of the minimum work required for the liquefaction process of the test rig − 
i.e., the specific objective of this chapter. 
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2.2. System description 
 
The simulation model was built in PRO/II. For the equation of state, Soave-Redlich-Kwong  
(SRK) was selected for use in this PRO/II simulation package because of its popularity, 
simplicity, and fast computation. The other popular Peng-Robinson equation of state gives quite 
similar results. Ortho-para conversion reactors were not included because the experimental rig 
could not contain the catalyst needed for the ortho-para conversion. The laboratory test rig 
pictured in Fig. 2.1 was designed by SINTEF Energy Research AS to use the MR containing 
more complex of composition. The concept of multi-component refrigerants, also known as 
mixed refrigerants, (Bottura 2009; Chrz 2010; Mafi et al 2009; Bosma and Nagelvoort 2009) has 
been widely used in the liquefaction of natural gas for decades because of the reduced energy 
consumption compared to other conventional liquefaction cycles. SINTEF has worked with this 
type of refrigeration cycles for several years. The novelty of this mixed refrigerant system is 
described very well by Flynn (1997) as well as Venkatarathnam (2008). Before the startup of the 
rig, a decision was made to use a less complex refrigerant during the start up period. To help 
obtain a theoretically optimized refrigerant-mix, a model of the liquefaction rig was made in the 
flow sheet of the PRO/II simulation program. 
 
Table 2.1 contains design and assumption data. Ambient temperature, capacity, GH2 feed, and 
LH2 product were the design values. No pressure drop was assumed because the plant was a 
relatively small-scale system. Good low-temperature heat exchangers for cryogenic system were 
generally recommended by Barron (1966) to have a 1−2 oC temperature approach. The 
compressors’ efficiencies were estimated from the manufacturers’ product catalogues, which 
generally contained small-size gas compressors. Hydrogen gas compression ratio was higher than 
that of MR gas, thus lower efficiency of H2 compressor was assumed. 
 
Table 2.1 − Boundary conditions of the test rig’s simulation. 
Parameter The test rig’s process from the simulation  
Ambient temperature 
Capacity of liquefied hydrogen 
25 oC 
2 kg/h 
GH2 feed 
LH2 product 
Pressure drop in system 
Temperature approach in heat exchangers 
Isentropic efficiency: 
   H2 compressor 
   MR compressor 
1 bar and 25 oC 
2.0 bar, saturated liquid normal hydrogen 
No 
1−2 oC (arbitrarily selected for high effectiveness) 
 
65% (selected similar to actual machinery) 
70% (selected similar to actual machinery) 
 
As shown in Fig. 2.1, feed hydrogen gas was first compressed from a suction pressure in a two-
stage hydrogen piston compressor with inter- and after-cooling. The outlet temperature of the 
aftercooler (both H2 and MR circuit) was designed to be 25 oC. Next, the hydrogen was cooled in 
a series of 5 heat exchangers. In the first 4 heat exchangers, the hydrogen gas was cooled by the 
MR refrigeration system. In the last heat exchanger, the hydrogen gas was cooled by a liquid 
helium circuit. After cooling, a Joule-Thomson valve was used to throttle the hydrogen gas from 
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21 bar to 2 bar. Finally, most of hydrogen gas was liquefied to be 98% liquid hydrogen at stream 
10 and 2% return flash hydrogen gas at stream 11. 
 
The objective function was to minimize the MR compressor power by optimizing the following 
variables: 
 
1. A suitable H2 compressor discharge pressure: 
The discharge pressure needed to be above 15 bar (supercritical pressure) to avoid 
condensation. For the test rig, the discharge pressure was designed to be 21 bar, 
equivalent to that of the feed at Ingolstadt. High feed pressures result in minimal work 
liquefaction as described by Matsuda and Nagami (1998), Quack (2002), and Valenti and 
Macchi (2008) who used values of 50, 80, and 60 bar. On a larger scale, if the feed is 1−2 
bar, it is recommended to compress the feed discharge to 21 bar instead of a higher value 
because of the increased energy requirement. 
2. A suitable H2 compressor suction pressure: 
This pressure must be a slightly above ambient pressure (1 bar) to be kept in a liquid tank 
before supply. Ingolstadt uses 1.3 bar. For this test rig, the compressor suction pressure 
could be anywhere between 1.3−2 bar. For control simplicity, a value of 2 bar was 
selected. 
3. A suitable MR compressor discharge pressure: 
Several simulation trials were performed using PRO/II to determine an optimized 
composition for different suction pressures. An optimized and simplified 5-component 
composition, consisting of 4% hydrogen, 18% nitrogen, 24% methane, 28% ethane, and 
26% butane, was satisfied with different suction and discharge MR pressures for all cases. 
Further explanation about this chosen simplified composition is detailed in Section 3.3.3, 
The proposed simplified 5-component composition for the initial experiment, in Chapter 3. 
The suitable MR compressor discharge pressure was 18 bar, which resulted in an MR 
compressor power of 4.55 kW. If the pressure was lower than that, e.g., 15, 16, or 17 bar, 
it was impossible for the MR system to cool the hydrogen. In addition, a solid phase of 
the MR flow could form inside the heat exchangers if the pressure was much lower than 
18 bar. However, if the discharge pressure was higher than 18 bar, the system would 
work, but it would result in a higher MR compressor power. Moreover, if the pressure 
was too high, there would be more exergy losses at the expansion valves: EX1, EX2, and 
EX3. 
4. A suitable MR compressor suction pressure: 
Too high or too low of a suction pressure would make it impossible to sufficiently cool 
down the hydrogen gas to a specified, designed temperature (−198 oC) flowing out of 
4HX . The suitable pressure was 2 bar, which resulted in the minimum (theoretical) brake 
horse power (4.55 kW) of the MR compressor. The suction pressure could not be lower 
than 1 bar because it would result in a higher MR compressor power; additionally, it 
could not be higher than 2 bar because that would lead to a system that could not 
sufficiently cool down the hydrogen gas. 
5. Hot stream hydrogen outlet temperatures from HX1, HX2, HX3, HX4, and HX5: 
Trial and error was used to find the optimum temperatures. 
6. The suitable composition of the MR cycle: 
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Trial and error was performed to find the optimal composition. For simplicity, a reduced 
number of composition components were used to complete the initial experiment as 
explained above. Thus, simulation of the test rig with the 5-component composition was 
done first. After that, simulation of the test rig with a more complex 10-component 
composition was also done to see the difference from the simplified 5-component 
composition. The optimized complex MR composition, discovered through trial and error, 
was: 1.2% hydrogen, 25.6% nitrogen, 13.6% methane, 15.2% R14, 10% ethane, 10% 
propene, 5.8% propane, 1.0% Ibutane, 1.0% butane, and 10.8% pentane. Further 
explanation about this chosen complex composition for the test rig is similar to what 
proposed for the large-scale system detailed in Section 4.4, Optimization results, in Chapter 
4. Simulation results of both 5-component and 10-component compositions of the rig, as 
depicted in Fig. 2.1, are shown in Tables 2.3, 2.4, and 2.5. 
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Fig. 2.1 − Schematic diagram of the laboratory MR hydrogen liquefaction system. 
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2.3. Analysis 
 
All energy balance equations of all components, as depicted in Fig. 2.1, are shown in Table 2.5. 
 
2.3.1. Heat removed from pre-cooling process 
 
The heat removed from the hydrogen gas during the pre-cooling process from 25 oC to −198 oC in 
the test rig was determined by the following formula: 
 
)()( 7322 hhmhhmQ HcooledprefeedHcoolingpre      
 
where 2Hm  is the mass flow-rate of hydrogen gas (kg/s), feedh  is the enthalpy of hydrogen 
gas at the feed (kJ/kg), which is at stream 3 ( 3h ), and liquefiedh  is the enthalpy of pre-cooled 
hydrogen (kJ/kg), which is at stream 7 ( 7h ). From the simulation of the test rig,  coolingpreQ  
0.000571 kg/s×(175.87− −3038.81 kJ/kg) = 1.8356 kW, which was the same for both 
compositions. For heat removed from the hydrogen gas during the liquefaction process, 
liquefiedh  was the enthalpy of liquefied hydrogen (kJ/kg) which was at stream 9 ( 9h ).  
Thus, )()( 9322 hhmhhmQ HliquefiedfeedHonliquefacti    = 2.4949 kW. 
 
2.3.2. Energy efficiency (The first law efficiency)  
 
Coefficient of performance (COP) of the test rig may be expressed as: 
 
COMBH
onliquefacti
Ionliquefacti W
Q
COP
,


  K  
 
COMHBHCOMMRBHCOMBH WWW 2,,,    was the brake horsepower of the test rig’s compressors or 
the actual work rate input to the cycle (kW) that consisted of the compressor brake horsepower 
from both the MR compressor and the hydrogen compressor. Thus, COP of the test rig was  
  COMBHonliquefactionliquefacti WQCOP ,/   2.4949 kW/7.92 kW = 0.3150 for the 5-component 
composition and 2.4949 kW/7.51 kW = 0.3322 for the 10-component composition. COP of the 
MR cycle only was     COMMRBHcoolingprecycleMR WQCOP ,/   1.8356 kW/4.55 kW = 0.4034 for the 
5-component composition and 1.8356 kW/4.1426 kW = 0.4431 for the 10-component 
composition. 
2.3.3. Exergy efficiency (The second law efficiency) 
    The exergy efficiency for the liquefaction process of the test rig is maybe defined as: 
COMBH
outxinxCOMBH
COMBH
totalCOMBH
COMBH
cycle
II W
EEW
W
IW
W
W
,
,,,
,
,
,
min, )(





     KH  
(2.1) 
(2.3) 
(2.2) 
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where cycleWmin,  is the minimum work rate input to the test rig’s cycle (kW). For IIK , the analysis 
is given in Section 4.1, Results. The ideal minimum power consumption to pre-cool normal 
hydrogen gas from 25 oC to −198 oC at 2 kg/h and 21 bar was the ideal minimum power 
consumption of the MR cycle:   3,7,min, xxcycleMR EEW   1.59 kW. Exergy efficiency of the MR 
refrigeration cycle only was   COMMRBHcycleMRcycleMRII WW ,min,, / K  1.59 kW/4.55 kW = 0.3494 for 
the 5-component composition and 1.59 kW/4.1426 kW = 0.3838 for the 10-component 
composition. 
 
2.3.4. System exergy analysis of the test rig 
 
The easiest approach to a thermodynamic analysis of a system is to introduce exergy as additional 
information for each state point. Exergy, the maximal available specific work (kJ/kg), is defined 
as: 
 
Tshex   
 
where h  is the enthalpy (kJ/kg), T  is the temperature (K), s  is the entropy (kJ/kg-K). Otherwise: 
 
Tdsdhdex   
 
or, integrated: 
 
)()( ooox ssThhe   
 
where 
xe  is the specific exergy or the maximum available specific work (kJ/kg) that can be 
obtained from a periodic process between a state and the ambient condition or reference state. 
Usually, the reference state at ambient condition is at 1 bar, 25 oC (§300 K) for the values of 
oo Th ,  and os . In general, when substituting values into Eq. 2.6, oT  is replaced by 300 K, not 25
 
oC, although any conditions, temperatures, or pressures can be inserted, given the user’s 
specifications. As shown in Tables 2.3 and 2.4, 25 oC was the ambient temperature where specific 
exergy (or maximum available specific work or stream exergy flow as in Eqs. 2.4 and 2.7) was 
assumed to be zero. This setting was used for comparison (as shown in Table 2.2) with other 
conventional systems that all use specified reference temperatures of 25 oC. In fact, when the 
reference temperature was varied, the exergy efficiency remained the same. However, if ambient 
temperature was increased, then exergy efficiency decreased because less heat rejection at the 
condenser (HX7) resulted in a higher MR compressor power consumption. 
 
Then:     
        
xx emE    
 
xE  = stream exergy flow (kW) and m  is the mass flow rate (kg/s) of the stream. For the whole 
system as well as its individual parts, thermodynamic efficiencies can be calculated as ratios of 
the minimum exergy necessary to the exergy actually applied. For a system analysis, however, it  
(2.4) 
(2.6) 
(2.7) 
(2.5) 
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was more reasonable to calculate the exergy loss occurring in a component and to compare it to 
the exergy input to the system. For the hydrogen liquefier test rig considered, an exergy flow 
diagram was plotted showing the exergy losses. Heat leaks into the liquefier were not taken into 
account. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig. 2.2 − Exergy flow diagram of the system. 
 
Fig. 2.2 depicts a simple exergy flow diagram of the test rig system. The power input into the 
electric motor drives of the H2 compressor and the MR compressor is only part of the exergy 
input to the liquefier. We assumed that other electrical devices, such as fan motors, air blowers, 
and water pumps, were relatively small compared to the two compressors. The percentage of the 
total exergy input was therefore given. Additionally, there were only three throttling valves 
within the plant causing a small loss, namely the Joule-Thomson valve in the cooling cycle. The 
exergy losses in the “cold box”, a vacuum chamber (as depicted in Figs. 2.1 and 2.2) that contains 
low-temperature heat exchangers, liquid separators, expansion valves, and mixers, are due to 
inefficiencies of the heat exchangers, valves, separators, mixers, and the process itself. 
 
A large amount of the overall exergy was dissipated (see Fig. 2.2 for each component) due to 
inefficiencies of the following components: 
 
1. Compressors: H2 COM, and MR COM 
2. Gas cooler: HX7  
3. Liquid separators: LIQ1, LIQ2, and LIQ3 
4. Heat exchangers: HX1, HX2, HX3, HX4, and HX5 
5. Expansion valves: EX1, EX2, and EX3 
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6. Mixers: MIXER1, MIXER2, and MIXER3.  
 
Fig. 2.2 shows that a major part of the losses was due to the process design and would occurred  
even if ideal heat exchangers were used. Therefore, the total exergy destruction in the cycle was 
simply the sum of the exergy destructions described above and can be expressed by the following 
equation: 
 
outxinxtotal EEI ,,    
 
For this case, inxCOMBH EW ,,    and for this test rig, outxbx EE ,10,   . Thus, 
 
    totalI  =  ( COMHI 2 + COMMRI ) 
                + ( 1LIQI + 2LIQI + 3LIQI ) 
               + ( 1EXI + 2EXI + 3EXI ) 
                + ( 1HXI + 2HXI + 3HXI + 4HXI ) 
                + ( 1MIXERI + 2MIXERI + 3MIXERI )  
 
In conclusion, the calculation of exergy losses was a very powerful means of identifying the 
sources of irreversibility, their portion of the total loss, the potential for improvement, and their 
effect on power input and operating costs of the plant. 
 
2.4. Results and discussion 
 
2.4.1. Results 
 
First, the specific exergy and exergy flow were calculated from the simulation results of each 
stream as shown in Table 2.3 and Table 2.4. In these two tables, it is noted that the reference state 
of hydrogen is the feed at 2 bar and 25 oC; thus, oh  = 171.30 kJ/kg and os  = 85.84 kJ/kg-K. The 
reference state of the MR side was stream 19 at 18 bar and 25 oC; thus, oh  = 348.04 kJ/kg and os  
= 9.24 kJ/kg-K. For cooling water circuit, at streams 41 and 42, and the reference state was at 1 
bar and 25 oC; thus, oh  = 105.65 kJ/kg and os  = 0.37 kJ/kg-K. Stream numbers 2, 6, 13, 30, 33, 
38a, 38b, 39, and 40 were blank and were not included in the calculation because they were not 
needed. The calculation of irreversibility/exergy loss of each component is shown in Table 2.5. 
 
The liquefier can be operated by making the MR refrigerant more complex. Complex 
composition mean that there are more components in the composition than are found with 
simplified components of composition. From Table 2.5, with the change from the 5-component 
composition to the 10- component composition, exergy losses were slightly reduced in most of 
the components. This reduction was especially evident in the decreased losses at the heat 
exchangers (HX1, HX2, and 3HX ) due to the reduction in the temperature difference between 
the pre-cooling hydrogen gas and the complex MR refrigerant. This improved temperature 
difference allowed adaptation to the pre-cooling curve, absorption of more heat, and better 
(2.8) 
(2.9) 
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boiling heat-transfer properties than the simplified composition. The reduction in exergy loss at 
the MR compressor was also due to the lower complex-composition-MR flow-rate needed in the 
cycle. Finally, the actual work was 7.51 kW, and the liquefier exergy efficiency was 21.06%. 
This result demonstrates a slight improvement in exergy efficiency. Note that 
)(min,, unknowntotalcycleCOMBH IIWW   , or 7.51 kW = 1.59 kW + (5.4195 kW+0.5005 kW). In 
short, there was a potential improvement for the overall system efficiency when using the 
proposed complex 10-component composition compared to the simplified 5-component 
composition. 
 
In Table 2.4, the simulation data from PRO/II is collected. The return flash hydrogen gas stream 
(stream 11) was relatively small compared to the main feed (stream 3). Thus, the ideal minimum 
energy consumption to cool down a single feed through normal hydrogen gas from 21 bar and 25 
oC to normal hydrogen gas at −193 oC at the same pressure was   3,7,, xxidealcycleMR eew  
2,791.84 kJ/kgGH2 = 0.7755 kWh/kgGH2. The ideal minimum energy consumption to further cool 
the hydrogen down to −253 oC was   7,8,, xxidealHelium eew  7,210.20 kJ/kgGH2 = 2.07 
kWh/kgGH2 as shown in Fig. 2.3. 
 
 
 
 
 
 
 
 
 
 
Fig. 2.3 – Ideal minimum energy consumptions calculated from the PRO/II simulation data.
 
Table 2.2 shows that the efficiency and energy consumption of the proposed 10-component MR 
system (used to pre-cool normal hydrogen gas at 21 bar from 25 oC to be −198 oC of normal 
hydrogen gas at the same pressure) were less than other conventional (Ingolstant, Leuna, and 
Praxair) and conceptual (Matsuda, Valenti, Shimko, and Quack) pre-cooling systems. The feed 
pressure of every refrigeration system was the same at 21 bar and 25 oC. In the table, Valenti’s, 
Shimko’s, and Quack’s cycles, which were simulated in PRO/II by the author, have higher 
energy consumptions than 4.00 kWh/kgGH2. The proposed MR system had a lower energy 
consumption (2.07 kWh/kgGH2) and a higher exergy efficiency (38.3%) relative to the ideal 
minimum of 0.7755 kWh/kgGH2 (   COMMRBHidealcycleMRcycleMRII ww ,,, /K  0.7755 kWh/kgGH2/2.07 
kWh/kgGH2 § 0.383). This system offered the best performance when compared to the 
aforementioned conventional and conception systems. For example, the conventional system had 
an exergy efficiency of 19.4%. It was assumed that 4.00 kWh/kgGH2 was the approximate amount 
of required energy as simulated in PRO/II by the author. Ortho-para conversion was not included. 
Actually, at the Ingolstadt plant (as reported by Bracha et al (1994) and recalculated by 
Kuz'menko et al (2004)), 4.86 kWh/kgGH2 was the amount of energy required, including ortho-
para conversion. Specific heat removal from the pre-cooling process was  
97.3% n-LH2: 
2.0 bar, -253oC 
HXMR cycle HXHelium 
 
 
 
Feed of n-GH2:  
21 bar, 25oC  
n-GH2:  
21 bar, -193oC
MR sys. Liquid  helium sys. 
J-T valve 
idealcycleMRw ,  GH2kWh/kg 0.7755   idealHeliumw ,   GH2kWh/kg 2.00   
n-GH2: 21 bar, -253oC 
Heat rejected to 
environment at 0T  
Heat rejected to 
environment at 0T  
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)()(/ 732 hhhhmQ cooledprefeedHcoolingpre      = 3,214.68 kJ/kgGH2 = 0.8929 kWh/kgGH2. Thus, 
energy efficiency of the MR cycle was 44.3%, whereas the conventional cycle at the Ingolstadt 
plant had an efficiency of 22.3%. This result indicates that at the same refrigeration or pre-
cooling load, the power consumption of the MR cycle was around half that of the conventional 
cycle. This finding corresponds to the energy consumptions shown in the table. In short, a 
comparison between energy and exergy efficiencies (as shown in Eqs. 2.2 and 2.3) highlighted 
the importance of exergy and showed that the exergy efficiency indicated the proximity to the 
ideal minimum, whereas the energy efficiency did not. 
 
Table 2.2 − Comparison of the energy and exergy efficiencies of an MR refrigeration system 
with other conventional and conceptual refrigeration systems. 
Refrigeration 
systems Inventor 
Energy 
consumption 
Energy  
efficiency 
Exergy  
efficiency 
MR refrigeration Propose in this chapter 2.07 kWh/kgGH2 44.3% 38.3%
 
N2 refrigeration 
Matsuda and Nagami (1998) §4.00 kWh/kgGH2 §22.3% §19.4% 
Ingolstadt plant in 1992 
by Bracha et al (1994) 4.00 kWh/kgGH2 22.3% 19.4% 
Leuna plant in 2007  
(See Chapter 1) §4.00 kWh/kgGH2 §22.3% §19.4% 
Praxair since 1957  
(See Chapter 1) §4.00 kWh/kgGH2 §22.3% §19.4% 
Helium refrigeration 
Valenti and Macchi (2008) A lot higher than  4.00 kWh/kgGH2 
A lot lower than 
22.3% 
A lot lower than 
19.4% 
Shimko and Gardiner (2007) Higher than  4.00 kWh/kgGH2  
Lower than  
22.3% 
Lower than  
19.4% 
Propane+helium 
refrigeration Quack (2002) 
Higher than  
4.00 kWh/kgGH2 
Lower than  
22.3% 
Lower than  
19.4% 
 
From Table 2.5, for the 5-component composition, the majority of exergy losses were from the 
H2 compressor and aftercooler, 4HX , the MR compressor, HX1, 3HX , HX7, EX3, and HX2. 
The large loss from 4HX  occurred because this was not the correct way to cool down the 
hydrogen gas. The temperature difference between the pre-cooling hot-stream hydrogen gas and 
the cold, liquid helium from LIQ4 was very large. HX1, HX2, and 3HX , however, performed 
very well and produced little exergy loss. Note that )(min,, unknowntotalcycleCOMMRBH IIWW   , or 
7.92 kW = 1.59 kW + (5.8490 kW + 0.491 kW). Finally, the minimum liquefaction work, 
abcycle XXW 110min,   , was 1.59 kW; the actual work, COMHBHCOMMRBHCOMBH WWW 2,,,   , was 
7.92 kW; and the liquefier second law or exergy efficiency, %100)/(
,min, u COMBHcycleII WW K , 
was 20.06%. 
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Table 2.3 − Thermodynamic properties of each stream: enthalpy, entropy, specific exergy, and 
exergy flow of the proposed simplified 5-component composition.
Stream 
number 
Pressure Temp. Flow rate Enthalpy Entropy Exergy Exergy  flow 
Phase Description P  T  m  h  s  xe  xE  
(bar) (oC) (kg/s) (kJ/kg) (kJ/kg-K) (kJ/kg) (kW) 
1 2 24.6 0.000571 165.79 85.82 0.04 0.00 Superheated vapor H2 cool gas 
1a 2 25.0 0.000556 171.30 85.84 0.00 0.00 Superheated vapor H2 gas 
2 - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - 
3 21 25.0 0.000571 175.87 76.12 2921.68 1.67 Superheated vapor H2 cool gas 
4 21 -46.1 0.000571 -837.64 72.23 3073.19 1.75 Superheated vapor H2 cold gas 
5 21 -103.1 0.000571 -1650.18 68.11 3497.42 2.00 Superheated vapor H2 cold gas 
6 - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - 
7 21 -198.1 0.000571 -3038.81 56.09 5713.52 3.26 Superheated vapor H2 cold gas 
8 21 -250.0 0.000571 -4193.52 28.21 12923.72 7.38 Superheated vapor H2 cold gas 
9 2 -250.2 0.000571 -4193.52 29.30 12596.59 7.19 Mixture H2 cold mixture 
10 2 -250.2 0.000556 -4206.16 28.75 12749.28 7.09 Saturated liquid H2 cold liquid 
10a 2 -250.2 0.000556 -4206.16 28.75 12749.28 7.09 Saturated liquid H2 cold liquid 
10b 2 -201.8 0.000556 -3038.81 65.60 2860.63 1.59 Superheated vapor H2 cold gas 
11 2 -250.2 0.000016 -3744.47 48.88 7172.87 0.11 Superheated vapor H2 cold gas 
12 2 -201.8 0.000016 -3038.81 65.59 2866.19 0.04 Superheated vapor H2 cold gas 
13 - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - 
14 2 -107.2 0.000016 -1678.36 77.68 599.29 0.01 Superheated vapor H2 cold gas 
15 2 -53.8 0.000016 -945.19 81.49 187.96 0.00 Superheated vapor H2 cold gas 
16 2 10.9 0.000016 -29.66 85.15 6.18 0.00 Superheated vapor H2 cold gas 
17 2 10.9 0.016818 319.52 8.98 51.62 0.87 Superheated vapor MR cold gas
18 18 158.7 0.016818 590.32 9.21 253.08 4.26 Superheated vapor MR hot gas 
19 18 25.0 0.016818 213.14 8.12 202.12 3.40 Saturated liquid MR warm liquid 
20 18 25.0 0.011543 282.90 8.59 130.02 1.50 Saturated vapor MR warm gas 
21 18 25.0 0.005274 60.46 7.08 359.91 1.90 Saturated liquid MR warm liquid 
22 18 -46.1 0.005274 -106.68 6.45 384.08 2.03 Compressed liquid MR cold liquid 
23 2 -50.4 0.005274 -106.68 6.47 378.67 2.00 Mixture MR cold mixture 
24 18 -46.1 0.011543 -40.51 7.36 175.93 2.03 Superheated vapor MR cold mixture 
25 18 -46.1 0.005505 54.06 8.29 -9.30 -0.05 Mixture MR cold gas 
26 18 -46.1 0.006038 -126.74 6.51 344.81 2.08 Saturated liquid MR cold liquid 
27 18 -103.1 0.006038 -256.73 5.85 412.34 2.49 Compressed liquid MR cold liquid 
28 2 -106.3 0.006038 -256.73 5.87 405.76 2.45 Mixture MR cold mixture 
29 18 -103.1 0.005505 -209.91 6.95 130.69 0.72 Superheated vapor MR cold gas
30 - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - 
31 2 -198.1 0.005505 -579.65 3.94 664.32 3.66 Saturated liquid MR cold liquid 
32 2 -199.7 0.005505 -579.65 4.03 635.38 3.50 Mixture MR mixture 
33 - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - 
34 2 -105.8 0.005505 -69.70 8.40 -163.28 -0.90 Superheated vapor MR cold gas
35 2 -102.8 0.011543 -167.53 7.08 132.66 1.53 Mixture MR cold gas 
36 2 -53.8 0.011543 65.57 8.30 0.32 0.00 Superheated vapor MR cold gas 
37 2 -53.4 0.016818 11.55 7.73 118.90 2.00 Mixture MR cold mixture 
38a, b - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - 
39, 40 - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - 
41 1 25.0 0.002229 105.65 0.37 0.00 0.00 Compressed liquid Liquid water 
42 1 150.0 0.002229 2775 7.619 494.65 0.50 Superheated vapor Hot water 

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Table 2.4 – Thermodynamic properties of each stream: enthalpy, entropy, specific exergy, and 
exergy flow of the proposed 10-component mixture.
Stream 
number 
Pressure Temp. Flow rate Enthalpy Entropy Exergy Exergy  flow 
Phase Description P  T  m  h  s  xe  xE  
(bar) (oC) (kg/s) (kJ/kg) (kJ/kg-K) (kJ/kg) (kW) 
1 2 25.0 0.000571 171.14 85.84 0.00 0.00 Superheated vapor H2 cool gas 
1a 2 25.0 0.000556 171.30 85.84 0.00 0.00 Superheated vapor H2 gas 
2 - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - 
3 21 25.0 0.000571 175.87 76.12 2921.68 1.67 Superheated vapor H2 cool gas 
4 21 -46.1 0.000571 -837.64 72.23 3073.19 1.76 Superheated vapor H2 cold gas 
5 21 -103.1 0.000571 -1650.18 68.11 3497.42 2.00 Superheated vapor H2 cold gas 
6 - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - 
7 21 -198.1 0.000571 -3038.81 56.09 5713.52 3.26 Superheated vapor H2 cold gas 
8 21 -250.0 0.000571 -4193.52 28.21 12923.72 7.38 Superheated vapor H2 cold gas 
9 2 -250.2 0.000571 -4193.52 29.30 12596.59 7.20 Mixture H2 cold mixture 
10 2 -250.2 0.000556 -4206.16 28.75 12749.28 7.08 Saturated liquid H2 cold liquid 
10a 2 -250.2 0.000556 -4206.16 28.75 12749.28 7.08 Saturated liquid H2 cold liquid 
10b 2 -201.9 0.000556 -3038.81 65.59 2866.19 1.59 Superheated vapor H2 cold gas 
11 2 -250.2 0.000016 -3744.47 48.88 7172.87 0.11 Superheated vapor H2 cold gas 
12 2 -201.9 0.000016 -3038.81 65.59 2866.19 0.04 Superheated vapor H2 cold gas 
13 - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - 
14 2 -107.2 0.000016 -1698.12 77.56 615.10 0.01 Superheated vapor H2 cold gas 
15 2 -58.5 0.000016 -1011.20 81.19 213.23 0.00 Superheated vapor H2 cold gas 
16 2 24.5 0.000016 165.39 85.82 0.04 0.00 Superheated vapor H2 cold gas 
17 2 24.5 0.019929 263.40 6.66 37.68 0.75 Superheated vapor MR cold gas 
18 18 166.1 0.019929 471.27 6.84 193.37 3.85 Superheated vapor MR hot gas 
19 18 25.0 0.019929 173.77 5.99 149.08 2.97 Saturated liquid MR warm liquid 
20 18 25.0 0.015497 207.69 5.81 238.31 3.69 Saturated vapor MR warm gas 
21 18 25.0 0.004432 55.18 6.64 -162.90 -0.72 Saturated liquid MR warm liquid 
22 18 -46.1 0.004432 -101.74 6.04 -140.21 -0.62 Compressed liquid MR cold liquid 
23 2 -50.4 0.004432 -101.74 6.06 -145.17 -0.64 Mixture MR cold mixture 
24 18 -46.1 0.015497 -33.68 4.89 273.69 4.24 Superheated vapor MR cold mixture 
25 18 -46.1 0.008085 32.83 4.67 403.77 3.26 Mixture MR cold gas 
26 18 -46.1 0.007412 -106.23 5.12 131.80 0.98 Saturated liquid MR cold liquid 
27 18 -103.1 0.007412 -215.16 4.57 188.27 1.40 Compressed liquid MR cold liquid 
28 2 -106.3 0.007412 -215.16 4.58 182.79 1.35 Mixture MR cold mixture 
29 18 -103.1 0.008085 -139.35 3.79 497.69 4.02 Superheated vapor MR cold gas 
30 - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - 
31 2 -198.1 0.008085 -349.49 2.09 798.29 6.45 Saturated liquid MR cold liquid 
32 2 -198.4 0.008085 -349.49 2.11 789.59 6.38 Mixture MR mixture 
33 - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - 
34 2 -107.2 0.008085 -43.84 4.69 323.87 2.62 Superheated vapor MR cold gas 
35 2 -105.0 0.015497 -125.78 4.64 255.69 3.96 Mixture MR cold gas 
36 2 -58.3 0.015497 45.41 5.53 158.93 2.46 Superheated vapor MR cold gas 
37 2 -55.6 0.019929 12.69 5.65 90.62 1.81 Mixture MR cold mixture 
38a, b - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - 
39, 40 - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - - 
41 1 25.0 0.002229 105.65 0.37 0.00 0.00 Compressed liquid Liquid water 
42 1 150.0 0.002229 2775.00 7.62 494.65 0.50 Superheated vapor Hot water 
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Table 2.5 – Calculation of exergy loss in each process’s component of the 5-component and the 10-
component mixtures. 
   
5-component 
mixture 
10-component 
mixture 
Component Energy equation Exergy equation I  Percent loss I  Percent loss 
   (kW) % (kW) % 
MR COM )( 171817, hhmW COMMRBH   COMMRBHxxCOMMR WEEI ,18,17,   1.1662 19.94 1.0392 19.18 
H2 COM )( 1212, hhmW COMHBH   COMHBHxxCOMH WEEI 2,3,1,2   1.7012 29.09 1.7012 31.39 
HX1 
22222424
1717161644
21212020
3737151533
hmhm
hmhmhm
hmhm
hmhmhm





 


)
()
(
22,24,
17,16,4,21,
20,37,15,3,1
xx
xxxx
xxxxHX
EE
EEEE
EEEEI





 
0.3905 6.68 0.3228 5.96 
HX2 
27272929
3636151555
26262525
3535141444
hmhm
hmhmhm
hmhm
hmhmhm





 


)
()
(
27,29,
36,15,5,26,
25,35,14,4,2
xx
xxxx
xxxxHX
EE
EEEE
EEEEI





 
 0.1133 1.94 0.0856 1.58 
3HX  
31313434
141477
29293232
121255
hmhm
hmhm
hmhm
hmhm





 


 )(
)(
31,34,14,7,
29,32,12,5,3
xxxx
xxxxHX
EEEE
EEEEI



 
 
0.2290 3.92 0.1043 1.93 
4HX  
bb
bb
aa
aa
hmhm
hmhm
hmhm
hmhm
38381212
881010
38381111
771010





 


 
)
()
(
38,
12,8,10,38,
11,7,10,4
bx
xxbxax
xxaxHX
E
EEEE
EEEI





 
1.4483 24.76 1.4395 26.56 
HX7 
42421919
41411818
hmhm
hmhm


 

 
)(
)(
42,19,
41,18,7
xx
xxHX
EE
EEI



 
 0.3570 6.10 0.3827 7.06 
LIQ1 212120201919 hmhmhm   )( 21,20,19,1 xxxLIQ EEEI    0.0002 0.00 0.0000 0.00 
LIQ2 262625252424 hmhmhm   )( 26,25,24,2 xxxLIQ EEEI    0.0001 0.00 0.0000 0.00 
LIQ3 1111101099 hmhmhm    )( 10,11,9,3 xxxLIQ EEEI    0.0078 0.13 0.0000 0.00 
EX1 2322 hh   23,22,1 xxEX EEI    0.0285 0.49 0.0220 0.41 
EX2 2827 hh   28,27,2 xxEX EEI    0.0397 0.68 0.0406 0.75 
EX3 3231 hh   32,31,3 xxEX EEI    0.1593 2.72 0.0703 1.30 
EX4 98 hh   9,8,3 xxEX EEI    0.1868 3.19 0.1868 3.45 
MIXER1 373736362323 hmhmhm    37,23,36,1 xxxMIXER EEEI   0.0011 0.02 0.0135 0.25 
MIXER2 343534342828 hmhmhm    35,28,34,2 xxxMIXER EEEI   0.0199 0.34 0.0110 0.20 
MIXER3 11161611 hmhmhm aa     1,16,1,3 xxaxMIXER EEEI   0.0001 0.00 0.0000 0.00 
Total 
 totalI     5.8490 100.00 5.4195 100.00 
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2.4.2. Comments on how to reduce exergy loss in each component 
 
1. Hydrogen compressor and MR compressor (shown in numbers by PRO/II in Table 2.6): 
x Reduce the suction temperature. From experience, (which can also be verified by 
calculations) the compressor power is also reduced when the suction temperature is 
reduced. In this test rig, the hydrogen feed temperature was decreased by turning off the 
HX8 electric heater. The hydrogen recycled temperature and MR suction temperature 
were reduced by designing the right MR composition. The right composition, e.g., enough 
ethane inside the MR cycle, requires enough to boil and cool down HX2 and finally, 
HX1. Sufficient methane and neon are needed to cool down HX4 and HX3. If all heat 
exchangers can be cooled down low enough, then the temperature of the suction 
compressors will be low. Moreover, discharge temperature will also decrease, resulting in 
the reduction of compressor fatigue, corrosion, and temperature, thereby extending 
compressor life. 
x Reduce or increase the term of equation: COMMRBHxxCOMMR WEEI ,18,17,   . From the 
equation, when the suction temperature is reduced, 17,xE  is reduced. Reduction of the 
suction temperature causes a reduction in COMMRBHW , . For the reasons mentioned above, 
irreversibility (or loss) is decreased. 
x Decrease the mass flow rate. Because the largest exergy loss (compared to other losses) is 
at the compressor, reducing the mass flow rate or making a smaller compressor will 
reduce the power consumption and exergy loss. For this test rig, reducing the MR 
compressor rotational speed will reduce the MR mass flow rate. But it should also be 
noted that too low of a MR mass flow rate will cause an insufficient flow to pre-cool the 
hydrogen gas. 
x Additionally, there is the exergy flow due to heat transfer from the compressor. Cooling 
down the compressor by any means (water-cooled or air-cooled) is recommended before 
the compressed gas comes out of the compressor. For this test rig, a two-stage hydrogen 
compressor was already designed by the manufacturer to include water cooling between 
the stages. For the MR compressor, heat was ventilated from the compressor by an 
aircooled fan system. 
x For a large liquefaction system, a good example is the arrangement of hydrogen 
compressors and pre-cooling propane compressors connected in series. This setup is the 
same as Quack (2002)’s conceptual plant, which cools down both the suction and 
discharge gas temperatures by cooling and exchanging heat with a low-temperature 
propane heat exchanger. Therefore, the suction temperature of a hydrogen compressor and 
propane compressor is around 0 oC. Moreover, it is highly recommended for a large 
compressor manufacturer to design a product with a water cooling system that wraps 
around the compressor case to transfer heat or make the outer surface temperature as low 
as possible (the same as a car engine water cooling system). Alternatively, high-flow oil 
injection cooling can be used in a screw refrigeration compressor. In short, any means of 
ventilating as much heat as possible somewhere around the compressor is highly 
recommended. A high efficiency compressor can also be used. The final recommendation 
is to avoid designing a system that results in too large of a difference between the suction 
and discharge pressure. 
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Table 2.6 − Methods to reduce MR compressor’s exergy loss/irreversibility of the test rig’s 5 
components. 
Numbers in bold italics are the 
changed values. Numbers in bold  
were simulated from PRO/II. 
Suction Discharge 
COMMRBHW ,
 
COMMRI
 
17P  17T  17,xE
 
18P  18T  18,xE
 
Unit (bar) (oC) (kW) (bar) (oC) (kW) (kW) (kW) 
Suppose that the reference state is at: => 1.4 25 -2.94 22 194 1.74 6.09 1.41 
1. Reduce suction temperature 1.4 10.9 -2.92 22 178 1.49 5.81 1.40 
2. Increase suction pressure 2.0 25 -2.49 22 173 1.42 5.15 1.24 
3. Reduce discharge pressure 1.4 25 -2.94 18 181 1.32 5.58 1.32 
4. Reduce mass flowrate from 1.8  
    to 1.58 kg-mole/h 1.4 25 -2.58 22 194 1.52 5.34 1.24 
5. Ventilate heat from compressor 1.4 25 -2.94 22 190 1.70 6.00 1.36 
 
2. Gas coolers: HX6 and HX7 
x For HX6 and HX7: Increase or make the size of the heat exchanger as large as possible to 
reduce the temperature difference between the two streams and between the inlet and 
outlet. However, this will increase the cost of material, so the appropriate size should be 
considered. For this test rig, gas coolers were already selected and installed. Alterations 
were not possible.  
x For HX6, Hydrogen after-cooler:  
Consider the equation: )()( 40,3,39,2,6 xxxxHX EEEEI    and )( 402 TT   should be as 
close as possible to transfer all heat or to have high heat exchange effectiveness. For 
example, at HX6, the temperature of stream 40 should be close to or the same as that of 
stream 2. Likewise, the temperature of stream 39 should be close to or the same as that of 
stream 3. Also, the cooling water flow rate should be increased as much as possible, but 
the inlet and the outlet water should not be colder than the outlet hydrogen discharge or 
the inlet hydrogen suction. 
x For HX7, MR water-cooled condenser:  
The following equation, )()( 42,19,41,18,7 xxxxHX EEEEI   , indicates that the term 
)( 41,18, xx EE    must be a low value, while the term )( 42,19, xx EE    must be a high value. 
Thus, it is recommended to have a low discharge MR temperature, a low water inlet 
temperature, a high outlet MR temperature (close to water inlet temperature), and a high 
water outlet temperature (close to MR discharge temperature). The temperature of stream 
42 should be close to or the same as that of stream 18, and the temperature of stream 41 
should be close to or the same as that of stream 19. In short, a high effectiveness MR 
water-cooled condenser is recommended. A large heat exchanger with a lower water-cool 
flow rate is better than a small heat exchanger with a high water-cool flow rate and a very 
low water inlet temperature. 
 
3. Expansion valves: EX1, EX2, and EX3 
x From equations: 23,22,1 xxEX EEI   , 28,27,2 xxEX EEI   , and 32,31,3 xxEX EEI   ; a  
decrease in exergy loss means making the difference between the inflow and outflow 
exergy rate, xE  as small as possible. 
x The only way to reduce exergy loss in the expansion device is by reducing the pressure 
difference. This reduction may involve avoiding too large of a pressure difference 
between the suction and discharge pressure of the MR cycle. Also, this may mean trying 
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to maintain the suction MR pressure at the designed 2.0 bar, with a low discharge MR 
pressure. 
x The last way to reduce exergy loss is to reduce the temperature difference between an 
incoming fluid temperature and an out-going fluid temperature. 
 
4. Heat exchangers: HX1, HX2, HX3, HX4, and HX5 (shown in numbers by PRO/II in Table 2.7) 
x Increase heat transfer or increase the size of the heat exchanger as much as possible to 
enhance the surface area between the two streams (hydrogen and MR) and the decreased 
temperature difference between the inlet and outlet. For example, from HX3, consider the 
equation: )()( 31,34,14,7,29,32,12,5,3 xxxxxxxxHX EEEEEEEEI   ; )( 145 TT  , 
)( 136 TT  , )( 3429 TT  , and )( 3330 TT   should be as close as possible to transfer all heat or 
to have a high heat exchange effectiveness (an almost perfect heat exchanger). For 
example, at 3HX , the temperatures of stream 14 and 34 should be close to those of 
stream 5 and 29, and the temperatures of stream 12 and 32 should be close to those of 
stream 5 and 29. Other heat exchangers, HX1, HX2, HX4, and HX5, are all the same. The 
results from attempting to make the temperature difference between the hydrogen and MR 
as low as possible while pre-cooling are shown in Fig. 2.4. Finally, it is recommended 
that more components of the MR composition, e.g., a complex composition instead of 
simplified one, have a smaller temperature gap between the pre-cooled hydrogen and the 
MR cooling mixture. This is to increase the heat exchanger size or enhanced surface area; 
however, this will increase the cost of material, so the appropriate size should be 
considered. In the actual large plant design, the heat exchanger should be inside a vacuum 
chamber to attempt to reduce the temperature difference. However, a vacuum will cause it 
to be too big to fit inside. Therefore, consultations should be made with the heat 
exchanger manufacturer. From the energy and exergy balances above, it should be noted 
that the amount of heat transfer from the feed hydrogen gas to the MR cold stream in HX1 
to HX4 was not directly related to how much exergy was lost.   
x The right substance, capable of both flowing and boiling (to take heat away from each 
heat exchanger) is recommended. Because boiling involves latent heat of phase change, it 
can absorb more heat per kg of mass flow. Thus, only a small amount of fluid flow is 
needed. Less energy is required to drive the smaller fluid flow, which results in a smaller 
compressor size. Thus, the heat exchanger size is reduced. Moreover, a small temperature 
difference between the two fluid streams reduces the exergy loss in the heat exchanger. It 
should be noted that the author tried to have a high concentration of methane in 3HX , 
ethane in HX2, and butane in HX1 to boil and thus take heat away from each heat 
transfer. This boiling heat transfer method is the best way to remove as much heat as 
possible. In short, the right MR composition will make this successful. 
 
5. Mixers: MIXER1 and MIXER2 
Reducing the exergy loss at fluid mixer is difficult. It should be noted that trying to avoid too 
large of temperature difference between the two incoming-mixing streams and the exit stream 
will reduce exergy loss at the fluid mixer. On the test rig, this can be done by adjusting the 
MR compressor speed and modifying the MR composition. 
 
6. Liquid separators: LIQ1, LIQ2, and LIQ3 
Reduce the pressure drop by avoiding pressure differences, temperature differences, and a 
high liquid level over the inlet. Reducing the exergy loss at the fluid gas separators is 
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important. Insulation must be made for the low-temperature LIQ2 and LIQ3 segments of the 
test rig to prevent heat. Finally, it should be noted that the separation of two phases in 
equilibrium is nearly reversible. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig. 2.4 − Hydrogen pre-cooling curve of the proposed 10-component composition. 
 
Before designing a large system, improvements must be made. For the exergy analysis, some 
development must be done to reduce the exergy loss in each component as recommended. A 
concise conclusion of these recommendations are as follows: 
 
1. H2 compressor and MR compressor: use the highest efficiency compressor, e.g., 80−95 
percent. 
2. More improvement to reduce exergy loss at HX1, e.g., a better MR composition to cool 
down HX1. 
3. No 4HX  in a real large system. 
4. For a real large system, use turbines to replace EX3 and EX4 (and maybe EX1 and EX2). 
5. Use an additional liquid separator, e.g., LIQ4, after EX3 as a buffer to maintain volatile 
components. 
6. More improvements in MIXER1 and MIXER2, if possible. 
7. Use a complex composition, if possible. 
8. In MR composition, replace neon with hydrogen because of its higher specific heat 
capacity. 
9. Improvements to reduce exergy loss at HX7. 
 
In short, in order to improve the test rig to be a more highly efficient future large-scale plant, 
replace the components with higher efficiency compressors, almost perfect heat exchangers with 
complex MR refrigerant compositions, and higher efficiency expanders. 
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Table 2.7 − Methods to reduce HX3 and HX4’s exergy loss/irreversibility of the test rig’s 5 
components of composition. 
Numbers in bold italics are 
the changed values. 
Numbers in bold  were 
simulated from PRO/II. 
Inlet flow Outlet flow 
3HXQ  3HXI  5T  12T  29T  32T  7T  14T  31T  34T  
Unit (oC) (oC) (oC) (oC) (oC) (oC) (oC) (oC) (kW) (kW)
Reference state -103 -201 -103 -199 -198 -105 -198 -105 2.828 3.92 
1. High HXs effectiveness -103 -199 -103 -199 -198 -104 -198 -104 2.880 1.50 
2. MR 10 components instead of  5  -103 -201 -103 -198 -198 -107 -198 -107 2.489 1.93 
 
2.5. Conclusion 
 
Because of its higher efficiency, a new innovative MR refrigeration system is proposed in this 
chapter as a pre-cooling system to cool down hydrogen gas in a small-scale laboratory hydrogen 
liquefaction plant. This chapter presents a simulation of a test rig capable of liquefying 2 kg/h of 
normal hydrogen gas at 21 bar and 25 oC to normal liquid hydrogen at 2 bar and −250 oC. The 
simplified 5-component composition suggested for the test rig was found consisting of 4% hydrogen, 
18% nitrogen, 24% methane, 28% ethane, and 26% butane by mole. The mixed refrigerant 
composition is adjusted from trial and error to match the cooling curve of feed hydrogen gas. 
Whereas, the complex 10-component composition yields slight improvement of efficiency; it is 
considered the same as the simplified 5-component composition. The simulated power 
consumption of the MR compressor in the MR refrigeration system was 2.07 kWh per kilogram 
of feed hydrogen gas (to pre-cool it from 25 oC to −198 oC), which was the lowest power 
consumption compared to today’s conventional hydrogen liquefaction cycles (with power 
consumptions around 4 kWh per kilogram of feed hydrogen gas). The energy efficiency of the 
MR cycle was 44.3%, compared to 22.3% for the conventional cycle such as the Ingolstadt plant. 
The proposed MR system had a higher exergy efficiency at 38.3% from the ideal minimum at 
0.77 kWh/kgGH2, whereas the conventional system had a lower exergy efficiency of 19.4%. The 
main purpose of this chapter was to find where and how exergy losses occurred and to optimize 
the test rig’s overall performance through a reduction in exergy loss in each component. It was 
found that major losses resulted from the compressors, heat exchangers, and expansion valves. 
To highlight the importance of exergy, the exergy efficiency indicated the proximity to the ideal 
minimum, whereas energy efficiency did not. Importantly, exergy analysis was needed to find the 
losses and optimize the MR system proposed in this chapter. Finally, comparison of the simulation 
data presented in this chapter to experimental data of the test rig is reported in Chapter 3. 
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A small-scale laboratory hydrogen liquefaction plant that contains a new innovative MR 
refrigeration system is proposed. A test rig was constructed to verify the simulation of this 
system. Initial experiments indicated that the rig was able to adequately cool normal hydrogen 
gas from 25 oC to −158 oC at a flow rate of 0.6 kg/h using a simplified 5-component MR 
composition refrigeration system. The power consumption of pre-cooling from the MR 
compressor was 1.76 kWh per kilogram of feed hydrogen gas. After two weeks, the lowest 
temperature was about −180 oC when a few additional grams of nitrogen gas were charged into 
the rig. There were some differences, but most of all, the simulation and experimental data were 
in good agreement. The primary conclusion was that pre-cooling hydrogen gas with the MR 
refrigeration system resulted in a lower energy consumption per kilogram of feed hydrogen gas 
compared to conventional refrigeration systems. 
 
3.1. Introduction 
 
Hydrogen has good potential as an energy vector for future use in transportation vehicles, and 
several hydrogen research activities have been conducted since 1980 and especially since 2000. 
One of the major obstacles for the future hydrogen economy is the large amount of hydrogen 
liquefaction work. There are several existing simple hydrogen liquefaction processes (Dewar 
1898; Barron 1966; Timmerhaus and Flynn 1989; Nandi and Sarangi 1993). Baker et al (1978) 
proposed the first conceptual plant with the lowest efficiency. Today, large hydrogen liquefaction 
plants, such as the Ingolstadt plant described by Bracha et al (1994), have exergy efficiencies of 
only 20–30%, which is considered to be very low. The plant consumes 4.86 kWh per kilogram of 
hydrogen gas using a nitrogen refrigeration system to pre-cool normal hydrogen gas from 25 oC 
to equilibrium hydrogen gas at −198 oC. Therefore, it is possible to improve this efficiency. From 
1998 until 2008, some conceptual plants were proposed that reported improved efficiencies of 
40–50%: Matsuda (1998) under WE-NET’s project (Mitsugi et al, 1998), Quack (2002), 
Kuz'menko et al (2004), Shimko and Gardiner (2007), and Valenti and Macchi (2008). Different 
cycles were compared by Berstad et al (2010). Later on, a literature review for the development 
of large-scale hydrogen liquefaction processes throughout the world from 1898 to 2009 is in 
Chapter 1. Finally, in 2009, NTNU and SINTEF Energy Research AS proposed a new large-scale 
MR refrigeration system with an efficiency greater than 50%. 
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Multi-component refrigerant was used in the test rig cycle. This concept of mixed refrigerant in 
gas liquefaction which was developed in recent years results in reduced energy consumption 
compared to conventional liquefaction cycles. It is in agreement with the work by Bottura (2009), 
Chrz (2010), Mafi et al (2009), and Bosma and Nagelvoort (2009). In this chapter, the differences 
are as follows: a new modified cycle and a new optimized refrigerant composition designed for 
pre-cooling hydrogen gas from 25 oC to −198 oC were used, as proposed by Stang et al (2006). 
 
In this chapter, simulations and experiments of a small-scale laboratory test rig were performed. 
The simulation was conducted to design the rig, whereas the experiments were performed to 
verify the simulation data. First, a determination of the correct simplified composition and the 
operation of the small-scale laboratory liquid hydrogen plant are described. Then, the simulation, 
optimization, experiment, comparison, and discussion of the results are presented. 
 
3.2. Test rig description 
 
A schematic diagram of the test rig is shown in Fig. 3.9, and the rig is further explained in 
Section 3.3.2. Fig. 3.1 (a) shows the outside of the test room, i.e., an overview of the test rig. All 
of the compressors, heat exchangers, and instruments were located inside of the test room. The 
room is designed to protect personnel in case of a fire, hydrogen leak, or explosion. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig. 3.1 − Complete construction of: (a) the test room, and (b) inside the test room. 
 
Fig.  1 (b) shows a portion of the inside of the test room. The vacuum chamber contains all of the 
heat exchangers: HX1, HX2, HX3, HX4, and HX5. The heat exchangers are handmade copper 
spiral tube-in-tube type that were internally designed and manufactured. The vacuum chamber 
also contains LIQ2, EX1, EX2, and EX3. The hydrogen compressor unit (bottom left of Fig. 3.1 
(b)) is equipped with a Mehrer TZL 20/80/65/S4-4Ex compressor, which is an open-type two-
stage reciprocating unit with two cylinders with a rotational speed of 485 RPM. The compressor 
is used to compress hydrogen gas from 25 oC at a suction pressure of 2 (abs) bar to an outlet 
pressure of 21 (abs) bar, and the expected hydrogen flow rate is 2 kg/h. The unit is water cooled 
between stages. The power of the motor is 4 kW. The MR compressor unit is a Blackmer 
HD162C compressor, which is an open-type single-stage reciprocating unit with one cylinder. 
 
Vacuum 
chamber 
H2  COM 
Drum 
Vacuum 
machine
Main board switches 
Computer 
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The rotational speed is 350/825 RPM. The compressor is used to compress MR gas at 25 oC at a 
suction pressure of 2.0 (abs) bar to an outlet pressure of 20 (abs) bar, and the expected gas flow 
rate is 44 kg/h. The compressor always operates at its maximum speed; thus, the maximum 
braking horsepower is 7.5 kW. The hydrogen flow-rate meter is a Brook Instruments 5863E (with 
an accuracy of ±1%), and the mass flow meter for the MR circuit is an Endress+Hauser – 
Promass 83F (with an accuracy of ±0.35%). The temperature sensors are Lake Shore Silicon 
diodes DT-470-CO-13 (with an accuracy of ±0.5 K for a temperature range of 2 K to 30 K, ±0.25 
K for 30 K to 60 K, and ±0.15 K for 60 K to 345 K). The liquid level sensors are Endress PMD75 
(with accuracy ±0.05%), and the pressure sensors are Endress PMD71 (with an accuracy up to 
±0.075% of the set span). 
 
3.3. Preliminary rig simulation 
 
3.3.1. Determination of the correct components 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig. 3.2 − Boiling curves for different components simulated from PRO/II version 8.1. 
 
Fig.  3.2 presents the boiling curves for arbitrarily selected components: neon, nitrogen, methane, 
R14, ethylene, ethane, propene, propane, I-butane, butane, I-pentane, and pentane. These curves 
were obtained from the boiling temperature and pressure of each substance and were plotted 
using PRO/II. The designed working temperatures of the four heat exchangers are shown as 
dashed blue lines, whereas the boiling pressure of the MR composition in the MR cycle at 2.0 bar 
is shown as a red horizontal line. For each of the selected components in the composition, the 
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partial pressure (0.1−1 bar) at the boiling point temperature is slightly below this value. Although 
it is difficult to use these curves to directly calculate the optimal composition of the MR, they 
were used to indicate the components that must be included. For example, at heat exchanger 1 
(HX1), one or two volatile substances such as propane, I-butane, butane, I-pentane, or pentane 
should be selected. At HX3 and HX4, methane and nitrogen should be selected to boil and 
transfer heat from the hydrogen gas. Additionally, the flow rate of each substance should be high 
enough to boil and transfer heat in each of the heat exchangers. Neon was also used in the 
refrigerant because its lower temperature could be used to cool HX4. 
 
3.3.2. Design conditions 
 
The simulation model was built in PRO/II. Ortho-para conversion reactors were not included 
because the experimental rig did not contain a catalyst for ortho-para conversion. The laboratory 
test rig shown in Fig. 3.9 was designed to use a complex multi-component refrigerant with 10 
components. The concept of multi-component refrigerants or mixed refrigerants (Bottura 2009; 
Chrz 2010; Mafi et al 2009; Bosma and Nagelvoort 2009) are widely used in the liquefaction of 
natural gas because of their reduced energy consumption compared to conventional liquefaction 
cycles. SINTEF Energy Research AS has worked with these types of refrigeration cycles for 
several years. During the startup period of the rig, a less complex 5-component composition of 
the MR was used. To obtain a theoretically optimized refrigerant-mix, a flow chart was used to 
model the liquefaction rig using the PRO/II simulation program. The design conditions for the 
test rig are shown in Table 3.1. 
 
Table 3.1 – Assumptions in the simulation model. 
Hydrogen flow 
rate 
2 kg/h - - - 
Compressors Inlet abs. pressure (bar) Outlet abs. pressure 
(bar) 
Isentropic 
efficiency 
Outlet 
temperature (oC) 
H2 compressor 2 bar at stream 1 21 bar at stream 2 0.65 25 
MR compressor 2 bar at stream 18 18 bar at stream 18 0.70 25 
Heat exchangers Hot stream outlet 
temperature (oC) 
Cold stream  
outlet temperature 
(oC) 
Pressure 
drop (bar) 
Heat leak (W) 
HX1         −46.15 oC at stream 4 - 0 0 
HX2       −103.15 oC at stream 5 - 0 0
HX3       −163.15 oC at stream 6 - 0 0 
HX4 ( 3HX )       −198.15 oC at stream 7 - 0 0 
HX5 ( 4HX )       −250.00 oC at stream 8 - 0 0 
JT valves Outlet pressure (bar) - - - 
H2: (EX4)  2 - - - 
MR: (EX1, EX2, EX3) 2 - - - 
Flash drums Pressure drop (bar) Duty (W) - - 
LIQ1 0 0 - - 
LIQ2 0 0 - - 
LIQ3 0 0 - - 
 
From Fig. 3.3 and Fig. 3.9, feed hydrogen gas was first compressed from a suction pressure in a 
two stage hydrogen piston compressor with inter- and after-cooling. The outlet temperature of the 
aftercooler (both H2 and MR circuit) was set to 25 oC. The hydrogen gas was subsequently cooled 
in five heat exchangers. In the first four heat exchangers, the hydrogen was pre-cooled by the MR 
circuit and hydrogen flash gas from the Joule-Thomson valve. In the last heat exchanger, the 
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hydrogen flash gas and product were used to cool the hydrogen feed, but no helium was used in 
the simulation. For the final cooling of the hydrogen to −251 oC, a Joule-Thomson valve was 
used to throttle the hydrogen down to the suction pressure. In a large-scale hydrogen liquefaction 
plant, an expansion machine can be used; however, its use was not economically feasible for this 
small-scale laboratory plant. The SRK equation of state was selected as the fluid package for the 
simulation software because of its popularity, simplicity, and computational efficiency. The goal 
was to minimize the MR compressor power by optimizing the following variables: 
 
1. Suitable H2 compressor discharge pressure: 
The discharge pressure must be greater than 15 bar (supercritical pressure) to avoid 
condensation. For the test rig, the discharge pressure was designed to be 21 bar, which is 
equivalent to the pressure of the feed at Ingolstadt. Higher feed pressures result in minimal 
work liquefaction, which was reported by Matsuda and Nagami (1998), Quack (2002), and 
Valenti and Macchi (2008) who used values of 50, 80, and 60 bar, respectively. At the large-
scale, if the feed is 1−2 bar, then it is recommended to compress the feed discharge to 21 bar 
instead of a higher value because of the increased energy requirement. 
2. Suitable H2 compressor suction pressure: 
The suction pressure must be a slightly above the ambient pressure (1 bar) to be stored in 
a liquid tank before it is supplied. Ingolstadt uses 1.3 bar. For this test rig, the pressure 
could be anywhere between 1.3 and 2 bar. For the simplicity of the controls, a value of 2 
bar was selected. 
3. Suitable MR compressor discharge pressure: 
Several simulation trials were performed using PRO/II to determine the optimal 
composition for different suction pressures. An optimized, simplified, 5-component 
composition that consisted of 4% hydrogen, 18% nitrogen, 24% methane, 28% ethane, 
and 26% butane by mole was adequate with different suction and discharge MR pressures 
for all of the cases. A suitable MR compressor discharge pressure was 18 bar, which 
resulted in a MR compressor power of 4.55 kW. If the pressure was lower than 18 bar, 
e.g., 15, 16, or 17 bar, then it was impossible for the MR system to cool the hydrogen. In 
addition, solid phase MR flow could form inside of the heat exchangers if the pressure 
was much lower than 18 bar. However, if the discharge pressure was higher than 18 bar, 
then the system would function, but it would result in an increase in MR compressor 
power. Furthermore, if the pressure was too high, then there would be more exergy losses 
at expansion valves EX1, EX2, and EX3. 
4. Suitable MR compressor suction pressure: 
A very high or low suction pressure would not be allowed. The hydrogen gas can be 
cooled sufficiently to the specified design temperature (−198 oC) flowing out of 4HX . A 
suitable pressure was 2 bar, which resulted in the minimum (theoretical) brake 
horsepower (4.55 kW) of the MR compressor. The suction pressure should not be lower 
than 1 bar because that would increase the MR compressor power; additionally, the 
pressure should not be higher than 2 bar because this would result in a system that could 
not sufficiently cool the hydrogen gas. 
5. Hot stream hydrogen outlet temperatures from HX1, HX2, HX3, HX4, and HX5: 
Trial and error was used to determine the optimal temperatures. 
6. Suitable composition of the MR cycle: 
Trial and error was used to determine the optimal composition as shown in Table 3.2. 
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3.3.3. The proposed simplified 5-component composition for the initial experiment 

For simplicity, a reduced number of components for the composition were required to perform 
the initial experiment as aforementioned in Chapter 2. The simulation results proposed an 
optimized composition of 4% hydrogen, 18% nitrogen, 24% methane, 28% ethane, and 26% 
butane by mole with 66.4 kg/h, as shown in Table 3.2. The new composition was changed by trial 
and error; it was adjusted to match the cooling curve of feed hydrogen gas to avoid cross over 
between hot and cold streams as depicted in Fig. 3.5 and importantly in Fig. 3.6. Neon could be 
replaced by hydrogen or helium with similar results. The experiments were performed on the test 
rig, and trial and error was used to obtain the composition. Finally, the simulation result for this 
composition is shown in Fig. 3.3 and is detailed below: 
 
More amount of hydrogen which is increased a little is needed to cool 3HX  to prevent the cross 
over. As in Fig. 3.9, Simulation data of the laboratory test rig with the proposed simplified 
composition compared to the experimental data, it can be noticed here that why the rig couldn’t 
produce very low temperature at TE106 to −198 oC as required with the measured 5-component 
composition; it seemed it still lacked a lot of nitrogen. In the new composition, neon is replaced 
by hydrogen because hydrogen has better heat transfer property than neon. Moreover, it is likely 
that hydrogen is cheaper and easier affordable. The new flowrate is the minimum value; it is 
increased a little to make sure there is positive temperature difference every where at the Q-T and 
h-T curves shown in Figs. 3.5 and 3.6. 
 
 
 
The possibility of having three components of the composition, e.g., 26% methane, 30% ethane, 
and 28% butane, without nitrogen was investigated. In this case, the pre-cooled hydrogen gas at 
stream 7 leaving 3HX  could only be cooled to −150 oC but not to the designed −198.15 oC. 
Therefore, the presence of nitrogen in the composition was required to sufficiently cool the 
hydrogen gas because nitrogen has a lower boiling temperature than methane after expanding at 
EX3. In conclusion, the composition must have at least five components, and more components 
result in a little better liquefier. The simulation results are shown in Fig. 3.3 for an energy 
consumption of 3.96 kWh/kg of the hydrogen liquefied/feed. The MR flow rate was 66.4 kg/h, 
which is the minimum flow rate. The flow rate must be maintained above this minimum rate; 
otherwise, the low-temperature liquefaction system cannot be produced because there would not 
be enough MR fluid flowing to transfer heat.  
Table 3.2 – Choice of the proposed 5-component MR 
composition. 
 
Option No. 1 2 3 
Component %Mole %Mole %Mole 
Hydrogen - 4 - 
Helium - - 4 
Neon 4  - 
Nitrogen 18 18 18 
Methane 24 24 24 
Ethylene - - - 
Ethane 28 28 28 
Propene - - - 
Butane 26 26 26 
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 Fig. 3.3 – PRO/II simulation flow-sheet of the 
proposed 5-component mixture. 
Stream Name S19 S20 S21 S23 S28 S31 
Phase Mixed Vapor Liquid Mixed Mixed Mixed 
Temp (C) 25 25 25 - 50.3 -105.6 -198.1 
Pressure (bar) 18 18 18 2.0 2.0 18 
Flow rate  
(kg/h) 66.4 49.1 17.3 17.3 23.8 25.2 
Mixture       
NEON 0.040 0.048 0.001 0.001 0.001 0.073 
N2 0.180 0.214 0.008 0.013 0.013 0.323 
METHANE 0.240 0.282 0.031 0.080 0.080 0.391 
R14 0.000 0.000 0.000 0.000 0.000 0.000 
ETHYLENE 0.000 0.000 0.000 0.000 0.000 0.000 
ETHANE 0.280 0.305 0.157 0.484 0.484 0.208 
PROPENE 0.000 0.000 0.000 0.000 0.000 0.000 
PROPANE 0.000 0.000 0.000 0.000 0.000 0.000 
IBUTANE 0.000 0.000 0.000 0.000 0.000 0.000 
BUTANE 0.260 0.151 0.804 0.422 0.422 0.005 
IPENTANE 0.000 0.000 0.000 0.000 0.000 0.000 
PENTANE 0.000 0.000 0.000 0.000 0.000 0.000 
H2 0.000 0.000 0.000 0.000 0.000 0.000 
S19 
  25oC, 18 bar 
     66.4 kg/h 
S18 
158.7oC, 18 bar 
      66.4 kg/h 
S14 
-105.8oC, 2.0 bar 
     0.054 kg/h 
S5 
-103.1oC, 21.0 bar 
     2.054 kg/h 
S7 
-198.1oC, 21.0 bar 
     2.054 kg/h 
S10b 
-201.8oC, 2.0  bar 
     2.054 kg/h 
S38a 
 -250.2oC, 1.0  bar 
      0.01 kg/h 
S8 
-250.0oC, 21.0 bar 
     2.054 kg/h 
S10 
 -250.2oC, 2.0  bar 
     2.054 kg/h 
S9 
 -250.2oC, 2.0  bar 
     2.054 kg/h 
S34 
-105.8oC, 2.0 bar 
       25.2 kg/h 
S4 
 -46.1oC, 21.0 bar 
     2.054 kg/h 
S3 
 25.0oC, 21..0 bar 
     2.054 kg/h 
S28 
- 106.3 oC, 2.0 bar 
       23.8 kg/h 
S17 
10.9oC, 2.0 bar 
     66.4 kg/h 
S35 
-102.8oC, 2.0 bar 
       66.4 kg/h 
S27 
-103.1oC, 18.0 bar 
       23.8 kg/h 
S31 
-198.1oC, 18.0 bar 
      25.2 kg/h 
S1 
 24.6oC, 2..0  bar 
     2.054 kg/h 
S32 
-199.7oC, 2.0 bar 
       25.2 kg/h 
S1a 
 25.0oC, 2..0  bar 
         2 kg/h 
S20 
 25.0oC, 18.0 bar 
       49.1kg/h S16 
  10.9oC, 2.0 bar 
     0.054 kg/h 
S21
 25.0oC, 18.0 bar 
      17.3 kg/h 
S24 
 -46.1oC, 18.0 bar 
      25.2 kg/h 
S25 
 -46.1oC, 18.0 bar 
      49.0 kg/h 
S23 
 -50.4oC, 2.0 bar 
      17.3 kg/h 
S37 
 -53.4oC, 2.0 bar 
     66.4 kg/h 
S15 
 -53.8oC, 2.0 bar 
      0.054 kg/h 
S36 
 -53.8oC, 2.0 bar 
       49.0 kg/h S26 
 -46.1oC, 18.0 bar 
       23.8 kg/h 
S22 
 -46.1oC, 18.0 bar 
      17.3 kg/h 
S11 
-250.2oC, 2.0 bar 
      0.054 kg/h 
HX4 
MR Compressor 
EX1 
EX3 
LIQ1 
LIQ2 
LIQ3 
MIXER1 
MiIXER2 EX2 
MIXER3 
H2 Compressor 
HX1 
HX2 
HX3 
HX4 
HX5 
EX4 
HX3 
or called  
S29 
-103.1oC, 18.0 bar 
      25.2 kg/h 
The proposed mixture 
S38b
- 201.8oC, 1.0  bar 
      0.01 kg/h 
S12 
 -201.8oC, 2.0 bar 
     0.054 kg/h 
H2 compressor power             = 3.37 kW 
MR compressor power           = 4.55 kW 
All compressor power             = 7.92 kW 
System energy consumption  = 14,267 kJ/kgLH2 
                                                = 3.96 kWh/kgLH2  
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Fig. 3.3 shows a hydrogen pre-cooling curve. Table 3.3 shows that most of the heat from the MR 
hot stream is transferred to the MR cold stream.  
 
Table 3.3 – Amount of heat transfer from the two 
hot streams to the MR cold stream (Q), Watts. 
HX From H2 gas  hot stream (W) 
From MR  
hot stream (W) 
Total 
(W) 
1HX  578 3,760 4,338 
2HX  464 1,783 2,247 
3HX  793 1,625 2,418 
 
Fig.  3.4 indicates that the MR pre-cooling performs better than N2 pre-cooling because, in the 
latter case, a large amount of heat is transferred to the N2 at a constant temperature (roughly 80 
K), whereas, in the former case, heat is transferred to the MR at a variable temperature. In 
addition, the MR can better track the H2 cooling curve. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig. 3.4 − Hydrogen pre-cooling curve for the proposed 5-component composition depicted in 
Table 3.2 and Fig. 3.3. 
 
Around 84% of the worldwide LNG produced today comes from the plant utilizing propane pre-
cooled, mixed refrigerant technology that all contained in the order of 20% propane more or less 
(Jensen 2008, p. 155; Alabdulkarem et al 2011; Mortazavi et al 2011; and Linde Engineering 
2011). According to Fig. 3.2, Boiling curves for different components, propane has boiling curve 
near butane and ethane. Therefore, propane can be in the new proposed 5-component 
composition by substituting either butane or ethane:  
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x Suppose butane is replaced by propane to consist of the following composition: 4% 
hydrogen, 18% nitrogen, 24% methane, 28% ethane, and 26% propane. Because propane 
is more volatile than butane. In this case, the composition at 25 oC and 18 bar entering 
LIQ1 at Stream 19 (S19) is all vapor as depicted in Fig. 3.3, PRO/II simulation flow-sheet 
of the proposed 5-component composition. Location of LIQ1 of the test rig can be read 
from the figure. By simulation, 28% propane in the composition will be in vapor at S19 
and S20. Thus, there will be no liquid at S21 leaving LIQ1 to cool HX1 of the rig for 
making the possible MR refrigeration cycle. For that reason, propane is not suitable for 
this case. 
x Suppose ethane is replaced by propane to consist of the following composition: 4% 
hydrogen, 18% nitrogen, 24% methane, 28% propane, and 26% butane. Due to the fact 
that propane is heavier than ethane. If the composition as mentioned flows in S19 passing 
LIQ1, propane containing in the composition exists both in liquid and vapor phase will be 
separated. S21 with high flow rate as in the Fig. 3.3 consists mostly of liquid propane and 
liquid butane in order to flow to cool HX1. But the amount of the liquid mixture flowing 
at S21 is too much than what is needed to cool down HX1. In other words, there is less 
gas mixture flowing at S20 out causing no enough refrigerant gas flowing pass LIQ1 to 
cool down HX2 and HX3. Thus, there will be crossover of h-T curves between hot and 
cold curves in HX2 and HX3. 
 
All possible MR compositions with every component were tried resulting with only the best new 
proposed 5-component MR composition aformentioned. But that was just simulation. 20% 
propane in the composition was simulated but the new proposed 5-component MR composition 
was better. However, the best way to verify the best composition must be from experiment. In 
conclusion, propane is not appropriate to contain in the proposed 5-component composition 
because of the reasons explained aforementioned. 
 
Fig. 3.5: (a), (b), and (c) show here the simulated Q-T curves (Heat transfer, kW and temperature, 
oC) for HX1, HX2, and 3HX  respectively. The Q-T curves belong to the new proposed 5-
component composition: 4% hydrogen, 18% nitrogen, 24% methane, 28% ethane, and 26% 
butane with 66.4 kg/h at S19. There is positive temperature difference every where. Fig. 3.4, 
Hydrogen pre-cooling curve for the proposed 5-component composition, shows the Q-T curves of 
all the HXs. All are just simulation. However, more big gap of the positive temperature 
difference everywhere along the lines between the hot and cold streams can be seen, it is 
recommended increasing the MR flow rate in the simulation of the rig. The simulated 5-
component composition of the rig will be the same that it will depend mostly on assumptions in 
Table 2.1, Boundary conditions of the test rig’s simulation. After that, there will be more 
temperature difference between the hot and cold streams. But the power consumption of MR 
compressor will be a little higher.  
 
Fig. 3.6: (a), (b), and (c) depict h-T curves (scaled enthalpy in % with temperature in oC) of all 
streams in each heat exchanger: HX1, HX2, and 3HX . The h-T curves belong to the new 
proposed 5-component composition. Each figure, each stream of h-T data is first scaled from the 
unit of enthalpy in kJ/kg by setting zero at enthalpy value at the lowest temperature which is at 
the lowest end, and the modified value is then scaled from minimum to maximum enthalpy with 
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value 0-100%. In each figure, there is positive difference every where between the “Cold MR” 
stream that cools other hot streams (“Subcooled MR” and “Feed GH2”). It is except the lowest 
end between “Cold MR” and “Subcooled MR” streams in Fig. 3.6 (c) are at the same value of 
enthalpy because the flow passes through throttle valve results in equivalent enthalpy. And there 
is a cross over in each Fig. 3.6: (a), (b) and (c), but that is between two cold streams (“Cold MR” 
and “Return GH2”); thus it is not important because they don’t transfer heat each other. In each 
Fig. 3.6: (a), (b) and (c), the cold “Return GH2” stream has trivial flow rate with only 2% by mass 
compared to the “Feed GH2” stream and approximately 0.02% or less by mass compared to the 
“Subcooled MR” streams; hence it doesn’t affect all other Q-T and h-T curves. What more is with 
or without the cold “Return GH2” stream, it is not important; nothing will be changed regarding 
Q-T and h-T curves together with temperatures, pressures, or others at steady state run simulation 
result. This is because its trivial and very little flow rate generates trivial/extremely little heat 
transfer to other hot streams. In short, the trivial little cold “Return GH2” flow stream doesn’t 
cool MR evaporators because it has very little amount of flow rate compared to other hot streams.  
 
Regarding the cross over’s problem of h-T curves in heat exchangers in Fig. 3.6: (a), (b), and (c) 
and how to handle them, the explanation is step by step as explained below:   
 
x Let’s first consider PRO/II simulation flow sheet of the rig cycle shown in Fig. 3.3. The 
right composition is determined by trial and error.  
x After that check if there is temperature difference every where at Q-T curves that belong 
to the chosen proposed 5-component composition if there is no problems about the cross 
over at  Q-T curves.  
x Next, look at the h-T curves. Check with the chosen proposed 5-component composition 
if  there is the crossover between the hot streams and the cold streams of h-T curves at 
heat exhangers: HX1, HX2, and 3HX .   
x Finally, after trial and error, the new proposed 5-component composition is: 4% 
hydrogen, 18% nitrogen, 24% methane, 28% ethane, and 26% butane by mole with 66.4 
kg/h at S19. The MR flow at S19 is increased a little from 59.8 kg/h to be 66.4 kg/h to 
make sure there is volatile component such as nitrogen and hydrogen to cool down HX3 
for the temperature difference.   
x The variables are the composition and the flowrate to be adjusted to trace and to prevent 
the crossover (which is the constrain) of the “Cold MR” stream h-T line/curves to the hot 
“Subcooled MR” and “Feed GH2” h-T line/curves to minimize MR compressor power. 
The other constraints are minimum approach temperatures at MR heat exchangers of the 
rig.  The idea is that if there is a cross over in 3HX , it means volatile components are not 
enough, just increase hydrogen and nitrogen in the composition. If there is a cross over in 
HX2, just increase methane or ethane. And if there is a cross over in HX1 it means heavy 
component is not enough, just increase butane in the composition. The increasing much 
flowrate helps a little to widen the gap difference between the hot and cold h-T 
lines/curves, while the composition is more important. 
x The new proposed 5-component composition contains more nitrogen in the composition. 
This means experimental result of the rig as shown in Fig. 3.9, Simulation data of the 
laboratory test rig with the proposed simplified composition compared to the 
experimental data, and Fig. 3.10 have only around 10% nitrogen. The rig will need 
additional nitrogen and the other volatile component such as neon (or hydrogen will be 
better) in order to cool all MR evaporators and hydrogen gas further lower down to −198 
oC as required.   
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Both Figs. 3.5 and 3.6 show that there is positive difference everywhere along the curves between 
the hot streams (“Subcooled MR” and “Feed GH2”) and cold streams (“Cold MR” and “Return 
GH2”) of the cycle in Fig. 3.3, PRO/II simulation flow-sheet of the proposed 5-component 
composition. It means the new proposed 5-component composition: 4% hydrogen, 18% nitrogen, 
24% methane, 28% ethane, and 26% butane by mole as mentioned in Section 3.3.3, The proposed 
simplified 5-component composition for the initial experiment, is possibly acceptable. It is the 
design that the temperature difference in the evaporators approach a practical minimum; small 
temperature difference mean low irreversibility and therefore lower power consumption. 
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Fig. 3.5 – Adapted Q-T curves for the new proposed 5-component composition: 4% hydrogen, 18% nitrogen, 
24% methane, 28% ethane, and 26% butane by mole for the test rig at: (a) HX1, (b) HX2, and (c) 3HX . 
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Fig. 3.6 – Adapted h-T curves for the new proposed 5-component composition: 4% hydrogen, 18% nitrogen, 
24% methane, 28% ethane, and 26% butane by mole for the test rig at: (a) HX1, (b) HX2, and (c) 3HX . 
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3.4. Initial experimental results 
 
This section expands on Section 3.3, Preliminary rig simulation; it provides a detailed 
description of the experimental procedure, experimental results, and analysis of the test rig. All of 
the data were automatically collected using LABVIEW while running the experiments. 
 
3.4.1. Initial experiment 
 
Table 3.4 provides a detailed composition of the MR mixture used in the initial experiments; the 
simulated and experimental compositions are compared. Initially, neon was selected to contain in 
the simplified composition instead of hydrogen because it was what first discovered before. Butane 
has the highest molecular weight, which causes the flow to be heavier at a higher flow rate. 
 
 
Table 3.4 – Composition of the mixture. 
Component Molecular 
weight 
(kg/kmole) 
%Mole by 
simulation  
Measured %mole 
by experiment  
Neon 420.18 44.0 1.0 
Nitrogen 28.01 12.0 10.0 
Methane 16.04 26.0 33.0 
Ethane 30.07 30.0 38.0 
Butane 58.12 28.0 18.0 
Total  100.0 100.0 
 
First, each component (neon, nitrogen, methane, ethane, and butane) contained in the high 
pressure cylinder tank was discharged directly into the test rig at the MR cycle. This discharge 
was done by measuring the mass reduction of the gas tank, which is equivalent to the amount of 
the gas filled in the rig at the MR cycle. The simulated and measured compositions shown in 
Table 3.4 are located in the MR flow at stream 19. Each component was then charged into the rig 
at the suction of the MR compressor when it was switched on. Each cylinder tank had a higher 
pressure than the suction pressure of the MR compressor. Thus, the gas composition was forced 
to flow from the inside of the tank into the MR circuit of the rig until it achieved a satisfactory 
MR composition. The measured composition shown in Table 3.4 (at stream 19) can be achieved 
directly by reading the gas chromatography instrument, which can be positioned at three different 
points, as shown in Fig. 3.9. This process describes the process for creating the MR composition 
in the test. Before the last initial experiment of the cycle was performed, as shown in Figs. 3.7, 
3.8, and 3.9, a preliminary test run was performed, which included several tests. Some 
experiments were performed multiple times to allow the rig to cool the temperature of the 
flowing hydrogen gas as much as possible. This cooling was done by adjusting the MR 
composition, suction and discharge pressures, and MR flow rate until the temperature was 
optimized. The final total amounts of neon, nitrogen, methane, ethane, and butane completely 
charged into the rig were 0.080, 0.330, 0.900, 2.160, and 4.790 kg, respectively. However, these 
values are not exact due to the presence of multiple leakages. As a result, the exact composition 
inside the test rig remained unknown. 
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3.4.2. Initial experimental results 
 
Fig. 3.7 shows the pressure and temperature characteristics of the MR cycle side. Fig. 3.8 shows 
the pressure and temperature characteristics of the H2 cycle side. As shown on the x-axis of the 
two figures, the experiment began on 08.09.2009 at 10:08:01 and ended at 17:10:03. 
 
x At 10:08:01, logging began on all of the measuring instruments. The computer then began to 
collect the temperatures, pressures, flow rates, and other parameters. 
x At 10:30:03, the MR compressor was switched on. In Fig. 3.7 (a), the MR discharge pressure 
was raised to 8 bar within a few minutes. The low-side pressure decreased to 2 bar within a 
few minutes. 
x Between 11:30:03 and 14:10:03, ethane, methane, and nitrogen were charged into the MR 
side. This increased both the MR discharge and the suction pressures. However, the MR 
suction pressure was maintained at 2 bar by an additional closure of expansion valves EX1, 
EX2, and EX3. Therefore, the MR discharge pressure gradually increased to 18 bar, as shown 
in Fig. 3.7 (a). 
x At 14:50:03, the helium side was turned on, as shown in Fig. 3.7 (a). Helium gas at −256 oC 
and 1 bar was used to cool down HX5. Each temperature reading began to decrease, 
especially on the H2 side, as shown in Figs. 3.8 (c) and (d). This decrease was due to the 
helium cooling HX5, which was connected to and near HX4. Furthermore, the helium gas 
cooled the hydrogen gas that was leaving HX4 towards HX5. The cold recycled hydrogen gas 
that returned to the H2 compressor from HX5 cooled HX4, HX3, HX2, and HX1. 
x At 15:10:03, the H2 compressor was turned on, as shown in Fig. 3.8 (b). 
x From 15:50:03 until 16:50:03, particularly at 16:30:03, a steady state was reached, as shown 
in Fig. 3.9. The MR side, H2 side, and helium side were all opened, and all of the 
temperatures and pressures were stable. The most interesting temperature was TE106, H2 pre-
cooled cold gas temperature leaving HX4, as shown in Fig. 3.8 (d). At TE106, hydrogen 
could only be cooled to −158 oC, whereas the simulation predicted a temperature of −198 oC, 
as shown in Fig. 3.3. It was assumed that an inadequate amount of the MR composition was 
charged into the system (particularly the volatile components such as nitrogen and neon) in 
the initial experiment and that the two hours opening of the system were insufficient. 
However, the final experiment exhibited an improvement over the first experiment that was 
performed several months prior; the hydrogen gas could be cooled to a lower temperature. 
When helium was used, more refrigerant was charged into the rig at appropriate MR suction 
and discharge pressures. The other interesting temperatures were cooling the MR flow at, for 
example, TE206, TE209, TE210, TE211, and TE212 as shown in Figs. 3.7 (c), 3.7 (d), and 
3.8 (a). In Fig. 3.7 (a): the MR high side pressure (PE215) was maintained at 18 bar, which is 
the same as the simulation result. The MR compressor speed was maintained at the highest 
speed. The low side pressure (PE214) was set to 2 bar, which is the same as the simulation 
result, by the further closure of expansion valves EX1, EX2, and EX3 to maintain the MR 
suction pressure at 2 bar. 
x At 16:50:03, the H2 compressor was switched off, as shown in Fig. 3.8 (b). 
x At the same time, 16:50:03, the MR compressor was finally switched off, as shown in Fig. 
3.7 (a). 
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Fig. 3.7 − Final transient experimental results of the MR side: pressures and temperatures as a 
function of time. 
The time 16:30:03 is assumed to be steady state 
TE206: MR cold fluid temperature (oC) leaving EX1 
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Fig. 3.8 − Final transient experimental results of the H2 side: pressures and temperatures as a 
function of time. 
TE104: H2 pre-cooled cold gas temperature (oC) leaving HX2
TE105: H2 pre-cooled cold gas temperature (oC) leaving HX3
TE106: H2 pre-cooled cold gas 
temperature (oC) leaving HX4 Fig. 3.8 (d): H2 side 
PE111: H2 gas discharge pressure (bar) leaving HX6 
PE112: H2 cold gas high side pressure (bar) entering EX4 
PE114: H2 cool gas suction pressure (bar) entering H2 compressor 
PE113: H2 cold mixture low side pressure (bar) after expansion at EX4 
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Fig. 3.8 (b): H2 side 
 
Fig. 3.8 (c): H2 side 
TE110: H2 cool gas suction temperature (oC) entering H2 compressor 
TE103: H2 pre-cooled cold gas 
temperature (oC) leaving HX1 
TE101: H2 hot gas discharge temperature (oC) leaving H2 compressor 
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Fig. 3.8 (a): MR side 
TE211: MR cold gas temperature (oC) entering EX3 
TE212: MR cold gas temperature (oC) leaving EX3 
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At 16:30:03 is assumed to be steady state 
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3.5. Comparison 
 
3.5.1. Comparison of the experimental data to the simulation data 
 
Fig.  3.9 shows the steady-state experimental data at 16:30:03 when both the H2 and helium sides 
were on. The simulation was used to design the rig (i.e., to select a composition) and to compare 
the results; thus, the simulation was used at two different times (as illustrated in Fig. 3.3 for the 
preliminary design of the rig and Fig. 3.9 for comparison to the experimental results). After both 
the H2 and MR sides were switched on, the helium circuit was opened to allow cold helium gas 
from the liquid helium storage tank to cool HX5. This was an important time to record and 
compare the measured experimental data to the simulation data. Cold helium gas was flowing to 
cool HX5. As a result, all of the temperatures, especially TE211 and TE212, decreased further. 
Thus, the feed hydrogen gas could be cooled to −158 oC after leaving HX4 and remain at the 
same temperature at LIQ3. If more time was available, then HX5 could almost cool to the feed 
helium temperature, and liquid hydrogen would exist at LIQ3. As shown in Fig. 3.9, changes in 
the simulation data were required to obtain the measured hydrogen flow rate from the 
experiment. The simulated H2 flow rate shown in Fig. 3.3 was adjusted from 2.0 kg/h (i.e., every 
2 kg of hydrogen requires 50 kg of MR flow rate) to 0.6 kg/h, and the MR flow rate was set to 18 
kg/h. From the simulation, 18 kg/h of MR flow rate was required to cool 0.6 kg/h of hydrogen 
gas. The hydrogen flow rate was too low because all of the expansion valves were closed to 
maintain a low suction pressure of 2 bar. All of the simulated temperatures were still the same as 
in Fig. 3.3. The final composition that was measured using gas chromatography in the rig also 
remained the same; it consisted of: 1% neon, 10% nitrogen, 33% methane, 38% ethane, and 18% 
butane. The neon content appeared to be too low, which prevented a further decrease in the 
temperature at TE212 following the expansion at EX3. In summary, the simulation and 
experimental data are nearly equivalent. 
 
Table 3.5 indicates that the simulation and experimentally measured power consumptions of the two 
compressors were equal because the simulation data was calculated using the experimental data. The 
compressor power was calculated from the flow rate, inlet and outlet pressures, and temperatures. 
According to the law of conservation of energy, the calculated brake horsepower was the same as the 
measured one. The hydrogen gas flow rate from the measurement was only 0.6 kg/h instead of the 
initially designed 2.0 kg/h, as shown in Fig. 3.3. The flow rate was adjusted to account for the small 
flow of the MR, which enabled the liquefier to cool the hydrogen gas. The measured MR suction gas 
flow rate was only 18 kg/h at the maximum MR compressor speed instead of the designed 55 kg/h. 
However, this is not significant because the flow rate can be increased by increasing the rotational 
speed of the motor. There may have also been solidification of the MR after expansion, e.g., at EX3. 
Therefore, more time and experiments were performed to correct these problems. Another possibility 
was freezing due to moisture; in this case, a refrigeration filter dryer should be installed after the 
condenser. However, freezing was not a problem because the refrigerant was high quality and there 
was no moisture. It is important to note that the measured MR compressor power consumption should 
be the same as the simulation value. Compressor powers of 0.067 kW for the hydrogen compressor 
and 1.06 kW for the MR compressor were obtained from the measured pressures and temperatures of 
both the suction and discharge together with the measured flow rate. The isentropic efficiencies of the 
two compressors were 90%, which are quite high; this may have been due to the small mass flow 
rates. The final overall test rig power consumption was 1.12 kW. 
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Fig. 3.9 − Simulation data of the laboratory test rig with the proposed simplified composition compared 
to the experimental data with H2 and helium operation at steady state. The experimental data reached 
steady state at 14:50:03 on 08.09.2009. 
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In Fig. 3.9, regarding the flow rate of the MR and hydrogen streams, the simulation and 
experimental results are exactly the same because the experimental data were input into the 
simulation software. In contrast, there are small discrepancies in the temperatures because the 
SRK model used in the commercial software is only an approximation. 
 
Table 3.5 – Simulation and initial experimental data of the proposed simplified 5-component 
composition from Fig. 3.9.
Parameter Equations/Symbols aSimulation data aExperimental data 
H2 mass flow rate at S3 2Hm  in kg/h c0.6 kg/h d0.6 kg/h 
MR mass flow rate at S17 MRm  in kg/h c18.0 kg/h d18.0 kg/h 
H2 compressor power BHCOMHW ,2  a0.067 kW d0.067 kW 
Isentropic efficiency of  
H2 compressor COMHISEN 2,
K  b80% b80% 
MR compressor power BHCOMMRW ,  b1.06 kW b1.06 kW 
Isentropic efficiency of  
MR compressor COMMRISEN ,K  b85% b85% 
Actual work 
BHCOMH
BHCOMMRBHCOM
W
WW
,2
,,



 
 
c1.127 kW =  
1.06 kW 
+ 0.067 kW  
b1.127 kW =  
1.06 kW  
+ 0.067 kW 
a From Fig. 3.9, Simulation data of the laboratory test rig with the proposed simplified composition 
compared to the experimental data with H2 and helium operation at steady state. 
b Experimental data: mass flow rates, inlet and outlet pressures, and temperatures of compressors 
were used to simulate the values in PRO/II. 
c Values assumed to be the same as in the experiment. 
d Values measured directly from the experiment at the test rig. 
 
3.5.2. Uncertainty analysis 
 
3.5.2.1. Simulation data 
 
The main thermophysical properties of hydrogen gas at 4.8 bar and between −150 oC and 
0 oC, as shown in Fig. 3.9, were compared to REFPROP 8 by NIST (2010) as a reference. 
The average uncertainties for n-H2 of some important properties such as U , h , s , and Pc  
were found to be 0.7%, 2.2%, 0.6%, and 7.1%, respectively. However, the MR side is 
very complicated; thus, an uncertainty analysis is difficult to perform due to its complex 
composition. 
 
3.5.2.2. Parameters calculated from the simulation data 
 
An uncertainty analysis for the calculated parameters of the proposed system was 
performed using the method by Moffat (1988). According to that method, the function R 
is calculated from a set of N simulated data (independent variables), which is represented 
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by R = R(X1, X2, X3,..., XN). Then, the uncertainty of the result R can be determined by 
combining the uncertainties of individual terms by using a root-sum-square method, i.e., 
 
 
 
 
Using the accuracies as simulation variables, the uncertainties of the parameters 
calculated by PRO/II, such as BHCOMHW ,2 , and COMHISEN 2,K  as shown in Table 3.5, 
estimated by the analysis are 0.3% and 0.3%, respectively. 
 
3.5.2.3. Measured data 
 
The uncertainty of the measured data, such as temperatures, pressures, and flow rates of 
both hydrogen and MR sides, due to errors in the measuring devices are reported and 
were given above in Section 3.2, Test rig description. 
 
3.5.3. Differences betweem simulation and experimental data 
 
The main conclusion is that the compressor power and liquefier efficiency were the same as the 
simulation data. Although the test rig was capable of cooling hydrogen gas using the MR 
refrigeration system, it was only able to reach a temperature of −158 oC instead of the designed 
value of −198 oC. Even for the final experimental results, the MR cycle was not well adjusted, 
meaning it was very successful. However, additional experimental work is required to study, 
identify, and resolve the problems. Several factors can explain why the temperature could not be 
decreased to −198 oC, and some differences between the simulation and experimental data are as 
follows: 
x Correct MR composition:  
Most of the flow was directed to EX3; therefore, the composition consisted of methane and 
nitrogen. It was not known if there was an adequate amount of liquid methane and nitrogen 
after EX3 to boil and cool HX3 and HX4 or if a LIQ (liquid separator) was present after EX3. 
Thus, the temperature at TE212 could not reach −198 oC. The chromatography measured the 
composition of the test rig, which was compared to the simulated composition. However, that 
was not more important than determining if there was an adequate amount of liquid in each 
liquid separator to boil, absorb heat, and cool each heat exchanger. Additionally, before 
steady state, the temperature of the MR flow was higher after expanding at EX3. According 
to the simulation, this indicates that more volatile components such as methane, nitrogen, and 
especially neon were required in the composition. If the MR composition was not correct, 
then it would not be able to reach the desired temperature, regardless of the flow rate of the 
MR refrigerant. 
x Correct amount of MR refrigerant charged into the rig:  
If the quantity of refrigerant is not sufficient, then both the suction and discharge pressures 
will be low. In the opposite case, both pressures will be high. Therefore, it is difficult to 
control the appropriate pressures. 
x Correct MR compressor suction and discharge pressures:  
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The discharge pressure should be about 18 bar or higher, and higher pressures are more 
favorable because they result in lower temperatures after the expansion valves. The pressure 
could be as high as 22 to 24 bar according to the simulation results. This higher pressure could 
be achieved by using a faster compressor speed, closing more expansion valves, and charging 
more refrigerant. However, more power consumption is required for the MR compressor for a 
high discharge pressure. Additionally, according to the simulation, the MR compressor suction 
pressure should be about 2 bar. However, the simulation can only predict the qualitative 
behavior; the actual values could be slightly lower or higher. Additional experiments should be 
performed to determine the optimal suction and discharge pressures of the MR cycle. 
x Correct flow rate of the MR refrigerant:  
If there is not sufficient flow, it will not transfer heat, and the liquefier will be too warm. The 
control must to be adjusted during the experiment to ensure that the flow is sufficient to 
produce the desired temperature. 
x Helium must be in operation:  
The helium was always turned on to cool HX5, which was the lowest temperature heat 
exchanger. Because HX5 was connected to HX4, heat conduction occurred to HX4. If there 
was no helium flow to cool it down, then it would be too warm. Also, the recycled hydrogen 
that flowed back from HX5 would be warm. Therefore, the other heat exchangers, HX1, 
HX2, HX3, and HX4, would be warmer. For HX5, it always had to be cooled by helium to 
produce the coolest exchanger as explained above. 
x Flow rate of feed hydrogen gas:  
If the MR flow rate was too low, but the feed hydrogen gas was too high, then there would 
not be enough MR flow to cool the heat exchangers. The correct hydrogen flow rate should 
correspond to the correct MR flow rate. 
 
Beside aforementioned, the other differences of experimental to simulation results are as below: 
 
3.5.3.1. The chosen composition of the 5-component refrigerant 
 
All possible MR compositions with every component were later tried resulting the best 
proposed 5-component MR composition: 4% neon (or 4% hydrogen with the same result), 
18% nitrogen, 24% methane, 28% ethane, and 26% butane as in Table 3.2. But that was just 
simulation. There is difference in the simulated MR composition when comparing to the 
measured MR composition: 1% neon, 10% nitrogen, 33% methane, 38% ethane, and 18% 
butane. But the trend goes the same direction. It seemed the measured composition has too 
much methane and ethane, but it lacked much nitrogen compared to the proposed 5-
component MR composition. It was the reason why the MR cycle at the rig could cool 
hydrogen gas to only −150 oC, not −198 oC as required. When the information from 
experiment including the measured composition is used to simulate in PRO/II to verify the 
software as in Fig. 3.9, even though it is not exactly the same, but the software can predict the 
trend quite well. However, all it is not important than simulation power consumption at MR 
compressors by PRO/II that it would be correct. With given flows of MR and hydrogen gas 
compressed by compressors simulated by the software, as the information shown in Table 
3.6, fluid properties’ models could be acceptable.  
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3.5.3.2. About helium gas used to cool down HX5 
According to schematic diagram of the test rig as in Fig. 3.9, Simulation data of the 
laboratory test rig with the proposed simplified composition compared to the 
experimental data, helium gas system was used to cool down HX5, not J-T section. If 
without the on of helium system, the whole HX5 which is connected to HX4 is always hot 
at ambient temperature. For that reason, it is difficult to lower the whole temperature of 
HX4 down. Even though there is a return cold hydrogen gas with temperature equivalent 
to S7 from HX5 to HX4, but that is just relatively small. Thus it is not significant. In fact 
it is a wrong design to have the return hydrogen stream. Moreover, there is a shut-off 
switch that there is no return hydrogen according to experiment data in Chapter 3. Thus, 
the experiment with MR-cycle was not the distraction.   
 
3.5.3.3. Some further differences between simulation and experimental data 
Table 3.6 is the comparison between the reference fluid data belongs to NIST (2011) and 
the popular SRK equation of state used in PRO/II. In the software, pressure and 
temperature are required to compute density by SRK model. Then, other properties such 
as enthalpy and entropy are calculated by using pressure, temperature, and density 
correlation. According to the Table 3.6, there are hydrogen, nitrogen, methane, ethane, 
and butane as main components used in simulation of the feed hydrogen and the 5-
component MR composition at the rig. For every fluid: densities are exact the same; 
specific heat constants and thermal conductivities are quite the same with trivial 
differences. Enthalpies and entropies are different because they are based on different 
references; however, when substituting SRK data such as enthalpies and entropies into 
equations to calculate heat and exergy balances, they are quite the approximation as using 
data from NIST. Moreover, SRK model was used by Hammer et al (2003), Jensen (2008), 
Myklebust (2010), and Nogal et al (2008) in design, simulation, and optimization of 
multi-component system in LNG processes. For all aforementioned, SRK in PRO/II are 
used to predict the trend what happens in the rig and the simulation large-scale plant. 
 
In Chapter 3, Section 3.5.3, Differences between simulation and experimental data, there 
is the discussion there. Several reasons why it is different between simulation at Fig. 3.3 
and experiment at Fig. 3.9 in Chapter 3 is because experiment didn’t entirely follow the 
assumptions in Table 2.1, Boundary conditions of the test rig’s simulation, in Chapter 2 
and Table 3.6, Assumptions in the simulation model, in Chapter 3 especially the 
assumption of all MR heat exchangers are in high effectiveness which is different from 
experiment.  
 
This means MR and hydrogen streams leaving each heat exchanger together with heat 
exchanger effectivenesses assumed are not the same as occuring in real case resulting 
different composition of MR mixture. Moreover, composition of only at Stream 17 is 
known by gas chromatography, but the rest in MR cycle are not known. Thus, 
temperatures at some points are not the same, e.g., at S28 and S32. 
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Table 3.6 – Comparison between the standard-reference NIST and the SRK models used in PRO/II. 
PARA hydrogen (21 bar) 
        
T ( oC) h  (kJ/kg) s (kJ/kg-oC) U  (kg/m3) Pc (kJ/kg-oC) k (W/m-oC) 
NIST SRK NIST SRK NIST SRK NIST SRK NIST SRK 
-250 47.2 -2883.7 0.87 31.21 70.26 70.84 10.50 20.42 0.1111 0.1000 
-240 196.1 -2640.6 6.09 39.82 52.61 53.34 23.60 32.22 0.0942 0.0800 
-200 963.2 -1728.3 22.86 59.34 7.24 7.33 12.64 16.22 0.0614 0.0600 
-150 1663.3 -948.5 30.08 67.49 4.10 4.13 15.60 15.26 0.1081 0.1000 
-100 2479.3 -191.7 35.63 72.65 2.90 2.91 16.54 15.05 0.1454 0.1600 
-50 3290.8 558.4 39.75 76.46 2.25 2.26 15.84 14.96 0.1666 0.2200 
0 4063.6 1305.4 42.88 79.45 1.84 1.84 15.13 14.92 0.1842 0.2700 
25 4439.0 1678.3 44.19 80.78 1.68 1.68 14.90 14.91 0.1932 0.3000 
Normal hydrogen (21 bar) 
        
T ( oC) h  (kJ/kg) s (kJ/kg-oC) U  (kg/m3) Pc (kJ/kg-oC) k (W/m-oC) 
 NIST SRK NIST SRK NIST SRK NIST SRK NIST SRK 
-250 46.2 -4193.5 0.82 28.21 70.35 70.57 10.32 19.79 0.1113 0.1000 
-240 192.5 -3957.2 5.96 36.59 53.02 53.09 23.17 31.57 0.0949 0.0800 
-200 958.8 -3067.4 22.74 55.71 7.24 7.33 11.98 15.49 0.0583 0.0600 
-150 1555.0 -2324.6 28.94 63.47 4.10 4.13 12.28 14.52 0.0873 0.0900 
-100 2195.3 -1605.1 33.29 68.37 2.90 2.91 13.28 14.30 0.1186 0.1200 
-50 2876.9 -892.4 36.75 71.99 2.25 2.26 13.92 14.22 0.1480 0.1400 
0 3582.5 -181.7 39.60 74.86 1.84 1.84 14.26 14.27 0.1743 0.1700 
25 3940.4 175.9 40.85 76.12 1.69 1.69 14.36 14.34 0.1865 0.1800 
Nitrogen (1 bar) 
        
T ( oC) h  (kJ/kg) s (kJ/kg-oC) U  (kg/m3) Pc (kJ/kg-oC) k (W/m-oC) 
 NIST SRK NIST SRK NIST SRK NIST SRK NIST SRK 
-200 -130.6 -451.9 2.720 2.39 824.94 827.96 2.02 2.02 0.1549 0.1400 
-150 126.5 -192.3 5.915 5.61 2.77 2.77 1.06 1.05 0.0121 0.0100 
-100 179.0 -139.9 6.273 5.97 1.95 1.95 1.05 1.05 0.0165 0.0200 
-50 231.2 -87.7 6.537 6.23 1.51 1.51 1.04 1.04 0.0204 0.0200 
0 283.2 -35.6 6.748 6.44 1.23 1.23 1.04 1.04 0.0240 0.0200 
25 309.3 -9.6 6.839 6.53 1.13 1.13 1.04 1.04 0.0257 0.0300 
Methane (1 bar) 
        
T ( oC) h  (kJ/kg) s (kJ/kg-oC) U  (kg/m3) Pc (kJ/kg-oC) k (W/m-oC) 
 NIST SRK NIST SRK NIST SRK NIST SRK NIST SRK 
-180 -63.4 -749.5 - 5.64 448.25 448.18 3.38 3.57 0.2084 0.2200 
-150 536.0 -133.3 4.796 11.20 1.61 1.61 2.16 2.12 0.0129 0.0100 
-100 642.2 -28.0 5.520 11.92 1.13 1.13 2.11 2.10 0.0188 0.0200 
-50 747.6 77.2 6.055 12.45 0.87 0.87 2.12 2.12 0.0247 0.0200 
0 854.8 184.3 6.488 12.88 0.71 0.71 2.18 2.18 0.0309 0.0300 
25 910.0 239.4 6.681 13.08 0.65 0.65 2.23 2.23 0.0343 0.0300 
Ethane (1 bar) 
        
T ( oC) h  (kJ/kg) s (kJ/kg-oC) U  (kg/m3) Pc (kJ/kg-oC) k (W/m-oC) 
 NIST SRK NIST SRK NIST SRK NIST SRK NIST SRK 
-150 -144.5 -415.7 - 4.52 615.86 624.18 2.34 2.44 0.2274 0.2300 
-100 -27.4 -293.4 - 5.35 558.12 567.49 2.38 2.48 0.1782 0.1800 
-50 545.2 289.2 2.930 8.48 1.65 1.65 1.50 1.49 0.0127 0.0100 
0 624.0 367.5 3.249 8.80 1.34 1.34 1.66 1.65 0.0179 0.0200 
25 667.0 410.1 3.398 8.95 1.22 1.22 1.76 1.75 0.0210 0.0200 
Butane (1 bar) 
        
T ( oC) h  (kJ/kg) s (kJ/kg-oC) U  (kg/m3) Pc (kJ/kg-oC) k (W/m-oC) 
 NIST SRK NIST SRK NIST SRK NIST SRK NIST SRK 
-120 -53.6 -250.1 - 5.57 717.99 715.10 1.98 2.02 0.1700 0.1800 
-100 -13.5 -209.9 0.031 5.82 699.35 696.67 2.01 2.01 0.1617 0.1700 
-50 89.5 -109.2 0.55 6.33 651.78 651.67 2.12 2.07 0.1384 0.1400 
0 585.5 392.2 2.42 8.21 2.67 2.65 1.64 1.60 0.0142 0.0100 
25 627.6 433.5 2.56 8.36 2.42 2.41 1.73 1.71 0.0166 0.0200 
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3.5.3.4. The lowest attainable temperature of pre-cooled hydrogen gas by MR refrigeration 
system. 
 
In Section 3.4.2, Initial experimental results, the lowest reached temperature was −158 oC, but 
that was just the initial experiment. Section 3.4.2 reports only the initial data saying only −158 
oC. But after two weeks from 9:19 to 15:05 o’clock on 17 September 2010, the lowest attained 
temperature was −180 oC as depicted in Fig. 3.10 shown below when a few additional grams 
of nitrogen gas were charged into the rig. The amount was not known. The measured 5-
component composition was the same. The MR compressor runs with the same power 
consumption. The feed hydrogen gas was cooled by MR refrigeration cycle to −180 oC.    
 
 
 
 
 
 
 
 
 
 
 
 
 
  
 
 
Fig. 3.10 − Transient temperatures at TE212 and TE211 as a function of time, Drescher (2010). 
 
If there were more time and more experiment to adjust the composition, the temperature 
would have reached down −198 oC (80 K) as expected. This can be done by increasing 
more volatile components such as neon and nitrogen. Also, more time would be needed 
for cooling down HX5 by using helium gas cycle. The theory can be used to predict the 
trend. And the experiments follow the same trend. Without the commercial computer 
program, the approximate MR composition can’t be predicted and the test rig can’t be 
designed.    
 
3.6. Conclusion 
 
From the simulation, a simplified 5-component composition that consisted of 4% neon (or 4% 
hydrogen with the same result), 18% nitrogen, 24% methane, 28% ethane, and 26% butane by 
mole was developed for the new MR refrigeration system. Suitable MR compressor suction and 
discharge pressures were found as 2 bar and 18 bar, respectively, which yielded the lowest MR 
compressor power of 4.55 kW. Initial experiments showed that the test rig could cool 0.6 kg/h 
normal hydrogen gas from 25 oC to −158 oC with a measured simplified 5-component 
composition similar to the simulated composition: 1% neon, 10% nitrogen, 33% methane, 38% 
ethane, and 18% butane by mole. The power consumption required to pre-cool the feed hydrogen 
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gas was 1.76 kWh per kilogram. After two weeks, the lowest temperature was about −180 oC 
with a few more grams of nitrogen gas charged into the rig. More volatile components such as 
neon and nitrogen must be charged into the rig to further decrease the temperature to −200 oC. 
The resulting power consumption was nearly equal to that of the initial experiment, and the 
simulated and experimental power consumption were nearly equal. The main conclusion was that 
pre-cooling hydrogen gas with the new MR refrigeration system resulted in a lower energy 
consumption compared to conventional refrigeration systems. This lower energy consumption 
was due to the higher heat transfer coefficient of boiling MR for a lower mass flow rate of 
compression at the MR compressor. Currently, an actual hydrogen liquefaction plant at Ingolstadt 
consumes 4.86 kWh per kilogram using a nitrogen refrigeration system. Therefore, it is highly 
recommended to design this new refrigeration system to pre-cool feed normal hydrogen gas from 
an ambient temperature of 25 oC down to equilibrium hydrogen gas at −200 oC in the future 
large-scale hydrogen liquefaction plant. 
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&KDSWHU  6LPXODWLRQ RQ D SURSRVHG ODUJHVFDOH
OLTXLG K\GURJHQ SODQW XVLQJ D PXOWLFRPSRQHQW
UHIULJHUDQWUHIULJHUDWLRQV\VWHP

A proposed liquid hydrogen plant using a MR refrigeration system is explained in this chapter. A 
cycle that is capable of producing 100 tons of liquid hydrogen per day is simulated. The MR 
system can be used to cool feed normal hydrogen gas from 25 oC to the equilibrium temperature 
of −193 oC with a high efficiency. In addition, for the transition from the equilibrium temperature 
of the hydrogen gas from −193 oC to −253 oC, a new proposed four H2 J-B cycle refrigeration 
system with optimization is recommended. The overall power consumption of the proposed plant 
is 5.91 kWh/kgLH2, with an ideal minimum of 2.89 kWh/kgLH2. The current plant in Ingolstadt is 
used as a reference, which has an energy consumption of 13.58 kWh/kgLH2 and an efficiency of 
21.28%. The efficiency of the proposed system is around 50% or more, where this depends on the 
assumed efficiency values for the compressors and expanders, together with  effectiveness of heat 
exchangers. Importantly, the variables and constraints are preliminary studied together with how 
to adjust these to achieve optimal steady-state operation. The optimization problem has 23 
variables and 26 constraints. A simplified 5-component composition of refrigerant suggested for the 
plant is found. The plant optimization was also conducted with two more pinch temperatures (1 
and 3 oC). Power savings is increased with a pinch temperature of 1 oC as compared to 3 oC. 
Moreover, the proposed system has some smaller-size heat exchangers, much smaller compressor 
motors, and smaller crankcase compressors. Thus, it could represent a plant with the lowest 
construction cost with respect to the amount of liquid hydrogen produced in comparison to 
today’s plants, e.g., in Ingolstadt and Leuna. Therefore, the proposed system has many 
improvements that serves as an example for future hydrogen liquefaction plants. Pressure drops 
in heat exchangers are also employed in the simulation for the study, but it is shown that they 
don’t have much significant impact on the overall plant total power consumption. 
 
4.1. Introduction 
 
Because hydrogen has shown promise as an important energy vector for use in future transportation 
vehicles, several hydrogen research projects have been conducted since 1980 and in particular, 
since 2000. One of the challenges in creating a hydrogen economy is the low efficiencies of the 
current hydrogen liquefaction plant cycles. Currently, large hydrogen liquefaction plants, e.g., the 
plant in Ingolstadt as described by Bracha et al (1994), have exergy efficiencies of just 20−30%. 
These efficiencies are very low. The plant consumes 4.86 kWh per kilogram of hydrogen gas using 
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a nitrogen refrigeration system to pre-cool normal hydrogen gas from 25 oC to equilibrium 
hydrogen gas at −198 oC. From 1998 through 2008, some conceptual plants were proposed with 
reportedly improved efficiencies of 40−50% (Matsuda and Nagami 1998; Quack 2002; Kuz'menko 
2004; Shimko and Gardiner 2007; Valenti and Macchi 2008; Berstad et al 2010). A literature 
review for the development of large-scale hydrogen liquefaction processes throughout the world 
from 1898 to 2009 is given in Chapter 1. Finally, in the year 2010, NTNU and SINTEF  Energy 
Research AS proposed a new large-scale MR system with efficiency approximately or in excess of 
50%. The details of this new system are reported in this chapter. 
  
4.2. The proposed 100 ton-per-day LH2 plant with the MR refrigeration 
system 
 
For a larger metropolitan area with 100,000–200,000 hydrogen vehicles, the automotive 
consumption rate will be in the magnitude of 100 tons per day (Kramer et al, 2006). Therefore, a 
large-scale LH2 plant of that size will be proposed in this section. From a preliminary study, 
single MR refrigeration alone cannot be used to cool down n-GH2 from 25 oC to −253 oC because 
there will be solidification of the mixed heavy component between −193 oC and −253 oC. MR 
refrigeration can be used with a very high efficiency to cool down the gas from 25 oC to only 
−193 oC, as shown in Fig. 4.1. Then, to cool equilibrium hydrogen gas from −193 oC to −253 oC, 
a four H2 J-B cycle system is recommended in this chapter. It is noted that Aw  is the net power 
for system A, while Bw  is the net power for system B. 
 
 
 



 
Fig. 4.1 − MR refrigeration system in combination with the four H2 Joule-Brayton cycle refrigeration 
system.
 
4.2.1. Choice of refrigeration systems for the proposed plant 
 
As aforementioned in Chapter 2 that the first person who introduces MR cycle is Podbielniak  
(1936). Later on Kleemenko (1959) teaches from the Podbielniak’s patent that the cycle’s 
efficiency depends on small temperature differences between the fluid being cooled and the 
multi-component refrigerants which is related to the irreversibility of the heat transferring 
between the two streams. After that there are several US patents about this technology for LNG. 
One of interesting cycles recommended is maybe for example by Gaumer et al. (1972). 
 
Refrigeration systems such as MR, nitrogen, helium, and propane can be used to cool hydrogen 
gas from 25 oC to −193 oC (see Table 4.1). MR, which is a cycle under research at NTNU-
SINTEF, was selected first because it has the lowest power consumption.  
 
0T  0T  
99% sat. liquid, 95% p-
LH2: 1.3 bar, -253oC 
HXA HXB 
AT  
CT  
Aw  Bw  
Feed, n-GH2:  
21 bar, 25oC  
e-GH2:  
21 bar, -193oC
MR sys. 
4 H2 J-B
sys. 
Aw =  total compressor 
power minus the expander 
power of system A. 
idealAw ,  
Bw = total compressor 
power minus the expander 
power of system B. 
idealBw ,   
Expander 
LH2kWh/kg 0.51   LH2kWh/kg 2.38   
100% sat. gas 
95% p-GH2: 21 bar, -253oC 
BT  
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MR cycle has been used for decades in the LNG sector. This concept of mixed refrigerant in gas 
liquefaction (Bottura 2009; Chrz 2010; Mafi et al 2009; Bosma and Nagelvoort 2009) developed 
in the past few years results in reduced energy consumption compared to conventional 
liquefaction. The novelty of this mixed refrigerant system is described very well by Flynn (1997)  
as well as Venkatarathnam (2008). Until today, some large-scale LNG plants are employed with 
more complicated MR cycles such as naming “Dual” and “Cascade” MR processes previously 
from Newton (1985), Etzbach et al. (1976),  also Rentler and Sproul (1983) that recently invented 
by Kimble (2001) as well as Robert and Agrawal (2001), together with Cole and Bowen (2000) 
respectively; the processes are suitable only for extremely large-scale plants, but not appropriate 
for the proposed 100-TPD plant due to the complexity. The differences involve the new modified 
cycle and the new optimized refrigerant composition that was specially designed for pre-cooling 
hydrogen gas from 25 oC to −198 oC explained in Section 4.2.3, MR refrigeration system for 
cooling feed normal hydrogen gas from 25 oC to the equilibrium temperature of −193 oC. 
 
Today, large-scale plants that use nitrogen refrigeration systems (Bracha et al, 1994) have a 
power consumption of 4.86 kWh/kgLH2. From a simulation test run in a commercial software 
package, SimSci-PRO/II, the helium system of Valenti and Macchi (2008) has a very high energy 
consumption. Propane in combination with a helium refrigeration system (Quack, 2002) cannot 
achieve a high efficiency because it only has one or two refrigerants and its own system cycle. 
For cooling hydrogen gas from −193 oC to −253 oC, either hydrogen or helium can be used as a 
refrigerant in refrigeration systems because they do not freeze in this low temperature range. 
Hydrogen freezes at temperatures below −259 oC, while helium freezes below −272 oC. Helium 
is widely used as a refrigerant in cryocoolers because it remains in the gas phase at extremely low 
temperatures.  
 
Table 4.1 − Choice of refrigeration systems for the proposed 100-TPD H2 liquefaction plant. 
 
System Refrigeration system Inventor Energy consumption 
HXA 
 
MR refrigeration Propose in this chapter 1.38 kWh/kgLH2 
N2 refrigeration 
Matsuda and Nagami (1992) §4.86 kWh/kgLH2 
Ingolstadt plant in 1992 
(Bracha et al, 1994) 4.86 kWh/kgLH2 
Leuna plant in 2007  
(See Chapter 1) §4.86 kWh/kgLH2 
Praxair since 1957  
(See Chapter 1) §4.86 kWh/kgLH2 
Helium refrigeration Valenti and Macchi (2008) Extremely higher than 4.86 kWh/kgLH2 
Propane+helium refrigeration Shimko and Gardiner (2007) Higher than 4.86 kWh/kgLH2  Quack (2002) Higher than 4.86 kWh/kgLH2 
HXB 
 
H2 refrigeration 
Matsuda and Nagami (1992) A little 8.65 kWh/kgLH2 
Ingolstadt plant in 1992 
(Bracha et al, 1994) 
8.65 kWh/kgLH2 
Leuna plant in 2007  
(See Chapter 1) 
A little 8.65 kWh/kgLH2 
Praxair since 1957  
(Chapter 1) 
A little 8.65 kWh/kgLH2 
Helium refrigeration 
Valenti and Macchi (2008) Higher than 8.65 kWh/kgLH2 
Shimko and Gardiner (2007) Higher than 8.65 kWh/kgLH2 
Quack (2002) Higher than 8.65 kWh/kgLH2 
Kuz'menko et al (2004) 7.84 kWh/kgLH2 
Reversed helium/neon 
Brayton cycle Berstad et al (2010) § 5.18 kWh/kgLH2 
Four H2 J-B cycle 
refrigeration Propose in this chapter 4.24 kWh/kgLH2 
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The Matsuda and Nagami (1998) under a Japanese hydrogen program (Mitsugi 1998) and Praxair 
cycles are quite similar to the Ingolstadt and Leuna cycles. Since they are all hydrogen 
refrigeration systems; in particular, Ingolstadt’s cycle requires 8.65 kWh/kgLH2 of power to cool 
hydrogen gas from −193 oC to −253 oC (Kuz'menko, 2004), which is a high power consumption. 
Thus, we will now consider the helium system (Quack, 2002), which is too simple. However, 
from a simulation test that was run with a 64-bar discharge and a 2.7-bar suction pressure in the 
J-B cycle, it is impossible to have a high efficiency system. Kuz'menko et al (2004)’s helium 
system has a power consumption of 7.84 kWh/kgLH2, which is a little better than the hydrogen 
refrigeration’s power consumption of 8.65 kWh/kgLH2. However, it is still very high due to the 
complexity of the helium liquefaction process. For Shimko and Gardiner (2007)’s helium system, 
the preliminary simulation/test run in PRO/II indicates that it is still not good in comparison to 
the proposed four H2 J-B cycle system. Finally, the performance of the reversed helium/neon 
Brayton cycle by Berstad et al (2010) is maybe lower because helium gas has inferior heat 
transfer properties to hydrogen gas used in the cycle proposed in this chapter. The researchers 
aforementioned have developed the systems with plenty of the best efforts; more explanations of 
remodeling those conceptual plants are given in Chapter 1. This chapter proposes completely new 
configurations and systems. The MR refrigeration system is selected to cool from 25 oC to −193 
oC in combination with the four H2 J-B cycle system, which cools from −193 oC to −253 oC. The 
proposed MR system consumes only 1.38 kWh/kgLH2 in comparison to the ideal of 0.51 
kWh/kgLH2. In addition, the proposed four H2 J-B cycle system consumes 4.24 kWh/kgLH2 in 
comparison to the ideal of 2.38 kWh/kgLH2. Finally, comparison of the energy consumption of the 
proposed MR refrigeration system and the proposed four H2 J-B cycle system to other 
conventional and the conceptual refrigeration systems, is detailed in Table 4.1. 
 
4.2.2. The whole process plant 
 
In Fig. 4.2, the flow sheet was developed from the PRO/II simulation flow-sheet that was 
modified from a laboratory test rig based on research at NTNU-SINTEF. Experiments were 
conducted. The simulation data and experimental data matched well, and the main discovery was 
that pre-cooling hydrogen gas with this new MR refrigeration system resulted in a lower energy 
consumption per kilogram of feed hydrogen gas compared to conventional refrigeration systems. 
Details of the results are reported in Chapter 3.  
 
For simplicity, it is assumed that there is no pressure drop in the simulation because the exact 
components’ sizes of heat exchangers and pipings are not known. The single hydrogen feed 
through stream is at: a pressure of 21 bar which is the same condition as the Ingolstadt plant 
(Bracha et al, 1994), a temperature of 25 oC, and a flow rate of 1.157 kg/s for 24 hours a day in 
operation or 100 TPD. The large-scale isentropic efficiency for every compressor and expander is 
assumed to be 90% and 80% respectively (usually 90% found in large-scale refrigeration 
compressors) for the worst case; thus, it has already compensated for the no pressure drop 
assumption and the temperature difference, which is too small, between the pre-cooled hydrogen 
gas stream and the MR pre-cooling stream. Moreover, if the three or more number of stages 
required in compression are used which means more number of compressors, the overall system’s 
efficiency will be better. However, it will be more expensive than a single compression (only 
single big compressor) and two-stage compression (two compressors). It is not known how much 
it costs for each compressor. This information is needed to investigate the number of stages 
required in the compressors as well as in the expanders to think of the payback period of 
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investment. Initially, a frequently applied approximation for optimum intermediate pressure of 
ideal gas compression or expansion, in this case which possibly applicable to MR and hydrogen 
gases that for simplicity are assumed to be ideal, is given by: HLopt PPP  int . Where intoptP  
represents an estimate of the optimum intermediate pressure, LP  is the low pressure, and HP  is 
the high pressure. In addition, due to the large volume of mass flow rates and low compression 
ratios, MR compressors and hydrogen compressors must be dynamic. On the other hand, because 
of lower mass flow rates at expanders in the MR cycle proposed have two-phase inlets and 
outlets, thus volumetric machines that have margin for two-phase flows are recommended. The 
manufacturers should be consulted about the machinery. In this chapter, at least two-stage 
compression with inter-cooling between stages is recommended as an example. More than two-
stage compression of MR is used just because lower compression power. But, compression of 
hydrogen gas in the four H2 J-B cycle system, more than two-stage compression must be used, 
because, besides lower energy consumption, a single stage compression results in very high outlet 
temperature. The condensers must be evaporative cooling towers. Mechanical conversion of work 
from the expander is assumed to be 98%. For cooling n-H2 from 25 oC to e-H2 around −193 oC, 
the MR refrigeration system is proposed. For cooling from −193 oC to −253 oC, as a preliminary 
design, a combination of the four H2 J-B cycle system is proposed due to the improved 
efficiency.  
 
Table 4.2 lists the boundary conditions that were initially used to simulate the process depicted in 
Fig. 4.2. It contains design and assumption data. Ambient temperature, capacity, GH2 feed, and 
LH2 product were the design values. For simplicity, no pressure drop was assumed. Realistic 
large-scale low-temperature heat exchangers for cryogenic system were generally recommended 
by Alabdulkarem et al (2011) to have 3 oC temperature approach. The compressors’ efficiencies 
were estimated from the manufacturers’ product catalogues, which generally contained large-size 
gas compressors. The process was simulated with the PRO/II software package. In addition, other 
commercially available process simulation programs can be used to simulate, including for 
example HYSYS, HYSIM, and ASPEN PLUS, are all similar. For the equation of state, SRK was 
selected for use because of its popularity, simplicity, and fast computation. 
 
Table 4.2 − Boundary conditions. 
 
Parameter The proposed 100-TPD process plant from 
the simulation  
Ambient temperature 
Capacity 
25 oC 
100 TPD (in 24 hours) = 4,166 kg/h = 1.157 kg/s 
GH2 feed 
LH2 product 
Ortho-para conversion 
Pressure drop in system 
Temperature approach in heat exchangers 
Isentropic efficiency: 
   Compressors 
   Expanders 
21 bar and 25 oC 
1.3 bar, saturated liquid with 95% para 
Stepwise 
No 
3 oC or above  
 
90% (selected similar to actual machinery) 
80% (selected similar to actual machinery) 
 
In PRO/II simulation software, the component models of heat exchangers, compressors, and 
expanders are absolutely correct. But investigation the accuracy of the modeling of all the 
working fluids in the cryogenic region of interest must be performed. The thermodynamic model 
must be validated first. Regarding hydrogen, one may use as a comparison either the monography 
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R. McCarty, J. Hord, H. Roder, selected properties of hydrogen (Engineering Design Data), Tech. 
Rep. Monograph 168, U.S. National Bureau of Standards (now NIST) or the software REFPROP 
8. Recently, the best paper about hydrogen properties is given by Leachman et al (2009). All data 
about thermo-physical properties of fluid hydrogen from the same researchers mentioned, found 
at the software REFPROP 8, can also be checked at NIST (2010).  
 
However, after investigating the accuracy of the modeling of all the working fluids in the region 
of interest especially hydrogen gas at temperature between −193 °C to −253 °C, it is found that 
SRK model is quite the same as that of the model from REFPROP 8. This is also in temperature 
range between 25 °C to −193 °C. It is especially the given values of pressure and temperature, 
then the simulated density will be exactly the same. Even though there are some differences 
regarding simulated enthalpy and entropy, this is because the references used in the two models 
are not the same; but the simulated enthalpy and entropy increments ( h'  and s' ) are the same 
which indicate the two values are correct. These two values are important in energy and exergy 
analyses of the overall plant. Moreover, even if there are some extremely small deviations of 
specific heat coefficients, but this is acceptable. The other thermo-physical properties are not 
important. In short, the SRK model is adequate for the cryogenic region and the simulation 
results could be near the reality. 
 
According to Bracha et al (1994), purity of hydrogen from real large plant is 99%. It is high. 
Thus, it is assumed here that the impurities may not play a significant role for energy intensity of 
the plant.   
 
After experiencing in simulation and experiment of the small-scale plant as in Chapter 3 that the 
trend of both simulation and experimental data go the same direction, this paper is the proposed 
large-scale plant with MR refrigeration system. The large-scale MR cycle is modified from 
small-scale MR process from the test rig described aforementioned. The differences which can be 
noticed the changes from Fig. 3.9, Simulation data of the laboratory test rig with the proposed 
simplified composition compared to the experimental data, in Chapter 3 to be Fig. 4.2, PRO/II 
simulation flow sheet for the new modified proposed large-scale 100-TPD LH2 plant utilizing MR 
and four hydrogen Joule-Brayton refrigeration cycles, on this chapter. Those are: ortho-para 
catalysts are included for ortho-para hydrogen gas conversion, single-stage to be two-stage 
compression to reduce power consumption, and expansion valves are replaced by expanders to 
reduce exergy losses. In addition, simple helium system or heat exchanger (HX5 of Fig. 3.9 in 
Chapter 3) is replaced by the four H2 J-B cycles. The simulation of the proposed large-scale plant 
is by using the same simulation package, PRO/II that is done with simulation of the test rig found 
in Chapter 3. The new, optimized MR has been particularly modified for large-scale process with 
heat conversion by catalysts; and it has a simplified composition. The idea of exergy analysis 
from Chapter 2 is also performed here for the analysis of the large-scale on this Chapter.  
 
Brief refrigeration explanation of the whole process plant, Fig. 4.2 is a simplified schematic 
diagram illustrating quite a complete liquefaction facility. Tables 4.4 and 4.5 contain pressure, 
temperature, and flowrate data of each stream detailed in Fig. 4.2. Beginning with the hydrogen 
feed gas to be liquefied with high purity and free of moisture process is first supplied to the 
liquefaction plant through pipeline S3 as a vapor phase. Then, the gaseous feed flowing at 21 bar 
25 oC is cooled at HX1, HX2, and HX3 by MR cycle and at the same time passing two o-p 
converters to be equilibrium hydrogen gas at −198 oC in line S7. Later on, it is cooled by the four 
H2 J-B cycles together with o-p catalysts at HX4, HX5, HX6, and HX7 to be −253 oC equilibrium 
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gas at S8e. Finally, the gas is expanded by the expander EX8 to be 99% liquid hydrogen and 
supplied to LIQ4 for use at S8h. The trivial fraction at line S8f which is vapor is pumped by 
ejector to line S8d and finally cooled back to be liquid again at HX7. For the MR system, 
beginning with line S17 contains a single gaseous refrigerant which is a mixture of gases. This 
multi-component refrigerant is compressed in low-stage compressor COM1 and cooled in inter-
stage water cooler so that a portion is condensed and then separated in separator. The condensate 
S17c is withdrawn from the bottom of the separator and pumped directly into the separator LIQ1. 
The gaseous fraction of the refrigerant is withdrawn from the top of separator at line S17b, 
compressed in high stage compressor COM2, cooled in water cooler EVAP1 and joined with the 
previously mentioned condensate. In the first stage of MR separator LIQ1, the liquid fraction rich 
at line S21 is first sub-cooled at HX1, then expanded at EX1 lower down temperature to be 
vapor-liquid mixture in line S23, next supplied to line S23 mixed with upward flowing MR line 
S36, finally vaporized at HX1 to cool most of refrigeration load at feed hydrogen gas S3 and 
partly MR condensate and gas in line S21 and S20 together with returned hydrogen gas streams 
at the four H2 J-B cycles. In a similar manner, the second, and the third fractional condensation 
steps are performed by passing vapor refrigerant from the phase separators LIQ1 and LIQ2 to 
provide the second condensate S26 and the last high liquid sub-cooled stream S31. The first 
condensate S21 contains much of high boiling point components. The intermediate condensate 
S26 has decreasing high boiling point components and increasing low boiling point components. 
The last stream S31 is rich in low boiling point components, but it doesn’t contain the highest 
boiling point components. The condensates S22, S27, and S31 after being sub-cooled are reduced 
in pressure by expanders EX1, EX2, and EX3 in order to reduce temperatures to vaporize and 
cool the downwardly flowing warm fluid streams. Regarding the four H2 J-B cycles, beginning 
with normal hydrogen gas from line S12a flowing downwardly becoming S12d is mostly cooled 
by counter flow line S12f to S12i and partly by MR cycle. The MR cycle cools the streams to 
make sure the temperatures at lines S12d as well as S11d, S10d, and S9d get down to −198 oC. 
Then, the gas from line S12d is expanded through expander EX4 to reduce temperature according 
to the rule of positive Joule-Thompson effect in order to cool mostly e-hydrogen feed S7a to S7b 
and partly n-hydrogen in other H2 J-B cycles. Finally, other H2 J-B cycles perform the same way 
as the first cycle aforedescribed.   
 
The idea, reason, and rules for selecting the cycle as in Fig. 1 why it is superior to conventional 
ones is explained and clarified here. To cool normal hydrogen gas from 25 oC to equilibrium 
temperature of −193 oC by MR cycle, the reason is given in the experiment by Chapter 3. The 
system is more efficient, simple, reliable in comparison to pure refrigerant ones; because the 
mixture of refrigerants is evaporated isobarically, not at a single but in a range of temperatures. 
And to cool the equilibrium ortho-para hydrogen gas from −193 oC to −253 oC by the new 
proposed configuration four H2 J-B cycle refrigeration system; it is better to replace helium gas 
by hydrogen gas a refrigerant. This can be explained in the following sections. 
 
 
4.2.3. MR refrigeration system for cooling feed normal hydrogen gas from 25 oC to the 
equilibrium temperature of −193 oC 
 
When designing a large MR refrigeration system, there are various ways to improve efficiency. 
Briefly, these improvements include the following: to use 21-bar single n-GH2 feed-through, to 
use a high isentropic efficiency MR compressor, to replace every expansion valve with a high 
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efficiency expander, to use a 10-component composition of MR refrigerant, to add another liquid 
separator after EX3, to improve the condenser. The flow sheet is depicted in Fig. 4.2. 
 
The MR compressor power must be minimized. Thus, the variables that must be optimized were 
determined from trial and error in PRO/II and are arranged as below: 
 
1. First, the suitable feed pressure of the H2 compressor must be determined: 
The feed pressure must be above 15 bar, which is the supercritical pressure to avoid 
condensation. The pressure of 18 bar may still be too close to 15 bar. For the proposed plant, 
the discharge pressure is designed to be 21 bar, which is equal to the feed at Ingolstadt (see 
Fig. 4.1). However, for the real large-scale process, if the feed is 1−2 bar, it is recommended 
to compress it to 21 bar. 
 
It is right that the higher feed hydrogen pressure, e.g., raising it to 40 or 60 bar, the better 
liquefier is as stated by Quack (2002) and Berstad et al (2010). This is because less ideal 
work of liquefaction. But due to the additional high compression power in order to raise to 
that high feed pressure makes the liquefier with that additional compressors consumes more 
energy. So this method is not attractive.  
Moreover, with the same system and configuration as proposed in Fig. 4.2, no matter how 
much high feed pressure (S3) between 14−60 bar as simulated by trial in PRO/II, energy 
consumption from MR and hydrogen compressors is the same; it is because the same 
compressors and heat exchangers’ configuration of the MR and the four H2 J-B cycles 
generate the same irreversibilities. Moreover, specific heat constant and thermal conductivity 
don’t change much with the increased pressure resulting no change in heat transfer. 
Therefore, maintaining above 14 bar just a little higher than critical point pressure (12.9 bar) 
of feed hydrogen pressure is recommended in actual large-scale plant as depicted in Fig. 4.2. 
Cooling feed hydrogen gas both at 14 bar above the critical pressure and 2−3 bar below the 
critical pressure from 25 oC to −253 oC release heat quite the same amount. But feeding at 
2−3 bar at −253 oC is still the saturated gas, while at 14 bar is the entire hydrogen liquid, thus 
more heat is transferred to be entire liquid through condensation. Therefore hydrogen releases 
more heat if the feed is maintained at lower than critical pressure at 12.9 bar during 
condensation process below the saturation curve. In addition, the critical temperature of 
hydrogen is −240 oC. This means that hydrogen can only be liquefied below that temperature 
regardless of the pressure applied.  
However in the proposed cycle as in Fig. 4.2, hydrogen feed is maintained at 21 bar absolute 
to be cooled down from 25 oC to −253 oC by the MR and the four H2 J-B cycles in order to 
avoid condensation before expansion to have liquefied hydrogen for minimum liquefaction 
power consumption; importantly, the other reason is also because it is used to compare the 
same feed pressure but different cycle to the referenced Ingolstadt plant’s by Bracha et al 
(1994). 
2. Then, the hot stream hydrogen outlet temperatures from HX1, HX2, and HX3 should be 
determined: 
This is determined from trial and error for the minimum MR compressor in the simulation 
software. In addition, the MR mass flow rate at HX1 is the largest, while HX3 is the smallest. 
Thus, HX1 should cool and remove heat from the hydrogen gas more than HX3. 
3. Next, a suitable discharge pressure for the MR compressor should be determined: 
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The discharge pressure cannot be lower than 18 bar because it will be impossible to cool the 
system. In addition, it should not be more than 22 bar because there will be too much 
compression power. 
4. After that, a suitable suction pressure for the MR compressor must be determined: 
The suction pressure cannot be lower than 1 bar because of the MR compressor’s high power. 
The suction should not be more than 2 bar because it will be insufficient or impossible to cool 
the hydrogen gas.  
5.   The arrangement of the 2-stage MR compression similar to Linde Engineering (2011)’s: 
All pressures reported herein all through out this thesis are absolute pressures. As seen in Fig. 
4.2, compression by the first stage MR compressor from 2 bar to intermediate pressure at 9.3 
bar, the intermediate pressure is optimized by writing a small source code in PRO/II to find it. 
This is to minimize power consumption from the two compressors: COM1 and COM2. The 
hot discharge MR gas is cooled by condenser to 30 oC, 5 degree higher than ambient. At this 
temperature and pressure, MR flow (S17a) is a composition. Then it is separated at a 
separation tank to be vapor and liquid. After that, the vapor (S17b) is compressed by the 
second stage MR compressor. And the liquid from the separation tank at intermediate 
pressure (S17c) is pumped to mix with high pressure discharge (S18).  
6.   Finally, a suitable composition for the MR mixture and the flow rate should be determined: 
This is also found from trial and error. This step is more complex, e.g., up to a 10-component 
composition is needed for the large-scale plant’s process. 
 
Previously, Chapter 2 is the design and simulation of a small-scale test rig. The new, optimized 
MR has been particularly modified for large-scale processes with heat conversion by catalysts 
and has the following composition: 1.2% hydrogen, 25.6% nitrogen, 13.6% methane, 15.2% R14, 
10% ethane, 10% propene, 5.8% propane, 1.0% Ibutane, 1.0% butane, and 10.8% pentane by 
mole. A better efficiency is attained when neon is replaced with 1.2% hydrogen. All of these 
results were determined from trial and error by the simulation in PRO/II. In fact, the catalysts 
should be filled inside of the heat exchangers to improve efficiency, but this cannot be simulated 
in the PRO/II software. There is a liquid separator, LIQ3, that acts as a buffer to maintain enough 
volatile components, such as nitrogen, methane, R14, and hydrogen (or not). They are almost in 
the liquid phase after expansion at stream 32 (S32). If they are not charged enough, the HX3 will 
not be able to cool the hydrogen gas to the designed value at −193 oC. There will not be enough 
of the volatile component to cool down the HX3. If they are charged too much, there is no 
problem; they will be kept in the liquid phase while in operation at LIQ4. Moreover, there is no 
energy loss from having the liquid separator, LIQ3. A surge drum acts as a buffer to keep liquid 
MR refrigerant when the plant stops for maintenance and to protect MR compressors while in 
operation. The simulation’s net power, Aw  is 1.36 kWh/kgLH2 in comparison to the ideal of 0.51 
kWh/kgLH2. In Fig. 4.2, electricity consumptions for the cooling loads due to water pumps and 
air-cooled fans in the after coolers and evaporative condensers are very relatively small compared 
to compressors and expanders. However, they are assumed to be around 5% of power consumption 
from compressors as calculated in Table 4.9. From the simulation’s calculations, the second law 
analysis was conducted. The exergy losses are dissipated mainly through the following 
components: compressors 55%, evaporative condenser 19%, heat exchangers 18%, expanders 
5%, mixers 1%, and liquid separator 1% as calculated in Table 4.6. In fact, the loss due to 
evaporative condenser may not be included because it seems not important to know. It is 
impossible to avoid all those losses aforementioned. However, this proposed MR cycle is the best 
system in comparison to the nitrogen, helium, and propane refrigeration systems, as shown in 
Table 4.1. 
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The proposed MR system is quite mature now with respect to process configuration. A little more 
research is needed for small improvements. This is just a preliminary design; it is not really a real 
one. More information from future studies on the MR 10-component composition or the more 
complex compositions is needed to better simulate the size of each MR heat exchanger. The 
information is as follows: 
 
x The temperature of each pre-cooled hydrogen gas stream that leaves each heat exchanger, 
e.g., HX1, HX2, and HX3 from the experiment. Those temperatures depend on the 
information below. 
x The optimized MR composition for the complex composition from the test rig 
experiment. 
 
4.2.4. Cooling the feed equilibrium hydrogen gas from −193 oC to −253 oC by the four H2 
Joule-Brayton cycle refrigeration system 
 
Initially, Brayton Quack’s (2002) together with Valenti and Macchi’s (2008) helium systems with 
optimized discharge and suction pressures were selected by a preliminary test run in PRO/II. 
However, from trial and error, it was found that replacing helium with hydrogen as a refrigerant 
in the four J-B cycle system that was proposed by Valenti and Macchi (2008) is better than 
helium when cooling hydrogen gas from −193 oC to −253 oC. One disadvantage of helium is the 
high discharge temperature when it is compressed, which is due to the lower heat transfer 
properties. Hydrogen has much better heat transfer properties than helium. For that reason, the 
size of the heat exchangers will be smaller. In addition, the power consumption from the 
compressor is less when using hydrogen because of less mass flowrate compared to helium. To 
cool hydrogen from −243 oC to −253 oC, the hydrogen Brayton cycle is better. Currently, all 
large-scale plants use hydrogen refrigeration systems; nobody uses helium. Thus, it is 
recommended to use hydrogen. To improve efficiency, the four cycles may also be replaced by 
up to six cycles: −193 to −203 oC, −203 to −213 oC, −213 to −223 oC, −223 to −233 oC, −233 to 
−243 oC, and −243 to −253 oC. However, it’s not recommended that a larger number of heat 
exchangers results in a greater exergy loss; there will be more compressors and the system will be 
more complicated; thus, having only four cycles is enough. The choice of pressure levels or 
temperature levels in the hydrogen J-B cycle sub plant is all from trial and error to get optimum.  
 
A better flow sheet was found and simulated in PRO/II as depicted in Fig. 4.2, some improved 
modification by trial and error to get optimum at all compressors. It is made to be different from 
the previously proposed cycle described in Fig. 2, PRO/II simulation flow sheet for the proposed 
large-scale 100-TPD LH2 plant with MR and four H2 Joule-Brayton cascade cycles, on Krasae-in 
et al (2010) as explained below: 
 
x In Fig. 4.2, there is integration of heat exchangers of the “four hydrogen J-B cycles” to the MR 
cycle. This is to make sure that all discharges: S9d, S10d, S11d, and S12d of the high side 
pressures at the “four H2 J-B cycles” are cooled down to −193 oC and all the returns: S9o, 
S10m, S11k, S12i of the low side pressures are realistic temperatures at approximately 0−10 oC 
before suction to all hydrogen compressors. The MR refrigeration cycle does very good job 
efficiently to bring heat from −193 oC source to 25 oC atmosphere. Then, the further cooling of 
feed hydrogen gas by the new improved system as proposed in Fig. 4.2 from −193 oC down to 
−253 oC would be realistic. This is importantly why the new proposed cycle is superior to the 
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old flowsheet.   
x The proposed 5- or 10-component composition can be used with quite the same result. The 
MR flow rate which can be noticed from S18 or S19 is 36.11 kg/s to cool MR heat 
exchangers: HX1, HX2, and HX3. There is additional heat transfer from hydrogen gas flows 
in the new proposed “four H2 J-B cycles”.  
x It is very important to note here that every MR heat exchanger and every hydrogen heat 
exchanger must be realistic high effectiveness heat exchangers to specify 3 oC temperature 
difference at the cold and hot end in the heat exchangers. It is especially those at the four H2  
J-B cycles to obtain overall cycle to be realistic high efficient hydrogen liquefaction plant. 
But HX1, HX2, and HX3 don’t need to be big because they are designed for the real size heat 
exchangers that 5−10 oC temperature difference at the cold and hot end in the heat 
exchangers. For that reason, the heat exchangers need to be big. It is repeated here that high 
efficient hydrogen liquefaction plant must have every high effectiveness heat exchanger 
resulting in the big size of every heat exchanger. Therefore, the proposed high efficient 
hydrogen cycle might have smaller or bigger heat exchangers than today conventional plant 
especially when comparing to the pre-cooled Claude cycles as depicted in Fig. 1.4, Process 
flow sheet of hydrogen liquefaction plant in Leuna, in Chapter 1. It depends. According to the 
figure, the cycle with given temperatures and pressures, e.g., 32 bar at high, 9 bar at 
intermediate, and 1.1 bar at low stages are the input for simulation at PRO/II. The outcome is 
that the pre-cooled Claude cycles use high flowrate hydrogen gas to circulate in order to take 
heat resulting in high power consumption of low-stage and high-stage hydrogen compressors. 
The system uses hydrogen cycles to cool feed hydrogen gas from −193 oC to −253 oC; the 
proposed four H2 J-B cycles are quite the same, the differences are the high effectiveness of 
heat exchangers and the four instead of three Joule-Brayton cycles. Thus hydrogen flowrates 
in the proposed four H2 J-B cycles are less resulting less energy consumption.  
x In Fig. 4.2, there are only four cycles of the H2 J-B cycle to cool feed hydrogen from −193 oC 
to −253 oC. This is because from trial and error in the software, five or a little more cycles 
consume quite the same power consumption; this is due to the fact that more cycles mean 
more numbers of compressors and heat exchangers that generate more irreversibilities. As 
seen in Fig. 4.2, no direction solution about the arrangement of each H2 J-B cycle, 
temperatures, and pressures. It is all about trial and error to get optimum at the power 
consumption of hydrogen compressor. The design and arrangement of HX4, HX5, and HX6 
is that the expansion of hydrogen gas at EX4, EX5, EX6 to lower down the tempeatures of 
the gas to cool down all streams to designed values that flowing and leaving HX4, HX5, and 
HX6; this is of course as the rule, all expanded streams: S9h, S10g, S11f, and S12e are below 
inversion curve and have positive Joule Thompson’s effect. 
x It is impossible to have only one or two H2 J-B cycles to cool feed hydrogen from −193 oC to 
−253 oC. This is because the return cooling hydrogen gas to cool down feed hydrogen in each 
cycle has higher temperature to further cool normal hydrogen gas at regenerator for obtaining 
Joule-Brayton cycle possible. 
x In Fig. 4.2, proposing the system with two or three H2 J-B cycles are possible but that will 
look like somewhat presenting quite the same cycle as Leuna’s. As depicted in Fig. 1.4, 
Process flow sheet of hydrogen liquefaction plant in Leuna, the Leuna system has high, 
intermediate, and low H2 J-B cycles which are well arranged to eliminate the numbers of 
stages those have a lot of heat exchangers and compressors. This is by coupling all together in 
a whole operated and compressed by less numbers of low side and high side hydrogen 
compressors. However, by trial and error in simulation in PRO/II, the system like this must 
  
78 
have higher hydrogen flowrates with small size hydrogen heat exchangers. Thus, it consumes 
more power consumption.  
x The arrangement of compressors that two stage compression of both MR and H2 J-B cycles is 
enough because three stage compression yields only slight improvement for this size of the 
plant. 
x The intermediate pressures at streams (at S9p, S10, S11l, and S12j) in Fig. 4.2 by two-stage 
hydrogen compression are optimized and found by writing a small source code in PRO/II. 
This is to minimize power consumption from the two low-stage and high-stage compressors. 
 
Finally, the feed hydrogen gas at −253 oC is depressurized by the expander from 21 bar to 1.3 
bar. By simulation, this is a 100% yield 95% p-LH2. But in reality there might be a small fraction 
of vapor, thus 99% liquid (stream 8h) and 1% vapor (stream 8g) is assumed. Actually, para 
content at 95% of LH2 output is enough to be kept for use, the same as Ingolstadt plant’s. If it is 
more than this value, more conversion energy is needed which is not necessary. By doing this, the 
last heat exchanger must be designed to cool the hydrogen to the lowest possible temperature, 
e.g., near −253 °C, so there is no vapor fraction after the expansion at the last expander. A small 
ejector is recommended to recover p-GH2 from the storage tank (LIQ4), the same as the plant in 
Leuna. In short, the sum of the simulation’s net power, Bw , for the proposed system is 3.39 
kWh/kgLH2 in comparison to the ideal of 2.38 kWh/kgLH2. According to the second law analysis, 
the exergy losses are dissipated through the following: compressors 24%, expanders 28%, heat 
exchangers 38%, and evaporative condensers 10% as calculated in Table 4.6. Exergy losses are 
much especially at expanders that two-stage expanders might be used. The losses due to 
evaporative condensers may also not be included because it seems not important to know. This 
proposed four H2 Joule-Brayton cycle system is the best compared to the nitrogen and helium 
refrigeration systems, as shown in Table 4.1. However, if anyone has suggestions or different 
opinions for more improvement, they can be proposed later. Unfortunately, the proposed four H2 
Joule-Brayton cycle system is still not the best; each H2 Joule-Brayton cycle system is the Linde-
Hampson system, which is the world’s first air liquefaction system, but with the expander to 
replace the J-T valve for work recovery. Moreover, the helium-refrigerated or hydrogen-
refrigerated hydrogen systems may be good as well. However, the system with pre-cooling needs 
an additional nitrogen pre-cooled system that makes the overall system complicated due to the 
additional compressors and heat exchangers for the nitrogen liquefaction system. The Claude 
system may also be good since it has a compressor power reduction around 5−10%, which was 
found in a preliminary test run in PRO/II; however, a greater number of heat exchangers and a 
high-priced expander are needed. For simplicity, it can be a J-T valve instead of an expander. 
Thus, it depends on the overall liquefier’s size, suitability, cost, etc. The proposed system (see 
Fig. 4.2) is an optimistic preliminary design process. However, it is still not very mature. The 
designer should take this into account when in the design process. Finally, more time and work is 
needed to find the best system to cool hydrogen gas from −193 oC to −253 oC. In short, it is 
possible to obtain a cycle that has a better efficiency than what is mentioned. However, a better 
efficiency means a more complicated and more expensive system. Thus, the following information 
is needed to design the real plant: machinery from the manufacturers, cost of the materials, size 
of the heat exchangers, and so on. 
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4.3. Optimal operation of the new modified proposed large-scale 100-TPD LH2 
plant   
 
For the review of literature, there are some interesting papers about optimization of MR cycle 
recommended to read for understanding, for example: Alabdulkarem et al (2011) and Tak et al 
(2011) explain how to optimize MR cycles with different pinch temperatures. Nogal et al (2008) 
gives an idea how to optimize the MR composition showing no crossovers or minimum 
temperature approach violations, that the hot and cold temperature profiles (composite curves) 
are checked for feasibility. Jensen and Skogestad (2006) propose a method how to optimize MR 
cycle. 
 
This section contains a preliminary study on the optimum operation of a proposed cycle as the 
flow sheet given in Fig. 4.2. The optimization’s idea of mixed refrigerant cycle in this chapter is 
from Jensen (2006) who studied about the optimum operation of refrigeration and LNG 
processes. The optimization model is solved on the platform of commercial software PRO/II 
mostly by trial-and-error and some with small source-code program writing through the internal 
software’s calculator and an optimizer. 
 
4.3.1. Objective function 
 
The objective function for optimal operation is simpler than for optimal design, discussed by 
Jensen (2006), because the investment costs, the capital costs, and others are not considered. The 
simplified cost function to reduce total compressor consumption to be minimized then becomes: 
 
SWmin  
subject to  feedm  given (or  2GHm given = 1.157 kg/s) 
0dc  
 
Here, SW  is the sum of all compressor powers (kW): COM1, COM2, COM3, COM4, COM5, 
COM6, COM7, COM8, COM9, and COM10 shown in Fig. 4.2. 0dc  represents the 
mathematical formulation of the operational constraints and the model equations. And feedm  is 
maintained at the nominal feed rate. 
 
4.3.2. Nominal conditions 
 
Feed hydrogen gas stream: 
x Feed: normal hydrogen gas enters with P = 21 bar and T = 25 oC after gas 
purification equivalent to the feed at Ingolstadt plant by Bracha et al (1994). 
Nominal flow rate (S3) is 100 TPD = 100,000 kg/24 hours =  4,166 kg/hour = 
1.157 kg/s. 
x Product: 95% para-liquid hydrogen is at P = 1.3 bar and T = −253 oC equivalent to 
the product at Ingolstadt plant by Bracha et al (1994). 
 
MR cycle: 
  
80 
x The mixed refrigerant vapour to the suction of low-stage MR compressor (COM1) 
is super-heated 0−10 oC because this usually happens in real case in refrigeration 
system. 
x Pressure drops inside HX1, HX2, and HX3 are assumed to be zero because the 
information about design criteria of all heat exchangers is not known. And it is 
assumed to be not much significant. 
 
Four H2 J-B cycles: 
x In every hydrogen compressor after discharge, the hydrogen gas is cooled to 25 oC 
atmospheric temperature either by air-cooler or evaporative condenser (assumed 
maximum cooling). 
x Pressure drops inside HX1, HX2, HX3, HX4, HX5, HX6, and HX7 are assumed 
to be zero because the information about design criteria of all heat exchangers is 
not known. It is also assumed to be not much significant. 
 
The SRK equation of state is used both for feed GH2, the mixed refrigerant in MR cycle, and the 
GH2 in four H2 J-B cycles. The heat exchangers are distributed models with constant heat transfer 
coefficients. All MR and hydrogen compressors are isentropic with 90% constant efficiencies. 
 
For the equation of state, SRK was selected for use in this PRO/II simulation package because of 
the reason aforediscribed. It is used both for feed GH2, the mixed refrigerant in MR cycle, and the 
GH2 in four H2 J-B cycles. The accuracy of this model was vertified and explained.  Moreover, 
SRK model was used by Hammer et al (2003), Jensen (2008), Myklebust (2010), and Nogal et al 
(2008) in design, simulation, and optimization of multi-component system in LNG processes. For 
all aforementioned, SRK in PRO/II are used to predict the trend what happens in the rig and the 
simulation large-scale plant. The other popular Peng-Robinson equation of state gives quite 
similar results. The heat exchangers are distributed models with constant heat transfer 
coefficients. All MR and hydrogen compressors are isentropic with 90% constant efficiencies. 
 
4.3.3. Manipulated variables 
 
For the cycles, the number of manipulated variables are the number of compressors and valves 
plus one active charge for each cycle. 
 
From the discussion aforementioned it is found that there are 23 manipulated variables: 
 
MR cycle: 
x MR compressor powers: COM1, and COM2. 
x 3 expander openings: EX1, EX2, and EX3. 
x MR compositions. 
x 1 active charge. 
 
Four H2 J-B cycles: 
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x Hydrogen compressor powers: COM3, COM4, COM5, COM6, COM7, COM8, 
COM9, and COM10. 
x 4 expander openings: EX4, EX5, EX6, and EX7. 
x 4 active charges (one for each cycle). 
 
In actual commission and operation of real large plant, openings of MR 3-expanders/valves and 
the MR active charge will result in the control of low side (S17) and high side (S18) pressures of 
MR cycle. Openings of J-B 4-expanders/valves and the J-B active charge will result in the control 
of low side and high side pressures of each H2 J-B cycle. In the PRO/II software, pressures can be 
controlled by setting values at the outlets of compressors and expanders. The increase in MR 
flowrate at S19 in PRO/II will increase MR compressor powers: COM1, and COM2. And 
adjusting the increase in hydrogen flowrate in PRO/II of each H2 J-B cycle will increase 
hydrogen compressor powers: COM3, COM4, COM5, COM6, COM7, COM8, COM9, and 
COM10. 
 
The active charge is defined as the total mass accumulated in the process equipment in the cycle, 
mainly in the condenser and evaporator, but excluding any adjustable mass in liquid 
receivers/accumulators (tanks). 
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Fig. 4.2 – PRO/II simulation flow-sheet for the new modified proposed large-scale 100-TPD LH2 
plant utilizing MR and four hydrogen Joule-Brayton refrigeration cycles. 
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4.3.4. Constraints during operation 
 
There are 26 constraints must be satisfied during operation: 
 
Feed hydrogen gas stream: 
x Feed: normal hydrogen gas (S3) enters with P = 21 bar and T = 25 oC. 
x Feed hydrogen gas temperature leaving HX3 cooled by MR cycle at T = −198 oC. The 
reason to specify this temperature in simulation is because from preliminary 
experimental experience by the author as stated in Chapter 3, the MR cycle at the rig 
could cool hydrogen gas to -180 oC even though it was not every well adjusted to 
achieve lower temperature. The mixture still lacked hydrogen and nitrogen to achieve 
the desired −198 oC. Thus specifying near at −198 oC would be possible in reality. 
x Product: 95% para-liquid hydrogen (S8h) is at P = 1.3 bar and T = −253 oC. 
 
MR cycle: 
x The mixed refrigerant vapour (S17) to the suction of low-stage MR compressor (COM1) 
is superheated 0−10 oC to avoid the damage in compressor because this value usually 
happens in real case in refrigeration systems. 
x The temperature after the refrigerant condenser (S18 or S19) is 25 oC by assuming that 
it is very good evaporative condenser heat exchanger. Price and Mortko (1996) report 
29 oC and 32 oC, respectively.  
x Heat exchanger minimum approach temperature for HX1 and HX2 is: 5 oC d minT'  d  10 
oC.  
x Heat exchanger minimum approach temperature for HX3 only at location between S7 and 
S32 is:  ' minT  3 oC. 
 
Four H2 J-B cycles: 
x Hydrogen vapour (S9o, S10m, S11k, and S12j) to the suction of low-stage hydrogen 
compressors (COM3, COM5, COM7, and COM9) is between 0−10 oC because this 
usually happens in real case in refrigeration systems. 
x The temperature after the refrigerant condenser (S9a, S10a, S11a, and S12a) is 25 oC 
by assuming that it is very good heat exchanger. 
x Heat exchanger minimum approach temperature for HX1, HX2, and HX3 is: 5 oC 
d minT' d  10  oC. 
x Heat exchanger minimum approach temperature for HX4, HX5, and HX6 is  ' minT  3 
oC. 
x Heat exchanger minimum approach temperature for HX7 only at loation between S8e and 
S9h is:  ' minT  3 oC.  
 
According to Jensen (2006), there are two methods in design of processes with heat exchangers. 
The one common method is specifying minT' for individual heat exchangers. The other 
alternative recommended is the simplified Total Annualized Cost (TAC). However TAC method 
is complicated that it needs to know overall heat transfer coefficients and exact heat exchangers’ 
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sizes which is the research of the future work. It is impossible at this preliminary optimization 
work. Thus, minT'  method is preferred to mention here.    
 
The idea is that the heat exchanger minimum approach temperature, minT' , gives a balance 
between low operating cost (favored by low minT' ) and low capital cost (favored by high minT' ). 
A small value of minT'  means that a lot of the energy is recovered, but it requires a large heat 
exchanger. On the other hand, a larger value of minT'  requires less area, but the outlet 
temperature will be higher and less energy is recovered; thus the higher refrigerant flows is 
needed resulting in higher energy consumption from compressors. There is rule of thumb for the 
value of minT'  such as Turton et al (2002, p.250) recommends 10 oC for fluids and 5 oC for 
refrigerants. It is very important to note that heat exchanger effectiveness must get close to unity 
as recommended by Barron (1966, p.155). This means almost perfect heat exchanger is needed 
when designing cryogenic system. It reflects the exergy loss and overall cycle efficiency. 
 
The reason to arbitrary avoid specifying minT' in the temperature within the range 1−2 oC for the 
constraints aforementioned because the heat exchanger sizes will be very big. This is to make the 
proposed cycle possible in realistic. It also doesn’t exaggerate the report of good efficiency of the 
proposed plant. It is except the locations at HX3 (between S7 and S32) and HX7 (S8e and S9h). 
Because, by simulation, it is difficult about the control to further lower down the temperatures of 
cooling streams (S32 and S9h) by further lower expansion pressures. However, if the plant owner 
doesn’t care about the construction cost due to the big size of heat exchangers, thus specifying 
minT' in the temperature range 1−2 oC for all heat exchangers will result in a great deal of improved 
overall plant energy efficiency. However, that’s not realistic.  
 
4.3.5. Unconstraints during operation 
 
Below are variables that can be designed, optimized, and controlled while making simulation in 
PRO/II software, but they can’t be controlled to be exact during operation of the real-large plant due 
to discrepancy of simulation from real case: 
 
Feed hydrogen gas stream: 
x Feed hydrogen gas temperatures cooled by MR cycle after leaving HX1 and HX2. 
       
      This can be noticed at the differences of simulation from experiment on Chapter 3. 
 
      MR cycle: 
x MR streams’ temperatures subcooled after leaving HX1, HX2, and HX3. 
 
Four H2 J-B cycles: 
x Hydrogen gas streams’ temperatures after leaving HX4, HX5, HX6, and HX7. 
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4.4. Optimization results 
 
In this section, total compressor consumption is optimized by variables aforementioned to locate 
the optimal operation of a given hydrogen flowrate of LH2 plant. Some key values are given in 
Tables 4.3, 4.4, and 4.5 which are the simulation data of Fig. 4.2. 
 
Some remarks: 
 
x The total shaft work from all compressors is 25,190 kW. 
x The optimal GH2 temperatures out of HX1, HX2 and HX3 are: −46 oC, −103 oC, and 
−198 oC respectively. 
x The proposed refrigerant is a mix of 4% hydrogen, 18% nitrogen, 24% methane, 28% 
ethane, and 26% butane by mole.  
 
The mixed refrigerant composition mentioned above is chosen so that it has an evaporation curve 
that matches the cooling curve of the pre-cooled hydrogen gas with minimum temperature 
difference. Small temperature difference reduces entropy generation; it improves thermodynamic 
efficiency and reduces power consumption (Townsend, 1983). Usually refrigerant compositions 
selection has been done by trial-and-error and guided only by heuristics (Lee, 2002). 
 
The proposed simplified 5-component composition from trial and error is adjusted to match the 
cooling curve of feed hydrogen gas. It is similar to output of a proposed 10-component composition: 
1.2% hydrogen, 25.6% nitrogen, 13.6% methane, 15.2% R14, 10% ethane, 10% propene, 5.8% 
propane, 1.0% Ibutane, 1.0% butane, and 10.8% pentane. The total power consumption from MR 
compresors due to the 10-component composition is quite the same as the 5-component composition. 
Therefore, the proposed 5-component composition is selected for the large-scale plant instead of the 
possible complicated 6- to 10- or more-component compositions because of its simplicity reason. 
 
Fig. 4.3 shows adapted h-T curves for the new proposed 5-component composition in the 
proposed large-scale plant. Fig. 4.4 shows adapted h-T curves for the 10-component composition 
that maybe used in the proposed large-scale plant. With a chosen MR flowrate, the MR 
compositions as variables are chosen from trial and error to have positive temperature difference 
(as constraints) everywhere all along the curves between the hot streams (“Subcooled MR” and 
“Feed GH2”) and the “Cold MR” stream. Minimum approach temperature differences at the hot 
and cold ends of all the three MR heat exchangers are also the constraints. Both Figs. 4.3 and 4.4 
have quite similar curves that have all positive difference between the hot and cold streams but 
the complex 10-component composition has smoother curves. 
 
The assumption in this section is the same as in Table 4.2 except that all compressor efficiencies 
are assumed to be 90% similar to actual large-scale machinery. No pressure drop in all heat 
exchangers are still assumed here. Because it is considered to be small and not significant in 
actual system.  
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In Table 4.3, MR compressors’ total power is 5,896 kW from COM1 and COM2. Total power of 
hydrogen compressors in the four H2 J-B cycles is 19,294 kW which is the sum of COM3, 
COM4, COM5, COM6, COM7, COM8, COM9, and COM10. Total miscellaneous power 
consumption from all pumps and fans in cooling towers, air condensers, and others is 1,100 kW. 
It is estimated around 5% the same as in Fig. 1.2, The location of Linde LH2 in Ingolstadt, in 
Chapter 4 from overall plant energy consumption. Thus, energy consumption of MR cycle is 1.38 
kWh/kgLH2 and the four H2 J-B cycles is 4.24 kWh/kgLH2. At last, the overall plant energy 
consumption is 5.91 kWh/kgLH2. 
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Table 4.3 – Simulation data of the system’s energy 
consumption in Fig. 4.2. 
MR compressors’ power          = 5,896    kW 
Hydrogen compressors’ power = 19,294  kW 
Expanders’ total power = 1,245    kW   
Miscellaneous = 1,100    kW 
Overall cycle energy consumption       
= 5.91      kWh/kgLH2   
 
Table 4.4 – Simulation data of the modified proposed MR cycle.
Stream 
number 
Pressure Temp. Flow 
rate 
Specific 
enthalpy 
Specific 
entropy 
Phase Description P  T  m  h  s  
(bar) (oC) (kg/s) (kJ/kg) (kJ/kg- oC) 
3 21 25 1.157 175.87 76.12 Superheated vapor H2 cool gas 
4 21 -46.00 1.157 -837.64 72.23 Superheated vapor H2 cold gas 
4a 21 -46.00 1.157 -552.78 75.14 Superheated vapor H2 cold gas 
5 21 -103.00 1.157 -1,377.43 70.95 Superheated vapor H2 cold gas 
5a 21 -103.00 1.157 -1,373.83 70.98 Superheated vapor H2 cold gas 
7 21 -198.00 1.157 -2,776.45 58.84 Superheated vapor H2 cold gas 
7a 21 -194.75 1.157 -2,183.80 61.75 Superheated vapor H2 cold gas 
7b 21 -213.15 1.157 -2,481.86 57.42 Superheated vapor H2 cold gas 
17 2 15.00 36.11 317.25 9.12 Superheated vapor MR cool gas 
17a 6 25.00 36.11 327.80 8.89 Superheated vapor MR cool gas
17b 6 25.00 36.11 327.80 8.89 Superheated vapor MR cool gas 
17c 6 25.00 0.00 - - - -
18 18 25.00 36.11 220.82 8.28 Saturated liquid MR cool liquid 
19 18 25.00 36.11 220.82 8.28 Saturated liquid MR cool liquid
20 18 25.00 26.49 279.01 8.71 Saturated vapor MR cool gas 
21 18 25.00 9.62 60.61 7.08 Saturated liquid MR cool liquid
22 18 -46.00 9.62 -105.59 6.446 Compressed liquid MR cool liquid 
23 2 -50.86 9.62 -108.80 6.450 Mixture MR cold mixture 
24 18 -46.00 26.49 -35.79 7.52 Mixture MR cold mixture 
25 18 -46.00 13.258 51.66 8.536 Saturated vapor MR cool gas 
26 18 -46.00 13.235 -123.403 6.502 Saturated liquid MR cool liquid
27 18 -103.00 13.235 -215.557 5.853 Compressed liquid MR cool liquid 
28 2 -106.62 13.235 -254.48 5.857 Mixture MR cold mixture 
29 18 -103.00 13.258 -198.98 7.257 Mixture MR cold mixture 
31 18 -198.00 13.258 -579.402 4.125 Mixture MR cold mixture 
32 2 -201.08 13.258 -585.116 4.145 Mixture MR cold mixture 
34 2 -111.04 13.258 -113.33 8.408 Mixture MR cold mixture 
35 2 -107.10 26.49 -183.84 7.142 Mixture MR cold mixture 
36 2 -55.71 26.49 50.136 8.383 Mixture MR cold mixture 
37 2 -54.96 36.11 7.785 7.868 Mixture MR cold mixture 
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Table 4.5 – Simulation data of the modified proposed four H2 Joule-Brayton cycles.
Stream 
number 
Pressure Temp. Flow 
rate 
Specific 
enthalpy 
Specific 
entropy 
Phase Description P  T  m  h  s  
(bar) (oC) (kg/s) (kJ/kg) (kJ/kg- oC) 
8a 21 -233.00 1.157 -2,618.52 48.45 Supercritical H2 cold liquid 
8b 21 -232.47 1.157 -2,470.36 48.28 Supercritical H2 cold liquid
8c 21 -243.00 1.157 -2,858.25 38.15 Superheated vapor H2 cold liquid 
8d 21 -243.00 1.157 -2,752.54 37.46 Superheated vapor H2 cold liquid 
8e 21 -253.00 1.157 -2,969.72 28.79 Superheated vapor H2 cold liquid
8f 21 -253.71 1.157 -3,023.10 28.88 Mixture: 99% liquid H2 mixture 
8g 21 -253.71 0.001 -2,509.85 53.07 Superheated vapor H2 cold gas 
8h 21 -253.57 1.156 -2,993.99 28.79 Superheated vapor H2 cold liquid 
9a 2.2 25.00 2.099 171.35 85.44 Superheated vapor H2 cold gas 
9b 2.2 -46.00 2.099 -834.67 81.59 Superheated vapor H2 cold gas 
9c 2.2 -103.00 2.099 -1,639.41 77.51 Superheated vapor H2 cold gas 
9d 2.2 -198.00 2.099 -2,984.25 65.94 Superheated vapor H2 cold gas 
9e 2.2 -213.00 2.099 -3,198.23 62.76 Superheated vapor H2 cold gas 
9f 2.2 -233.00 2.099 -3,486.78 56.92 Superheated vapor H2 cold gas 
9g 2.2 -243.00 2.099 -3,635.08 52.67 Superheated vapor H2 cold gas 
9h 0.25 -254.92 2.099 -3,785.10 54.85 Superheated vapor H2 cold gas 
9i 0.25 -246.55 2.099 -3,665.38 60.26 Superheated vapor H2 cold gas 
9j 0.25 -235.90 2.099 -3,514.26 66.04 Superheated vapor H2 cold gas 
9k 0.25 -214.26 2.099 -3,208.21 71.52 Superheated vapor H2 cold gas 
9l 0.25 -197.79 2.099 -2,975.71 75.00 Superheated vapor H2 cold gas 
9m 0.25 -111.04 2.099 -1,751.82 85.81 Superheated vapor H2 cold gas 
9n 0.25 -55.71 2.099 -971.53 89.95 Superheated vapor H2 cold gas 
9o 0.25 15.07 2.099 29.32 93.93 Superheated vapor H2 cold gas 
9p 0.8 25 2.099 171.03 89.66 Superheated vapor H2 cold gas 
9q 2.2 115.23 2.099 1,470.10 89.25 Superheated vapor H2 cold gas 
10a 20 25.00 2.240 175.62 76.32 Superheated vapor H2 cold gas 
10b 20 -46.00 2.240 -835.48 72.44 Superheated vapor H2 cold gas 
10c 20 -103.00 2.240 -1,647.62 68.32 Superheated vapor H2 cold gas 
10d 20 -198.00 2.240 -3,033.84 56.35 Superheated vapor H2 cold gas 
10e 20 -213.00 2.240 -3,270.18 52.84 Superheated vapor H2 cold gas 
10f 20 -233.00 2.240 -3,657.11 43.95 Superheated vapor H2 cold gas 
10g 6 -245.04 2.240 -3,759.49 44.85 Superheated vapor H2 cold gas 
10h 6 -235.90 2.240 -3,561.73 51.14 Superheated vapor H2 cold gas 
10i 6 -214.26 2.240 -3,232.07 58.14 Superheated vapor H2 cold gas 
10j 6 -197.80 2.240 -2,992.14 61.73 Superheated vapor H2 cold gas 
10k 6 -111.04 2.240 -1,755.22 72.67 Superheated vapor H2 cold gas 
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Table 4.5 (Cont.) – Simulation data of the modified proposed four H2 Joule-Brayton cycles.
Stream 
number 
Pressure Temp. Flow 
rate 
Specific 
enthalpy 
Specific 
entropy 
Phase Description P  T  m  h  s  
(bar) (oC) (kg/s) (kJ/kg) (kJ/kg- oC) 
10l 6 -55.71 2.240 -972.26 76.82 Superheated vapor H2 cold gas 
10m 6 15.07 2.240 30.44 80.82 Superheated vapor H2 cold gas 
10n 11.82 25.00 2.240 173.58 78.30 Superheated vapor H2 cold gas 
10o 20 74.05 2.240 881.68 78.51 Superheated vapor H2 cold gas 
11a 40 25.00 1.736 181.06 73.43 Superheated vapor H2 cold gas 
11b 40 -46.00 1.736 -835.26 69.54 Superheated vapor H2 cold gas 
11c 40 -103.00 1.736 -1,654.87 65.38 Superheated vapor H2 cold gas 
11d 40 -198.00 1.736 -3,083.13 53.00 Superheated vapor H2 cold gas 
11e 40 -213.00 1.736 -3,344.42 49.11 Superheated vapor H2 cold gas 
11f 6 -236.72 1.736 -3,575.15 50.77 Superheated vapor H2 cold gas 
11g 6 -214.26 1.736 -3,232.07 58.14 Superheated vapor H2 cold gas 
11h 6 -197.80 1.736 -2,992.14 61.74 Superheated vapor H2 cold gas 
11i 6 -111.04 1.736 -1,755.22 72.67 Superheated vapor H2 cold gas 
11j 6 -55.71 1.736 -972.26 76.82 Superheated vapor H2 cold gas 
11k 6 15.07 1.736 30.44 80.82 Superheated vapor H2 cold gas 
11l 16.18 25.00 1.736 174.65 77.19 Superheated vapor H2 cold gas 
11m 40 123.40 1.736 1,606.16 77.56 Superheated vapor H2 cold gas 
12a 40 25.00 1.232 181.05 73.43 Superheated vapor H2 cold gas 
12b 40 -46.00 1.232 -835.26 69.54 Superheated vapor H2 cold gas 
12c 40 -103.00 1.232 -1,654.87 65.38 Superheated vapor H2 cold gas 
12d 40 -198.00 1.232 -3,038.13 53.00 Superheated vapor H2 cold gas 
12e 14 -215.56 1.232 -3,286.24 53.90 Superheated vapor H2 cold gas 
12f 14 -197.80 1.232 -3,014.47 58.02 Superheated vapor H2 cold gas 
12g 14 -111.00 1.232 -1,759.04 69.14 Superheated vapor H2 cold gas 
12h 14 -55.73 1.232 -973.33 73.31 Superheated vapor H2 cold gas 
12i 14 15.05 1.232 31.79 77.31 Superheated vapor H2 cold gas 
12j 25.5 25.00 1.232 177.03 75.31 Superheated vapor H2 cold gas 
12k 40 71.18 1.232 847.99 75.51 Superheated vapor H2 cold gas 
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Table 4.6 – Calculation of exergy loss in each process’s component of the proposed 100-TPD H2 
liquefaction plant. 
Component Energy equation Exergy equation I

 
Percent 
loss 
(kW) % 
COM1 )( 17,17171, hhmW discCOMBH  
 
1,,17,17,1 COMBHdiscxxCOM WEEI    631.05 7.37 
COM2 )( 17,17172, bdiscbbCOMBH hhmW  
 
2,,17,17,2 COMBHdiscbxbxCOM WEEI   504.84 5.90 
COM3 )( 9,993, odiscooCOMBH hhmW  
 
3,,9,9,3 COMBHdiscoxoxCOM WEEI    181.85 2.12 
COM4 )( 9994, pqoCOMBH hhmW    4,9,9,4 COMBHqxpxCOM WEEI    200.25 2.34 
COM5 )( 10,10105, mdiscmmCOMBH hhmW  
 
5,,10,10,5 COMBHdiscmxmxCOM WEEI    357.41 4.17 
COM6 )( 1010106, nomCOMBH hhmW    6,10,10,6 COMBHoxnxCOM WEEI    100.20 1.17 
COM7 )( 11,11117, kdisckkCOMBH hhmW  
 
7,,11,11,7 COMBHdisckxkxCOM WEEI    286.99 3.35 
COM8 )( 1111118, lmkCOMBH hhmW    8,11,11,8 COMBHmxlxCOM WEEI    300.09 3.50 
COM9 )( 12,12129, idisciiCOMBH hhmW  
 
9,,12,12,9 COMBHdiscixixCOM WEEI    399.26 4.66 
COM10 )( 12121210, jkiCOMBH hhmW  
 
10,12,12,10 COMBHkxjxCOM WEEI    453.76 5.30 
EX1 123232222 EXWhmhm    123,22,1 EXxxEX WEEI    48.25 0.56 
EX2 228282727 EXWhmhm    228,27,2 EXxxEX WEEI    30.34 0.35 
EX3 332323131 EXWhmhm    332,31,3 EXxxEX WEEI    30.16 4.09 
EX4 49999 EXccbb Whmhm    412,12,4 EXexdxEX WEEI    350.21 7.78 
EX5 510101010 EXcbbb Whmhm    511,11,5 EXfxexEX WEEI    666.16 5.46 
EX6 611111111 EXccbb Whmhm    610,10,6 EXgxfxEX WEEI    467.52 10.00 
EX7 712121212 EXccbb Whmhm    79,9,7 EXhxgxEX WEEI    856.36 0.00 
EX8 88888 EXffec Whmhm    88,8,8 EXfxexEX WEEI    § 0.01 4.58 
EVAP1 
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
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
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
 

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
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
 
 316.06 1.98 
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Table 4.6 (Cont.) – Calculation of exergy loss in each process’s component of the proposed 100-TPD 
H2 liquefaction plant. 
Component Energy equation Exergy equation I

 
Percent 
loss
(kW) % 
EVAP4 
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
 

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  ¦¦
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151.75 6.67 
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571.22 2.17 
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11
  ¦¦
  
 
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
 
185.72 0.12 
LIQ1 212120201919 hmhmhm    )( 21,20,19,1 xxxLIQ EEEI    10.35 0.00 
LIQ2 262625252424 hmhmhm    )( 26,25,24,2 xxxLIQ EEEI    12.14 0.00 
LIQ3 33333232 hmhm      33,32,3 xxLIQ EEI  0 0.00 0.00 
MIXER1 373736362323 hmhmhm     37,36,23,1 xxxMIXER EEEI    0.33 0.00 
MIXER2 353534342828 hmhmhm     35,34,28,2 xxxMIXER EEEI    25.39 0.30 
Total 
 
totalI     8,563.00 100.00 
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Fig. 4.3 – Adapted h-T curves for the new proposed 5-component composition: 4% hydrogen, 18% 
nitrogen, 24% methane, 28% ethane, and 26% butane by mole in the proposed large-scale plant at: 
(a) HX1, (b) HX2, and (c) HX3. 
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Fig. 4.4 – Adapted h-T curves for the 10-component composition: 1.2% hydrogen, 25.6% nitrogen, 
13.6% methane, 15.2% R14, 10% ethane, 10% propene, 5.8% propane, 1.0% Ibutane, 1.0% butane, and 
10.8% pentane that maybe used in the proposed large-scale plant at: (a) HX1, (b) HX2, and (c) HX3. 
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4.5. Control structure design 
 
Section aforediscribed is the discussion about the optimum for the process that can be identified, 
but how should this optimum be implemented in practice? First the active constraints such as 
pressures and temperatures at locations depicted in Fig. 4.5 need to be controlled: 
x Low side pressures of MR cycle and each cycle of the H2 J-B system must be controlled 
to be exact according to simulated values such as at positions: S17, S9o, S10n, S11l, and 
S12j. The low side pressure must be low enough in order to produce low temperature after 
expansion at the expansion valve/expander. To do this, the active charge can be used. 
x High side pressures of MR cycle and each cycle of the H2 J-B system don’t need to be 
controlled to be exact, but just approximately around simulated values such as at 
positions: S18, S9a, S10a, S11a, and S12a. But the care should be handled that the higher 
discharge pressure, the higher compressor energy consumption. 
x Optimum intermediate pressure of each two-stage compression both MR and hydrogen 
compression such as at positions: S17a, S9p, S10n, S11l, and S12j.  
x The feed GH2 outlet temperature at S7 is attained at −198 oC: This is controlled by the 
right MR composition, enough active charge, right low and high side pressures, and 
enough MR flowrate in MR cycle to cool the GH2. 
x The cooling stream after expansion of each H2 J-B cycle, e.g., at positions: S9h, S10g, 
S11f, and S12e must be controlled approximately at the simulated temperature values as 
in Table 4.5. This is by controlling low side pressure and increasing flowrate of hydrogen 
by higher speed compressor in each cycle if required. 
 
Then, based on physical insight, the following variables may be suggested: 
 
x Compressor speeds to increase MR and hydrogen flowrate of each MR and H2 J-B cycle. 
Therefore, compressor power should be 10−20% over designed and the speed can be 
adjusted especially those belong to the H2 J-B cycles. This is to make sure that there is 
enough hydrogen in each cycle to cool the feed hydrogen gas from −198 oC to −253 oC. 
 
Assume maximum cooling in coolers after compression in every compressor. The ejector is to 
control pressure inside LH2 tank: If the pressure is higher than a set value, the hydrogen gas from 
LH2 tank will be pumped to mix with the hydrogen feed stream and cooled by HX7. The 
sequence of switching on the plant is by: first turning on the cooler pumps, then MR 
compressors, after that hydrogen compressors. Finally, if such simplified 5-component 
composition would be favourable for the MR-plant, there must be a discussion about the needed 
skills to keep the composition behaving well in practice. Chapter 3 explains about charging of the 
simplified 5-component MR-composition and doing the commissioning of the test rig. To keep 
the 5-component composition behaving well in practice for the MR-plant, the procedure should 
be the same as doing with the rig. The plant manager or maintenance engineer must have a 
quarterly or annually check-up. It depends on how much the leak. This can be done by reading 
the gas chromatography instrument measured at the suction of MR compressor if the composition 
is right. If not, manually charging will be performed with the missing component. However, the 
new proposed 5-component composition is nearly the same as the complex 10-component 
composition. Thus, it seems it is more suitable for the large-scale plant due to its simplicity. 
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Fig. 4.5 – Suggested control structure for the LH2 process. PC and TC are pressure and 
temperature controllers respectively. Pressure controller is on the low pressure side using the 
active charge in each cycle. 
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4.6. Pinch temperatures and pressure drops that affect plant power consumption 
 
The effect of pinch temperatures (PT, temperature differences at the cold ends of heat 
exchangers) on the H2 liquefaction plant power consumption were investigated. Mostly by trial-
and-error and some with the optimizer in PRO/II was run with two pinch temperatures: 
approximately 1 and 3 oC. Usually, most of current spiral wound heat exchangers found in world 
wide large-scale MR cycles used to liquefy natural gas have pinch temperature with a range as 
small as 1−3 oC (Hasan, 2009); at 3 oC is the most realistic. It is recommended that the design of 
H2 liquefaction plant’s heat exchangers would probably be the same. In contrast, low pinch 
temperature such as 0.01 oC represents extremely large heat exchangers that do not exist, thus it 
is not considered here. Alabdulkarem (2011) also found that there was little improvement with 
0.01 oC compared to the others’. While high pinch temperature, such as 5 oC or more, is not 
popular in cryogenic processes because of extremely high plant operating or energy consumption 
cost.  
 
Table 4.7 contains the simulation data with varied pinch temperatures for economic evaluation of 
different H2 liquefaction plants selection. Based case is particulary the PT specified in Section 
4.3.4 yielding in what simulated and detailed shown in Tables 4.3, 4.4, and 4.5. It is that PT for 
HX1, HX2, and HX3 is: 5 oC d minT' d  10  oC, but for HX4, HX5, and HX6 is:  ' minT  3 oC. This 
results in the plant power consumption at 5.91 kWh/kgLH2. New modifications are made to study 
the PT effect that while pinch temperature around 3 and 1 oC, the same in every heat exchanger; 
thus, the plant power consumption is reduced to be 5.2 and 5.0 kWh/kgLH2 respectively. In 
addition, for the near actual case prediction that pressure drop in all streams both MR and 
hydrogen flow passing each heat exchanger are assumed to be 0.1 bar. By guessing, it is 
approximately close to 1 bar for pressure drop (e.g. between lines S17−S19 in MR cycle together 
with S9a−S9o, S10a−S10m, S11a−S11k, and S12a−S12i in H2 J-B cycles) which is considered 
extremely high entirely in each MR cycle and H2 J-B cycle. This is assumed to be a huge size 
plant. Then, the plant power consumption will be 5.24,  5.56, and 6.29 kWh/kgLH2 as shown in 
Table 4.7. The conclusion here can be made that the pressure drops in all heat exchangers don’t 
have much significant impact on the overall plant total power consumption. In fact, the design, 
optimizing, and sizing of all heat exchangers must be performed by the expert to find the right 
pressure drop information, but that will be too complicated task for further work. Thus, 
preliminary prediction here would be compromised.    
 
Table 4.7 – Optimized total plant compressors power and overall plant total power consumption 
at different heat exchanger pinch temperatures.
Cycle 
Variables are flow rates at the streams of 
the proposed plant in Fig. 1, m (kg/s) Objective function 
Overall plant total power  
consumption (kWh/kgLH2) 
S19 S9a S10a S11a S12a 
Total compressors’  
power  consumption 
without pressure 
drop in HXs (kW) 
Without 
pressure 
drop in all  
HXs 
With 
assumed 
pressure 
drop in all  
HXs 
Based case  36.1 2.0 2.2 1.7 1.2 25,190 5.91 6.29 
Optimized, PT § 3 oC 25.2 1.9 2.1 1.7 1.2 21,863 5.20 5.56 
Optimized, PT § 1 oC 24.3 1.7 2.0 1.7 1.2 20,989 5.00 5.24 
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4.7. Comparison of the proposed system to Ingolstadt liquefier 
 
In Table 4.8, the types of hydrogen liquefiers are the following: 1. Ingolstadt system, 2. the 
proposed system (MR system + four H2 Joule-Brayton cycle system). The Ingolstadt system is 
from a paper by Kuz'menko et al (2004), Comparison of thermodynamic efficiencies with 
Ingolstadt liquefier. The proposed plant is from a simulation that is shown in Fig. 4.2. The 
system’s net power consumptions to cool n-GH2 from 25 oC to e-GH2 at −193 oC and then e-GH2 
at −193 oC to e-GH2 at −253 oC are Aw  = 1.38 and Bw  = 4.24 kWh/kgLH2, respectively. 
Therefore, the overall power is Aw + Bw = 5.91 kWh/kgLH2. Finally, the efficiency of the proposed 
plant is 50%, in comparison to the ideal liquefaction power of 2.89 kWh/kgLH2; this efficiency is 
a lot better than Ingolstadt’s, which is used as a reference (21.28%). Moreover, it is better than 
WE-NET’s hydrogen liquefaction project (Mitsugi et al, 1998) by Matsuda and Nagami (1998). 
However, Quack’s (2002), and Valenti and Macchi’s (2008) systems do not explicitly mention 
whether they have high efficiencies. If not, the proposed system is the most efficient. Therefore, 
the proposed system has a great potential for improvement and can be used as a reference for 
future hydrogen liquefaction plants. 
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Table 4.8 − Comparison of the proposed system’s to Ingolstadt liquefier’s thermodynamic 
efficiency. 
 
Parameter System 
aIngolstadt bThe new proposed cycle
Capacity referred to liquid 
hydrogen 
TPD 4.4 100
kg/h 180 4,166
kg/s 0.05 1.1572
Para form content in the product, % 95 95
Pressure of liquid hydrogen, bar 1.3 1.3
Flow rates of streams in the cycle, kg/h: 
   MR 
- 190,152
   hydrogen 1,440 7,556/8,064/6,249/4,435 
   helium 
- -
   nitrogen (liquid nitrogen requirement, kg/h) 1,750 -
Compression pressure in the cycle, bar: 
   MR 
- 18/2
   hydrogen 22 40/14/6/20/2.2/0.3
   helium 
- -
   nitrogen 1.4 -
Power consumption, kW: 
   of MR compressor 
- 5,896
   of all hydrogen compressors 1,557 19,294
   of all helium compressors 
- -
   of all nitrogen compressors 
- -
   of other equipmentsf  
- 
f1,100
All expander power, kW:  N/A c1,245
Total energy consumption with due regard for the 
consumption for liquid nitrogen from an air separation plant 
at the rate of 0.5 kWh/kg of liquid nitrogen, kWh 
 
 
2,432 -
Net AW , kW  875 5,896
Net BW , kW 1,557 19,294
Net Aw , kWh/kgLH2  4.86 1.38
Net Bw , kWh/kgLH2 8.65 4.24
Overall cycle specific energy consumption for liquefaction, kWh/kgLH2 § d13.58 5.91
The thermodynamically ideal liquefaction system, kWh/kgLH2 e2.89 e2.89
Thermodynamic efficiency with due regard for ortho-para conversion, % 21.28 § 50.00
 
a Information is from Kuz'menko et al (2004).  
b Info from Fig. 4.2, PRO/II simulation flow-sheet of the proposed large-scale 100-TPD LH2 plant with 
MR and four H2 Joule-Brayton cycles. 
c The sum of all expander powers, kW: mechanical conversion is 98% from the expanders. 
d This is modified from Kuz'menko et al (2004): 4.86 + 8.65 = 13.51 kWh/kgLH2. 
e Minimum theoretical exergy consumption from feed 21 bar, 25 oC, n-GH2 to: 1.3 bar, −253 oC, 95% p-
LH2. 
f Electricity consumptions for the cooling loads due to water pumps and air-cooled fans in the after 
coolers and evaporative condensers. They are assumed to be around 5% of power consumption from 
compressors. 
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4.8. Economic analysis of the proposed plant with MR refrigeration 
 
The cost of liquid hydrogen production consists of the following: 
 
Drnevich et al (2003) states that: 
LH2 manufacturing cost ($/kg) = Capital cost + Energy cost + Operation and maintenance. 
 
Kramer et al (2006) also states that: 
Hydrogen cost ($/kg) = LH2 manufacturing cost + Distribution cost + Retail site operations. 
 
The energy cost is measured by the overall liquefier efficiency. The low efficiency liquefier 
consumes a lot of electrical power. In addition, when constructing a LH2 plant, the capital cost 
should also be considered. It must be determined how the MR pre-cooling process is superior to 
the other pre-cooling cycles of Ingolstadt, Leuna, Quack, and Valenti. Similarly, it must be 
determined how cooling hydrogen gas with multi-component refrigerant is different from the 
others, e.g., nitrogen and hydrogen (Ingolstadt, Leuna, Praxair, and WE-NET), propane (Quack), 
and helium (Valenti). The overall size of the compressor and the heat exchanger is a measure. It 
reflects the capital or construction cost of the entire plant. 
 
Table 4.9 − Comparison of the proposed large-scale plant to the MR refrigeration system’s overall 
compressor swept volume, together with the overall heat exchanger’s size in comparison to the 
Ingolstadt/Leuna liquefier (nitrogen refrigeration) and the Valenti liquefier (helium refrigeration). 
Parameter Unit Refrigerant aMRHX1 G-Hydrogen bG-Nitrogen L-Nitrogen cG-Helium 
2/ Hi mm   - 70.25  1 70.9/180
/750,1  
hkg
hkg
 9.70 75.2/00.10
/35.27  
skg
skg
 
2/ Hi VV   - 9.12  1 31.14/100
/400,1
3
3
 
hrm
hrm
 
14.31 80.29
/43.5
/83.161
3
3
 
sm
sm
 
2/ Hi DD  - 
Gas MR: 0.522 
Liquid MR: 1.26 
Boiling MR: 1.89 
Gas: 1 Gas: 0.2892 0.2490 
Boiling: 
§0.28-0.4 
Gas: 0.9723 
MRHXiHX AA ,, /
 
- The smallest 
 
Bigger 
than MR 
The largest 
 
Bigger than 
G-Helium 
Bigger than 
G-Hydrogen 
Thermo-physical properties below are at 1 bar and 0 oC. Data are from SRK simulation model in PRO/II. 
Pc  kJ/kg-K d1.02/2.01 14.34 1.04 e2.04 5.19 
k  kW/m-K d0.02/0.13 0.16 0.02 e0.02 0.142 
Latent heat of 
vaporization kJ/kg N/A 446 - e199 20 U  kg/m3 d4.5/655 0.085 1.25 e808 0.169 P  Pa.s d0.00001/0.00033 0.00001 0.00002 e0.00018 0.00002 
Pr  - d0.51/5.10 0.89625 1.04 18.36 0.73098 
Gas price - Most expensive Expensive The cheapest Very expensive 
 
a The proposed large-scale plant with MR refrigeration system; in particular, the analysis is at the top MR 
heat exchanger. b Ingolstadt liquefier. c Valenti liquefier. 2Hm  is the mass flow rate of the feed hydrogen 
gas into the liquefier at 21 bar and 25 oC. d Properties of the MR at stream 37 between gas/liquid at 2 bar 
and −50 oC. e Properties of liquid nitrogen at 1 bar and −200 oC. 2HV  is the volumetric flow rate (m3/s) of 
the feed hydrogen gas into the liquefier at 21 bar and 25 oC. 2/ Hi DD  is the ratio between the refrigerant 
heat transfer coefficient (kW/m2-oC) and the hydrogen gas coefficient (kW/m2-oC). MRi AA /  is the ratio 
between the refrigerant heat transfer area (m2) and the MR heat transfer area (m2). 
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4.8.1. Comparison of compressor’s size to other refrigeration systems 
 
This section compares the compressor’s swept volumes. From Table 4.9, the ratio between the 
suction volumetric flow rate of the MR and the hydrogen, 2/ HMR VV   is less than with nitrogen, 
22 / HN VV  . Ingolstadt uses both gas and liquid nitrogen to cool the hydrogen feed stream. Even though 
hydrogen has the smallest suction volumetric flow rate when it is used in refrigeration systems to cool 
hydrogen gas, it is impossible to use because of its high power consumption. Therefore, the overall 
MR compressor’s size for the proposed large-scale MR system is smaller than closed liquid nitrogen 
system with recondensation such as WE-NET’s nitrogen refrigeration system. 

4.8.2. Comparison of the heat exchanger’s size to other refrigeration systems 
 
The right way to size the heat exchanger is by (1) using the LMTD or NTU to find the 
approximate size, or by (2) dividing the whole heat exchanger into many small finite 
volumes/pieces together with the computational balance equations (mass, momentum, and 
energy) to find the actual size. The plate fin heat exchangers are widely used in cryogenic 
applications due to their compactness, low weight, and high effectiveness, and their use is 
proposed here. Spiral heat exchangers are generally widely used in large-scale cryogenic plants, 
but it’s not mentioned here. Aluminium is the most commonly used material, but stainless steel 
construction is employed for high pressure and high temperature applications. Fin geometries can 
be plain, offset strip, perforated, wavy, pin, or louvered. Among these, the offset strip fin is 
frequently adopted for its high heat transfer coefficient. It is the most widely used finned surface, 
particularly in high effectiveness heat exchangers that are employed in cryogenic applications. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
  
Fig. 4.6 − Proposed plate fin heat exchanger for the proposed hydrogen liquefaction system. 
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Fig. 4.6 (a) explains that a small heat transfer Qd   from the hot stream hydrogen gas (node i to i 
+1 and i −1) can be cooled with a cold gas that is generally in the liquefaction process, e.g., 
hydrogen, nitrogen, or helium. It is a small finite volume inside of the heat exchanger, as depicted 
in Fig. 4.6 (b). The heat exchanger has a stack arrangement. The gases are compared with the MR 
to determine which one can best reduce the heat exchanger’s size. In Fig. 4.6 (c), the heat transfer 
is from both the hot stream hydrogen and the MR hot stream to the MR cold composition stream 
(node to i +1 and i −1 to i ). Fig. 4.6 (d) depicts the possible arrangement of the streams in the 
MR heat exchangers (HX1, HX2, and HX3) for the proposed large-scale system, as in Fig. 4.2. 
The heat transfer and flow friction characteristics of the plate fin surfaces are presented in terms 
of the Colburn factor,  j, and the Fanning friction factor, f, versus the Reynolds number, Re; the 
relationships are different for the different surfaces. Usually, turbulent flow (approximately 3,000 
to 10,000) is mandatory for most heat exchangers to attain a better heat transfer coefficient and 
for a compact size. However, with more turbulence, the pressure drop increases. Thus, an 
optimization should be done to compute the velocity, pressure, and temperature fields to 
determine the over appropriate range of the Reynolds number and the geometric dimensions. In 
order to compare the size of the heat exchanger for different fluids, we will first start with the 
heat transfer coefficient for any flow in a channel: 
 
3/2Pr
PcGj D  
 
Manglik and Bergles (1995) proposed the Colburn factor,  j, in Eq. 4.1 to describe the right trend 
of the heat transfer behavior for a single-phase flow and a channel with offset strip fins in the 
laminar, transition, and turbulent flow regimes: 
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where ReDh P
hDG . GE , , and J  are geometrical descriptions of the typical offset strip fin core 
inside of the heat exchanger’s channel. Then, the ratio of the heat transfer coefficient ( iD ) for a 
flowing gas (hydrogen, nitrogen, or helium) to that of hydrogen’s ( 2HD ) is used as a comparison. 
It is assumed that all of the channel sizes and fin dimensions of the pre-cooled hydrogen and 
cooling medium are the same. By eliminating the offset strip fin’s geometrical descriptions that 
are all assumed to be the same, Eq. 4.1 can be expressed as follows: 
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where im / 2Hm , P , Pc , and Pr are from Table 4.9. For simplicity, it is assumed that the fluid’s 
thermo-physical properties at different temperatures (from −250 oC to 0 oC) are quite the same at 
0 oC. Thus, the comparison of the heat transfer coefficients for flowing hydrogen, nitrogen, or 
helium gas to that of hydrogen’s in the heat exchanger is calculated and shown in Table 4.9. It 
seems that hydrogen gas has the highest heat transfer coefficient in comparison to hydrogen gas 
(4.1) 
(4.2) 
(4.3) 
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itself. Then, it is followed by helium gas, liquid nitrogen, and nitrogen gas 
( 2HD > HeliumD > 2LND > 2GND ). 
 
Next, the analysis compares the heat exchanger’s size or area, HXA . Actually, the LMTD is used 
if all of the outlet and inlet stream temperatures are known as below: 
 
)( HXHXHXHX LMTDAFUQ    
 
where HXQ  is the overall heat transfer for the whole heat exchanger (kW). F is the correction 
factor. When the fin efficiency and the wall resistance are neglected for simplicity, HXU  can be 
expressed in dominant terms, e.g., 2HD  and iD , as follows: 
 
iHHXU DD
111
2
  
 
iD  is a cold fluid (hydrogen gas, helium gas, liquid nitrogen, or nitrogen gas) that cools hydrogen 
gas in a heat exchanger. Finally, Eq. 4.5 in combination with Eq. 4.4 gives a comparison of the 
heat transfer area of the gas (hydrogen gas, helium gas, liquid nitrogen, or nitrogen gas) as a 
cooling media to that of the MR, which is expressed in an inverse relation between its heat 
transfer coefficient as follows: 
 
i
MR
MRHX
iHX
A
A
D
Dv
,
,
 
 
The MR fluid in the MR refrigeration system and the liquid nitrogen at Ingolstadt and Leuna, 
which flows inside of the heat exchanger, are two-phase flows. The others are single phase flows. 
Boiling inside of the heat exchanger is dominated by two phenomena: convective boiling and 
nucleated boiling. Thus, the local boiling heat transfer coefficient, as in this case, can be 
formulated by using superposition (which includes both nucleated and convective boiling effects) 
and is commonly represented as follows (Kim and Sohn, 2006): 
 
cbnbTP DDD   
 
where TPD  is the local two phase flow heat transfer coefficient (kW/m2-oC). nbD  is the nucleated 
heat transfer coefficient (kW/m2-oC) and cbD  is the heat transfer coefficient (kW/m2-oC). It seems 
to have been accepted that at high heat fluxes or low qualities, nucleated boiling has a larger 
influence than convective boiling. For the considered condition, the effect of nucleated boiling is 
small and the dominant heat transfer mechanism is two-phase forced convection. If noticed from 
Eq. 4.1 for the same flow rate of any fluid, in most cases, a single-phase flow of liquid has a 
higher heat transfer coefficient than that of the gas due to the higher Pc . A study from Feldman et 
al (2000) seems to imply that boiling heat transfer inside of the plate fin heat exchanger usually 
has a boiling coefficient around 1.5−2 times greater than the liquid flow. 
 
 
(4.4) 
(4.5) 
 
 
 
(4.7) 
  
103 
At last, the values of MRHXiHX AA ,, /  are calculated in Table 4.9. In the table, the most important 
thing is boiling heat transfer coefficient of MR refrigerant in the MR cycle is the highest when 
compared to feed hydrogen gas’s as a reference (Eq. 4.3: 2/ HMR DD = 1.89 of Boiling MR). For 
that reason, it can be concluded that if the feed hydrogen gas is cooled by hydrogen gas, helium 
gas, liquid nitrogen, or nitrogen gas; the size of the heat transfer area or heat exchanger is the 
smallest when using hydrogen gas because it has the highest heat transfer coefficient. It is then 
followed by helium gas and liquid nitrogen. Eq. 4.6 proves this statement. In summary, it seems 
that MR has the highest heat transfer coefficient due to boiling; thus, the trend is that it may offer 
the smallest heat exchanger size in comparison to using other fluids to cool the hydrogen 
liquefaction system. 
 
4.9. Future work about efficient hydrogen liquefaction process 
The work of this dissertation is a preliminary study about efficient liquefaction process of 
hydrogen concerning initial literature, initial experimental rig, and an initial proposed efficient 
large-scale plant. There is a large amount of work must be done in the future in the way similar to 
efficient liquefaction processes of LNG, e.g.:  
 
As referenced the most in this chapter about optimization of refrigeration cycle is from Jansen 
(2006). Other interesting works are also at NTNU regarding LNG such as Fredheim et al (1994), 
Neeraas (1994), and Aunan (2000) did measurements on the shell and tube side of a coil-wound 
heat exchanger. Owren (1998), Melaaen (1993), Jorstad (1993) and Grini (1994) worked with 
thermodynamic properties and equations of states. Melaaen (1994) produced a thesis on the 
dynamic modelling of the liquefaction in a LNG plant. NTNU together with SINTEF Energy 
Research, have worked in close cooperation with Statoil R&D on LNG research since 1985. This 
cooperation has produced three applications for LNG simulation: CryoPro, SCoil, and DCoil. 
Fredheim et al (2000) invents thermal design tools for LNG heat exchangers and static simulation 
tools. CryoPro simulates an entire liquefaction process. SCoil simulates the spiral wound heat 
exchanger. The DCoil application by Vist et al (2003) and Hammer et al (2003) dynamically 
describe the spiral-wound heat exchanger. All these applications use heat transfer and pressure drop 
correlations based on the measurements made at the Department of Energy and Process 
Engineering, NTNU. The academic work on dynamic LNG simulation is limited; the only work 
found and studied are by Zaim (2002) and Melaaen (1993). 
 
In summary, the future works about efficient hydrogen liquefactions maybe are:   
 
1. According to the last experiment as in Fig. 3.10, the rig was able to cool hydrogen gas to only 
around −180 oC, not −198 oC as required. More additional grams of nitrogen, neon or 
hydrogen is required to achieve the temperature. The future work maybe that more 
experiment would be done with the new proposed 5-component composition of MR cycle to 
verify the lowest attainable temperature to −198 oC if possible.  
 
However, from preliminary simulation test run of the large-scale plant if the MR cycle can 
cool hydrogen gas to only −180 oC, the whole plant energy consumption will be 6.19 
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kWh/kgLH2, just a little increase from the based case that is 5.91 kWh/kgLH2 as in Table 4.7. 
In the case, the MR cycle that cools equilibrium hydrogen gas from 25 oC to −180 oC  
consumes (at 1.11 kWh/kgLH2 from 1.38 kWh/kgLH2) a little less energy; and the four H2 J-B 
cycles that cools equilibrium hydrogen gas from −180 oC to −250 oC consumes (at 4.82 
kWh/kgLH2 from 4.24 kWh/kgLH2) a little more energy.  
2. It seems maybe there is some deviation of SRK model used to predict hydrogen gas and 
others between temperature range −200 oC to −250 oC. Hence, maybe, there is a need for a 
research to invent a new accurate equation of state or some correction to replace SRK for 
simulation in PRO/II of fluid properties in the temperature range below −200 oC.  
3. The proposed MR cycle for the large-scale is quite mature, but the four H2 J-B cycles maybe 
not. So there will be a need to find a new better efficient cycle.  
4. Optimization of the proposed large-scale plant explained is simplified and it is just a 
preliminary one. A lot more information is still required for more complicated work. It is a 
must that there is a study about computer simulation work deep inside about optimization of 
the new more efficient cycle. 
5. The theory about heat transfer and pressure drop to design MR heat exchangers (Plate-fin or 
Coil-wound) needs to be studied. The work is to find: the exact sizes of MR evaporators, 
which type is appropriate, pressure drop information used in large-scale system’s 
optimization, and others. 
6. The study about dynamic modeling and control of large-scale process plant to understand 
both transient and steady state operations may also be needed. 
 
Finally, besides the proposed MR and four H2 J-B cycles that can be used to efficiently 
liquefy hydrogen, MR cycle alone with varied refrigerant compositions would also be utilized 
to efficiently liquefy other common industrial gases whose boiling point temperatures at 
ambient pressure are above −193 oC, such as oxygen (−182.95 oC), argon (−185.85 oC), 
carbon dioxide (−78.5 oC), and xenon (−111.70 oC). Moreover, MR cycle and a single H2 J-B 
cycle could be in use with nitrogen (−195.79 oC). Also, MR cycle together with four H2 J-B 
cycles would be manipulated with neon (−248.6 oC). Lastly, the plant process that consists of 
MR cycle, three-five H2 J-B cycles, and a single helium J-B cycle would probably be 
employed to efficiently liquefy helium (−268.93 oC). All aforementioned shall be further 
research works. Preliminary simulation data are tabulated below:  
 
Table 4.10 – Preliminary simulation of the proposed MR and J-B cycles to efficiently 
liquefy some common industrial gases.   
Fluid Boiling temp. at 
1 bar. 
Ideal minimum 
liquefaction energy 
consumption 
Today 
existing 
processes 
The proposed 
MR + J-B 
processes
K oC kJ/kg kWh/kg kWh/kg kWh/kg
Helium 4.22 -269 6,823 1.8952 7.0000 6.1720
Nitrogen 77.31 -196 770 0.2138 0.3602 0.3000
Argon 87.28 -186 477 0.1325 N/A 0.2089
Oxygen 90.19 -183 635 0.1764 N/A 0.2363
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4.10. Conclusion 
 
A 100 TPD large-scale hydrogen liquefaction plant by simulation is proposed with preliminary 
optimal study. The optimization problem has 23 variables and 26 constraints. For cooling feed n-
GH2 from 25 oC to be e-GH2 around −193 oC, the MR refrigeration system is recommended with 
the simulation’s net power at 1.38 kWh/kgLH2, in comparison to the ideal of 0.51 kWh/kgLH2. The 
compressor and expander efficiencies are assumed to be 90%, which is close to the actual values 
for general large sizes that are available in the general market. With 100% efficiencies for ideal 
compression and expansion, the power consumption of the MR system is 1.07 kWh/kgLH2. The 
largest loss is from the compressors and expanders. The other loss is from the heat exchangers of 
the MR system. More complex, e.g., from 6- to 10-component composition, yields slight 
improvement of efficiency, thus, a simplified 5-component composition suggested for the plant is 
found consisting of: 4% hydrogen, 18% nitrogen, 24% methane, 28% ethane, and 26% butane by 
mole. The mixed refrigerant composition is adjusted from trial and error to match the cooling curve 
of feed hydrogen gas. It is the best in comparison to the nitrogen, helium, and propane 
refrigeration systems. In addition, for further cooling down equilibrium hydrogen gas from −193 
oC e-GH2 to be liquid hydrogen at −253 oC (e-LH2), the four H2 Joule-Brayton cycle refrigeration 
system is recommended due to its improved efficiency. The net power for the proposed 4 J-B 
system is 4.24 kWh/kgLH2, in comparison to the ideal of 2.38 kWh/kgLH2. Similarly, the losses are 
from the compressors, expanders, and heat changers. It is the best in comparison to the nitrogen 
and helium refrigeration systems. The overall power consumption of the whole system is 1.38 
kWh/kgLH2 + 4.24 kWh/kgLH2 = 5.91 kWh/kgLH2 which is a half compared to the current plant.  
Usually, the liquefier at Ingolstadt is a reference with an energy consumption of 13.58 kWh/kgLH2 
and an efficiency of 21.28%. While the proposed system is 50% or more, it depends on the 
assumption of the compressor and expander efficiencies together with all heat exchangers’ 
effectiveness. The plant optimization was also conducted with two more pinch temperatures (1 oC 
and 3 oC) yielding less plant energy consumption. But 3 oC is recommended for actual plant. 
Pressure drops in heat exchangers are also studied, but the result reveals that they don’t have 
much significant impact on the overall plant total power consumption. The efficiency of the 
proposed system can reach very close to the ideal’s if the compressors, expanders, and heat 
exchangers are ideal; and if there is no pressure drop. Moreover, the system has some smaller 
size heat exchangers, a much smaller compressor motor, and a smaller crankcase compressor for 
both the MR and the four H2 Joule-Brayton cycles, which is due to the smaller energy 
consumption and hydrogen mass flow rates in the heat exchangers. Nitrogen pre-cooled systems 
that are designed for very large-scale systems (like Ingolstadt’s) will require an additional 
nitrogen liquefaction cycle to liquefy nitrogen gas back (like WE-NET’s). It will be a much 
larger size plant. Thus, the proposed new system could possibly be the lowest specific 
construction cost plant in comparison to Ingolstadt and Leuna. Therefore, the proposed system 
has a great potential for improvement and is recommended as a reference for future hydrogen 
liquefaction plants. 
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1. Symbols 
A  area/ heat transfer area, m2  
c  mathematical formulation of the operational constraints 
and the model equations 
 
Pc  specific heat, kJ/kg-K  
E  rate of exergy (stream flow exergy) when used with 
subscript x , kW 
 
xe  specific exergy when used with subscript x , kJ/kg  
xE  rate of exergy flow = xem , kW  
F  correction factor, -  
f  friction factor, -  
G  mass flowrate, kg/m2-s   
h  enthalpy, kJ/kg  
I  exergy loss/irreversibility, kW  
j  Colburn factor,  j St.Pr2/3  or /Nu (Re.Pr1/3), -  
k  thermal conductivity, kW/m-oC  
m  mass flow rate, kg/s  
feedm  nominal feed rate, kg/s  
2GHm  hydrogen gas mass flowrate, kg/s  
N  total number of independent variables in the function R , -   
P  pressure, bar  
Pr Prandtl number, -  
Q  refrigeration load/the heat removed from the hydrogen gas 
during the pre-cooling process of the test rig, kW 
 
R  function of independent variables, -  
Re Reynolds number, -  
s  entropy, kJ/kg-K  
T  temperature, K or oC  
U  overall heat transfer coefficient, kW/m2-oC  
v  specific volume, m3/kg  
V
 
volume, m3  
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V  volumetric flow rate, m3/s  
w  specific work/energy requirement, kJ/kgLH2 or kWh/kgLH2  
W  power/rate of work, kW  
X  independent variable, -  
X  stream exergy flow, W  
 
2. Abbreviations 
COM compressor, -  
COP coefficient of performance, -  
EVAP evaporative condenser, - 
EX expander, - 
FOM Figure of Merit, - 
GH2 gas hydrogen, - 
HX heat exchanger, - 
J-B Joule-Brayton, - 
J-T Joule-Thomson 
LH2 liquid hydrogen, - 
LIQ liquid separator, - 
LNG liquefied natural gas, - 
LMTD Log Mean Temperature Difference, oC 
n- normal, - 
MIXER mixer of streams, - 
MR multi-component refrigerant/multi-mixed refrigerant, - 
NTU number of transfer units, - 
O-P ortho-para, - 
p- para, - 
PT pinch temperature 
RH relative humidity, - 
SRK Redlich-Kwong-Soave equation of state, - 
TPD ton per day, - 
 
3. Greek letters 
H exergy efficiency, -  K  efficiency, -  U density, kg/m3  
D  heat transfer coefficient, kW/m2-oC  
E , G , J  fin geometric parameters, - 
P viscosity, Pa.s 
 
4. Subscripts 
I of the first law, -  
II of the second law, -  
0 at reference/dead state, -  
1 up to 38 stream number of the test rig process depicted in Fig. 4.2, -  
  
109 
air of flowing air, - 
A  of system A, - 
B  of system B, - 
BH  brake/shaft horse, -   
cb
 
convective boiling, - 
disc
 
stream at discharge of compressor  
elec
 
electrical, -  
hD  hydraulic diameter, m 
EX  at expansion valve/expander, -  
feed of the feed flow at 21 bar and 25 oC, -  
GH2 hydrogen gas, -  
i  of a single phase fluid: nitrogen, hydrogen, helium, or MR, -  
in  input or at inlet, -  
isen  isentropic, - 
H  high, - 
2H  of hydrogen/feed hydrogen, -  
COMH 2  of hydrogen compressor, -  
Helium  of liquid helium system, -   
HX  of heat exchanger, -  
ISEN
 
isentropic, -  
L  low, - 
LIQ  at liquid separator, -  
liquefaction due to hydrogen liquefaction process of the test rig, -  
liquefied liquefied hydrogen, -  
min minimum, -  
MIXER  at mixer, -  
MR  of MR, -  
COMMR  of MR compressor, -  
cycleMR  of MR refrigeration cycle, -  
nb of nucleate boiling, - 
net net cycle power consumption = compressors − expanders, -  
opt int optimum intermediate, -  
out at outlet, -  
pre-cooled of pre-cooled hydrogen gas, -  
pre-cooling of hydrogen gas pre-cooling process from 25 to -198 oC, -  
s summation, -  
total of total, -  
TP  of two phase flow, - 
V  volumetric, - 
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a b s t r a c t
This paper presents a review of the development of large-scale hydrogen liquefaction
processes throughout the world from 1898 to 2009. First, there is a concise literature review
including numerous past, present, and future designs given such as the ﬁrst hydrogen
liquefaction device, long time ago simple theoretical processes, today’s actual plants with
efﬁciencies 20–30%, a list of the capacity and location of every hydrogen liquefaction plant
in the world, and somemodern more efﬁcient proposed conceptual plants with efﬁciencies
40–50%. After that, further information about the development and improvement potential
of future large-scale liquid hydrogen liquefaction plants is given. It is found that every
current plant is based on the pre-cooled Claude system, which is still the same as was 50
years ago with little improvement. Methods to resolve the challenges of the future plants
include proposing completely new conﬁgurations and efﬁcient systems coupled with
improved efﬁciencies of the main system components such as compressors, expanders,
and heat exchangers. Finally, a summary and comparison of the process efﬁciencies are
described, including a newly proposed Multi-component Refrigerant (MR) system being
developed by NTNU and SINTEF Energy Research AS.
ª 2010 Professor T. Nejat Veziroglu. Published by Elsevier Ltd. All rights reserved.
1. Introduction
Ashydrogen has shownpromise as an important energy source
for use in future transportation vehicles, several hydrogen
research activities have been conducted since 1980 and espe-
cially since 2000. One of the challenges in creating a hydrogen
economy is the low efﬁciency of the current hydrogen lique-
faction plant cycles. Since 2000, there have been several papers
that have proposed conceptual plantswith efﬁciencies up to 40–
50% [1–7]. This paper chronicles the development of systems
from 1898 to 2009 and gives a comparison of several cycle efﬁ-
ciencies for the future hydrogen plant developer. Hydrogenwas
ﬁrst liqueﬁed in 1898 by a small device [8]. Some years later,
a pre-cooled Linde–Hampson system was used as the ﬁrst
simple laboratory system to liquefy hydrogen. Around 1900,
more efﬁcient laboratory systems were invented including the
Claude, pre-cooled Claude, and helium-refrigerated systems,
arranged in order of increasing efﬁciency [9]. Next, in 1957, the
* Corresponding author. Tel.: þ47 735 92991; fax: þ47 735 97214.
E-mail addresses: songwut.krasaein@ntnu.no, krasaein@hotmail.com (S. Krasae-in), jacob.stang@sintef.no (J.H. Stang),
petter.neksa@sintef.no (P. Neksa).
1 Tel.: þ47 735 98109.
2 Tel.: þ47 735 93923.
Avai lab le at www.sc iencedi rect .com
journa l homepage : www.e lsev ie r . com/ loca te /he
i n t e r n a t i on a l j o u r n a l o f h y d r o g e n en e r g y 3 5 ( 2 0 1 0 ) 4 5 2 4 – 4 5 3 3
0360-3199/$ – see front matter ª 2010 Professor T. Nejat Veziroglu. Published by Elsevier Ltd. All rights reserved.
doi:10.1016/j.ijhydene.2010.02.109
ﬁrst few large hydrogen plants were built in the USA for the
growing petrochemical and aerospace industries and were
based on the pre-cooled Claude cycle with more complicated
systems that used liquid nitrogen as a pre-coolant to cool
hydrogen gas down to 193C and hydrogen refrigeration
systems to further cool feed hydrogen gas to 253C on a large
scale. Up to the present, almost all the large-scale plants in use
across the world today still employ nearly the same cycle as the
ﬁrst few plants built in the US and have exergy efﬁciencies of
just 20–30%. This can be seen in the Ingolstadt plant installed in
Germany in 1991 [10]. Today, the most technologically
advanced plants available in the literature are located in Leuna,
Germany, and near Tokyo, Japan, which were commissioned in
2008; however, only a slight improvement of efﬁciency was
realized. Thus, there is potential for improvement.
2. Simple hydrogen liquefaction processes
Barron [9] illustrated the fundamental principles and how
these simple processes work very well.
2.1. The ﬁrst hydrogen liquefaction system
In 1885, Michael Faraday published a paper regarding gas
liquefaction. At that time, his method was able to achieve
refrigeration temperatures down to 110C using baths of
ether and solid carbon dioxide. Gases with boiling points
below that temperature, including hydrogen, were called
‘‘permanent gases’’ [11]. For the ﬁrst time, the liquefaction of
hydrogen was achieved by Sir James Dewar in 1898 [8]. This
process utilized carbolic acid and liquid air for pre-cooling
compressed hydrogen at 180bars. The system was similar to
the one that Linde used for the liquefaction of air.
2.2. Theoretical liquefaction systems for hydrogen
In 1895, Carl von Linde and William Hampson invented
a simple liquefaction cycle to liquefy air. This cycle is called
the ‘Linde–Hampson cycle’. However, according to what was
explained by Barron [9], the systems that cannot be used to
liquefy hydrogen are the Linde–Hampson, Linde dual-
pressure, Cascade, and Heylandt systems. A liquid nitrogen,
pre-cooled Linde–Hampson system can be used to liquefy
hydrogen. This cycle is shown schematically by Barron [9].
2.3. Theoretical Claude system for hydrogen
In addition to liquefying air, the Claude cycle invented by
Georges Claude in 1902 can also be used to liquefy hydrogen
[9]. This cycle was a development some years after the ﬁrst
Linde–Hampson cycle. There was an expansion engine in the
Claude cycle, which produced a temperaturemuch lower than
the temperature generated by isenthalpic expansion as
proposed by Linde.
2.4. Theoretical pre-cooled Claude system for hydrogen
The performance is somewhat improved if a pre-cooling bath
of liquid nitrogen is used with the Claude system.
Timmerhaus and Flynn [12] explained that if liquid nitrogen is
used for pre-cooling, one could achieve an exergy efﬁciency
50–70% higher than a pre-cooled Linde–Hampson cycle. Nandi
and Saragni [13] made a comparison of the two cycles and
found that the typical Figure of Merit (FOM) for the pre-cooled
Linde–Hampson cycle was lower than the standard pre-cooled
Claude. The Claude cycle, as explained by Nandi et al. [13], is
the basis for most other conventional liquefaction cycles. An
example of a modiﬁed pre-cooled Claude cycle in use today is
the hydrogen liquefaction plant in Ingolstadt near Munich,
Germany, as shown in Fig. 2, which has been in operation
since 1992 [10].
2.5. Helium-refrigerated hydrogen liquefaction system
A secondary helium-gas refrigerator can also be used to
liquefy hydrogen, as shown in Nandi and Sarangi [13] and
Barron [9], but this system has never been used in any actual
large-scale plants.
3. Current plants
Table 1 shows a list of all of the hydrogen liquefaction plants
in use around the world. In 1960, the ﬁrst few liquid hydrogen
plants were built to support the Apollo program. In the
beginning of the 1960s there was a demand for US space
programs. The capacity installed up to 1965 was capable of
supplying the demand of NASA and others until 1977. In this
period, no additional plants were built, not least because of
the reduction of NASA’s space activities. Since 1977, this time
was mainly caused by the steadily increasing commercial
demand for liquid hydrogen. Today, there are more than 9
hydrogen liquefaction plants in the US with production rates
of 5–34 tons per day (TPD), 4 plants in Europewith capacities of
5–10 TPD, and 11 plants in Asia with capacities of 0.3–11.3 TPD.
Air Products supplies the largest quantity of liquid hydrogen
in North America, followed by Praxair. Today, liquid hydrogen
is used to reduce the cost of hydrogen distribution [14];
however, the current worldwide liquid hydrogen (LH2)
production capacity exceeds the market demand. Liquid
hydrogen demand and production today is the largest in North
America, which constitutes 84% of the world production. Of
the total production in the US, 33.5% is used in the petroleum
industry, 18.6% is for government aerospace, and the rest is
for other industries. Only 0.1% is used for fuel cells today [15].
3.1. Large-scale plants: Praxair, Air Products,
and Air Liquide
Praxair has ﬁve hydrogen liquefaction plants in the US today
with production rates between 6 and 35 TPD LH2. Typical
speciﬁc power consumptions are between 12.5 and 15 kW h/
kgLH2 [14]. Fig. 1 shows a Praxair LH2 process ﬂow sheet. It
looks like the pre-cooled Claude cycle, but is more compli-
cated for the large-scale system. There are three heat
exchangers. The ﬁrst heat exchanger is cooled by nitrogen gas
(GN2) and an external refrigeration system. The second heat
exchanger is cooled by liquid nitrogen (LN2) and some of the
H2 feed. The third is cooled by a hydrogen refrigeration system
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that uses some of the feed to expand through turbines and the
Joule–Thomson (J–T) valve. The system is unique. Air Products
has four hydrogen liquefaction plants capable of producing
between 30 and 35 TPD LH2 in use in North America today. In
addition, they have two 5 TPD LH2 plants: one in Holland and
the other one in the USA. However, there is no literature about
Air Product’s technology. Air Liquide has a plant in France and
one in Canada, and both have capacities of about 10 TPD. Both
of these plants make use of the Claude cycle with hydrogen
used as the cycle ﬂuid; however, there are no papers about Air
Liquide’s cycle. The best plant in the USA requires about
10 kW h/kgLH2 [14]. The LH2 production capacity is still greater
than the demand. It seems that every large-scale LH2 plant has
the cycle of LN2 as a pre-cooling process to cool hydrogen gas
from 25 C to 193 C and a hydrogen refrigeration system to
further cool hydrogen gas to 253 C.
3.2. Linde large-scale N2 pre-cooled Claude plant in
Ingolstadt
This plant used to be the largest German hydrogen liqueﬁer.
The cycle is illustrated in Bracha et al. [10]. Feed hydrogen gas
obtained from an air separation plant is generated from
a steam reforming process using natural gas. Fig. 2 shows the
Table 1 – Commercial hydrogen liquefaction plants worldwide.
Continent/Country Location Operated by Capacity (TPD) Commissioned in Still in operation
America
Canada Sarnia Air Products 30 1982 Yes
Canada Montreal Air Liquide
Canada Inc.
10 1986 Yes
Canada Becancour Air Liquide 12 1988 Yes
Canada Magog, Quebec BOC 15 1989 Yes
Canada Montreal BOC 14 1990 Yes
French Guyane Kourou Air Liquide 5 1990 Yes
USA Painsville Air Products 3a 1957 No
USA West Palm Beach Air Products 3.2a 1957 No
USA West Palm Beach Air Products 27a 1959 No
USA Mississippi Air Products 32.7a 1960 No
USA Ontario Praxair 20 1962 Yes
USA Sacramento Union Carbide,
Linde Div.
54a 1964 No
USA New Orleans Air Products 34 1977 Yes
USA New Orleans Air Products 34 1978 Yes
USA Niagara Falls Praxair 18 1981 Yes
USA Sacramento Air Products 6 1986 Yes
USA Niagara Falls Praxair 18 1989 Yes
USA Pace Air Products 30 1994 Yes
USA McIntosh Praxair 24 1995 Yes
USA East Chicago, IN Praxair 30 1997 Yes
Subtotal 300
Europe
France Lille Air Liquide 10 1987 Yes
Germany lngolstadt Linde 4.4 1991 Yes
Germany Leuna Linde 5 2008 Yes
Netherlands Rosenburg Air Products 5 1987 Yes
Subtotal 24.4
Asia
China Beijing CALT 0.6 1995 Yes
India Mahendragiri ISRO 0.3 1992 Yes
India India Asiatic Oxygen 1.2 – Yes
India Saggonda Andhra Sugars 1.2 2004 Yes
Japan Amagasaki Iwatani 1.2a 1978 No
Japan Tashiro MHI 0.6a 1984 No
Japan Akita Prefecture Tashiro 0.7 1985 Yes
Japan Oita Paciﬁc Hydrogen 1.4 1986 Yes
Japan Tane-Ga-Shima Japan Liquid Hydrogen 1.4 1986 Yes
Japan Minamitane Japan Liquid Hydrogen 2.2 1987 Yes
Japan Kimitsu Air Products 0.3 2003 Yes
Japan Osaka Iwatani (Hydro Edge) 11.3 2006 Yes
Japan Tokyo Iwatani, built by Linde 10 2008 Yes
Subtotal 30.6
Worldwide 355
a Not included in the subtotal of the capacity for the year 2009.
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actual liqueﬁer in the plant. The big, vertical tank nearby on
the left is the LN2 tank that the nitrogen liquefaction system
uses to liquefy nitrogen to pre-cool hydrogen inside the LH2
liqueﬁer. All of the compressors are kept inside themachinery
building on the right. The leftmost tank is the LH2 storage tank
where liqueﬁed hydrogen is kept for delivery. The tank is
vacuum insulated. Fig. 3(a) is for the other side. To minimize
the delivery cost, the hydrogen is delivered in liquid form by
truck. Fig. 3(b) demonstrates how LH2 is loaded from the
storage tank to the trailer.
3.3. The new Linde large-scale plant system in Leuna
Linde opened a second, 20 million Euro hydrogen liquefaction
plant in September 2007 in Leuna, as depicted in Figs. 5 and 6.
It is currently the newest and largest H2 liqueﬁer plant in
Germany. The system with a new cycle as depicted in Fig. 4 is
similar to the existing plant in Ingolstadt depicted in Fig. 2, but
is more efﬁcient. There is an important difference in the
turbine arrangement between the plants in Leuna and Ingol-
stadt in that the plant in Leuna receives a single feed GH2
stream from an air separation plant. There is no recycled
hydrogen, and the ortho–para (o–p) conversions are put inside
heat exchangers.
4. Conceptual plants
From year 2000 to 2009, some researchers have proposed new
improved processes with exergy efﬁciencies between 40 and
50%. The details are given below.
4.1. Large-scale H2 liquefaction in combination with
liqueﬁed natural gas (LNG) pre-cooling system
Kuendig et al. [1] conducted a study regarding the integration
of a pre-cooling LNG system to a new one like the Leuna N2
pre-cooled Claude system. The study concluded that using
LNG for pre-cooling in the hydrogen liquefaction process
would be extremely useful to decrease the power input and
the overall liqueﬁer construction cost because the source
would be free. Compared to a conventional liquefaction
process, such as the one at Leuna using liquid nitrogen for pre-
cooling but with compression at ambient temperature, the
reductionwould be from 10 to 4 kWh/kgLH2 [16]. However, this
process could only be used for hydrogen gas made from LNG,
and the plant would have to be located near a seaport.
4.2. Nitrogen pre-cooled Claude by Matsuda and
Nagami [2]
TheWorldEnergyNETwork (WE-NET)project [17]has suggested
building large-scale hydrogen liquefaction plants with lique-
faction capacities of 300 TPD. The plant is based on a Claude
cycle with nitrogen pre-cooling [2]. It appears that WE-NET’s
cycle is similar to the plant in Ingolstadt in that the nitrogen
cycle is used to pre-cool hydrogen from25 to193 C. Then, the
hydrogen cycle is used to cool from 193 C down to 253 C;
however, WE-NET’s cycle is more complicated and is speciﬁ-
cally designed for greater capacity. There is a large N2 lique-
faction system to reliquify GN2 for the pre-cooling process.
4.3. Conceptual plant by Quack [3]
Quack [3] has made a conceptual design of a high-efﬁciency,
large-capacity liqueﬁer for hydrogen. However, internal
process simulation tests run in a commercial software
package; SimSci/PROII by NTNU-SINTEF indicated that it was
not able to explicitly determine whether it has a high-efﬁ-
ciency or not because the conﬁguration of the proposed
propane refrigeration is impossible for low power consump-
tion. The software was checked for its reliability and accuracy
of process simulation. Also, the proposed helium–neon
refrigeration systemconsumesmorepowerdue to the fact that
helium–neon mixture has inferior refrigerant heat transfer
properties compared with hydrogen, which is commonly
found in use today in actual hydrogen liquefaction plants.
Fig. 1 – Praxair hydrogen liquefaction process (adapted
from [14]).
Fig. 2 – The location of Linde LH2 in Ingolstadt.
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4.4. Conceptual plant with helium refrigeration cycle by
Kuzmenko et al. [4]
Before this, Beljakov et al. [18] successfully created a reliable,
high-efﬁciency, low-capacity hydrogen liqueﬁerwith a helium
refrigeration cycle. Later on, engineer Kuzmenko et al. [4] at
Open Joint-Stock Company used this concept to design
a liqueﬁer. Hemade a conceptual study of building amedium-
capacity hydrogen liqueﬁer with a helium refrigeration cycle;
however, it only produced a slight improvement from the
Ingolstadt plant’s efﬁciency.
4.5. MR refrigeration by Stang et al. [5]
A hydrogen liquefaction prototype laboratory unit was devel-
oped by NTNU–SINTEF. The process was based on using an MR
process for pre-cooling, as shown in the ﬁgure of Stang et al. [5].
The rig isunderexperimentby theauthorof thispaper.With the
initial test, the hydrogen gas could be cooled by the MR refrig-
eration system from an ambient temperature of 25 C down to
near193 Cwith the highest efﬁciency. Detailed experimental
results will be reported by the author in a future paper.
4.6. Helium refrigeration cycle by ShimkoandGardiner [6]
This is the design and construction of an estimated $2.6
million small-scale pilot plant (20 kg/h) that will be used for
hardware demonstration (will be ﬁnished in 2011) and as
a model for scaling to an estimated $39 million larger plant
(50 TPD) [6]. Simulations were performed using EXCEL and
REFPROP. Nevertheless, the efﬁciency is still lower than the
proposed NTNU–SINTEF system. Moreover, helium is not
suitable (hydrogen has better heat transfer properties) for
cooling GH2 from 193 to 253 C. If used, every component
such as compressors, expanders, and heat exchangers will
have to be bigger.
Fig. 3 – (a) Liquid hydrogen storage tank of Linde AG in Ingolstadt, (b) articulated train with semi-trailer equipped for liquid
hydrogen.
Fig. 4 – Process ﬂow sheet of hydrogen liquefaction plant in Leuna [1].
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4.7. Helium Joule–Brayton cascade system by Valenti [7]
Valenti [7] proposed an innovative, high-efﬁciency, large-scale
hydrogen liqueﬁer that utilizes four cascaded helium Joule–
Brayton cycles. However, helium is not suitable for cooling
GH2 from 25 to 193 C and from 193 to 253 C due to its
inferior heat transfer properties compared to hydrogen.
Moreover, the cycle’s conﬁguration itself to cool GH2 from
25 C to near 193 C makes it impossible to have low exergy
efﬁciency as reported. Also, internal simulation tests run in
PROII by NTNU-SINTEF indicated that the system is not
guaranteed to have a high-efﬁciency.
5. Development potential of large-scale LH2
plants
A potential efﬁciency increase in future hydrogen liquefaction
plants can be realized by the following means:
 Replacement of the J–T valve at the liquefaction stage by an
expansion turbine. An increase in the number and quality of
expansion turbines can minimize exergy losses.
 Reduction of the circulating mass ﬂow or using a single H2
feed stream as used by the Leuna plant, Quack [3], and
Valenti [7]. By doing this, the last heat exchanger must be
designed to cool the hydrogen to the lowest possible
temperature, e.g. near 253 C, so there is no vapor fraction
after the expansion at the last J–T valve. A small ejector is
recommended to recover p-GH2 from the storage tank, the
same as the plant in Leuna.
 Operating with a refrigerant mixture for pre-cooling
hydrogen gas from 25 to 193 C. This way, pre-cooled
hydrogen gas and cold Multi-component Refrigerant (MR)
streams get closer. This new system is currently being
studied at NTNU–SINTEF [5], and the results will be pub-
lished soon.
 Another major factor inﬂuencing liqueﬁer efﬁciency is the
feed gas input pressure. One alternative is to raise the
hydrogen output pressure of the preceding hydrogen
production plant, e.g. a high-pressure electrolysis process or
a steamreformingplant. A good example is the 21 bar feedn-
H2 at the LH2 plants in Ingolstadt and Leuna. The higher the
feed pressure, the greater the liqueﬁer’s efﬁciency. The
minimum liquefaction work is in conjunction with feed
pressure. The minimum feed pressure must not be below
15 bars because there could be hydrogen condensation
during the cooling process. If it is below 15 bars,more energy
is needed in liquefaction, and therewill bemore exergy loss.
 Most of the exergy losses in the hydrogen liquefaction
processes are dissipated through compressors. Therefore, it
is recommended for manufacturers to design new high-
efﬁciency compressors and expanders and design all
compressors in a way such that the suction temperatures
are reduced as done by Quack [3]. Also, it is recommended to
ventilate heat from the compressors as much as possible
during the compression process to reduce the exergy loss.
 Use aluminum plate-ﬁn heat exchangers with maximum
effectiveness to reduce the exergy losses.
 If possible, construct plants near seaports for delivering LNG
to be used in the pre-cooling process. This will help signiﬁ-
cantly reduce the plant size and energy consumption as
recommended by Kramer et al. [16] and Keundig et al. [1].
 A cost overview for the speciﬁc investment costs of
conventional liquefaction plants. When designing a large-
scale plant, the cost must be compared with other existing
plants. Inﬂation should be accounted for in current and old
plants. Companies who can offer cheap, large-scale
hydrogen liquefaction plants are Linde, Air Products, and
Praxair. Praxair has the largest hydrogen plant in the USA
with the lowest investment cost.
 Krewitt and Schmid [19] say that costs for liquefaction are
driven primarily by capital costs (today: 63%), then energy
costs (29%), and ﬁnally, O&M [14]. Energy costs on the other
hand are strong functions of the liqueﬁer efﬁciency and
are less dependent on the production rate. In small plants,
energy and non-energy costs are comparable. In large-
scale plants, the energy costs become more important.
Krewitt and Schmid [19] also derived the following equa-
tion for the speciﬁc investment costs: Speciﬁc investment
cost for liqueﬁer (V2000/kg/h) ¼ 828 313  (production
capacity, kg/h)0.48.
Fig. 5 – Piston compressors of hydrogen liquefaction plant in Leuna (adapted from Finanzberichte.Linde.com, 2008).
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 A method to decrease capital costs is to build plants on
a larger scale and use the effect of building multiple plants
of the same design. The following challenges for more
cost effective LH2 production systems are [14] system
modularization for traditional sized units, large-scale
equipment, higher efﬁciency compressors and expanders,
more efﬁcient refrigeration, and lower cost high-efﬁciency
insulation.
The conclusions are the following:
 The problem with the current liquefaction systems is their
high-energy consumption. Every large-scale hydrogen
liquefaction plant is based on the pre-cooled Claude
system, which is still the same as 50 years ago with little
improvement. If it is possible to reduce from today’s energy
usage of 10 kW h/kgLH2 to around 5 kW h/kgLH2 which will
reduce electrical power consumption of the plant to be half
in the future, all of the compressors and motors in the
plant, which constitute the most expensive components,
could be reduced by 50%, which will also lead to cheaper
plants.
 Methods to resolve the challenges include proposing
completely new conﬁgurations and efﬁcient systems
coupled with improved efﬁciencies of the main system
components such as compressors, expanders, and heat
exchangers.
 The development trend is that a lot of people have tried to
propose new better systems [1–7], but they are still nei-
ther more efﬁcient nor realistic. Furthermore, compressor
and expander manufacturers must invent more efﬁcient
machines.
6. Summary and comparison of hydrogen
liquefaction process efﬁciencies
Table 2 gives the summary and comparison. Feed hydrogen
ﬂow is normal hydrogen at 1 atm, 25 C. FOM  100% ¼ (Ideal
liquefaction power/Actual system liquefaction power)  100%
or Exergy efﬁciency. The efﬁciencies of systems 3, 5, and 6 are
from Nandi and Sarangi [13]; the same systems have different
energy consumptions and exergy efﬁciencies because it
depends on the assumptions of the efﬁciencies of compres-
sors and expanders used in the systems. When making
a comparison between several different cycles and liqueﬁers,
Berstad et al.’s [20] comparisonmethod is recommended. This
method, which is a direct comparison of liqueﬁers based on
the overall exergy efﬁciency and speciﬁc power consumption,
favors those with a higher portion of pre-compression. The
feed stream was assumed and calculated at 21 bars and 25 C
before going into any cycle/liqueﬁer, which is identical to the
Ingolstadt plant. Every system is directly compared with the
Ingolstadt plant at a modiﬁed feed stream pressure of 21 bars.
The energy consumptions and exergy efﬁciencies of the
Ingolstadt, WE-NET, and Quack systems as shown in Table 2
were calculated by Berstad et al. [20].
The compression power reductions of the third, fourth,
ﬁfth, and sixth hydrogen liquefaction systems in Table 2 are
0.9167, 0.9167, 0.2313, and 0.1026 kW h/kgLH2, respectively.
These are from the ideal H2 feed exergy reduction of 0.55, 0.55,
0.1388, and 0.0616 kW h/kgLH2, respectively. Make-up gas is
reversibly and isothermally (ideally) compressed from the feed
at 21 bars and 25 C to each cycle’s high side. This was all
calculated assuming a compression exergy efﬁciency of 60%.
Fig. 6 – A Linde hydrogen (cold box) liqueﬁer in Leuna (adapted from Linde-kryotechnik.ch, 2008).
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For cycles 7–9, the hydrogen feed pressure was 21 bars, the
same as Ingolstadt’s. Thus the energy consumption was the
same. With Valenti’s system, GH2 compression must be made
from 21 bar supply feed to 60 bars; therefore, there is an
increased consumption of 0.72 kW h/kgLH2 with an assumed
60% exergy efﬁciency from the ideal H2 feed exergy increase of
0.43 kW h/kgLH2. Finally, all of the system exergy efﬁciencies
were calculated by comparing with an ideal energy consump-
tion of 2.89 kW h/kgLH2; however, systems 3–6 were calculated
using an ideal energy consumption of 2.178 kW h/kgLH2.
Fig. 7 contains the information shown in Table 2. From the
data, the theoretical pre-cooled Linde–Hampson system was
the ﬁrst imaginary system invented a long time ago, and its
exergy efﬁciency is the lowest. After that, the second was the
theoretical helium-refrigerated system, which is followed by
the theoretical pre-cooled Claude system. All have a very low
yield: e.g. 10% after expansion. The theoretical systems
mentioned have never been used to liquefy hydrogen on
a large-scale production. They were just small-scale labora-
tory systems. Next, Ingolstadt and Praxair brought this
concept to invent real plants. Today, actual large-scale
hydrogen liquefaction plants, e.g. Praxair, Air Products, and
Air Liquids plants in the USA, energy consumptions are
reported to be between 12 and 15 kW h/kgLH2 [14]. Baker and
Shaner’s [21] was the ﬁrst conceptual plant, and it had
the lowest efﬁciency. The conceptual large-scale systems
proposed by Matsuda and Nagami [2], Quack [3], and Valenti
[7] were designed later. Recently, the efﬁciency of the Leuna
plant (with energy consumption less than 13.58 kW h/kgLH2) is
a little better than Ingolstadt is assumedhere. Quack’s process
reports the best cycle exergy efﬁciency at 5.76 kWh/kgLH2. The
best plant in the USA today is reported to require 10 kW h/
kgLH2 [14], but it is not knownwhere. A simulated 50 TPD large-
scale Shimko plant, which is a helium refrigeration system
with a hydrogen feed at 21 bars, is reported at 8.7 kW h/kgLH2.
The proposed large-scale MR system is 5.35 kW h/kgLH2 as
depicted. The ideal theoretical minimum value is 2.89 kW h/
kgLH2. For the process with LNG for pre-cooling studied by
Kuendig et al. [1], the power consumption is reported by
Kramer et al. [16] to be 4 kW h/kgLH2. Thus, the overall
Table 2 – Summary and comparison of hydrogen liquefaction process efﬁciencies.
System with modiﬁed feed state:
normal hydrogen @21 bars, 25 C
Original energy consumption
(kW h/kgLH2)
Modiﬁed energy
consumption
( kW h/kgLH2)
Modiﬁed exergy
efﬁciency (%)
1. The thermodynamically ideal liquefaction system
Feed: 21 bars, 25 C, n-GH2
Output: 1 bar, 253 C, n-LH2 – 2.178 100
Output: 1 bars, 253 C, 99.8% p-LH2 – 2.890 100
2. Theoretical simple Linde–Hampson system [8].
*Cannot liquefy hydrogen
– – –
3. Theoretical pre-cooled Linde–Hampson [8,13].
Output: 1 bar, 253 C, n-LH2
64.5–71.7 63.6–70.8 3.0–3.4
4. Theoretical Claude system [8,13].
Output: 1 bar, 253 C, n-LH2
Less than the pre-cooled Claude
5. Theoretical pre-cooled Claude system [8,13].
Output: 1 bar, 253 C, n-LH2
24.8–35.0 24.6–34.8 6.2–8.8
6. Theoretical
helium-refrigerated system [8,13].
Output: 1 bar, 253 C, n-LH2
29.3–49.5 29.2–49.4 4.4–7.4
7. Large-scale Praxair plant system [14].
Output: z1 bar, 253 C, 95% p-LH2
z12–15 19–24
8. Large-scale Air Products plant system [14].
Output: z1 bar, 253 C, 95% p-LH2
9. Large-scale Air Linde plant system [14].
Output: z1 bar, 253 C, 95% p-LH2
10. Large-scale plant, Claude system in Ingolstadt
on stream in 1994 by Bracha et al. [10]. Output:
1.3 bars, 253 C, 95% p-LH2
13.58 21.0
11. WE-NET: Nitrogen pre-cooled large-scale Claude
plant by Matsuda and Nagami [2] Output: 1.3
bars, 253 C, 95% p-LH2
1) Hydrogen Claude z8.5 N/A N/A
2) Helium Brayton
3) Basic neon
4) Neon with cold pump 7.0 41.3
12. Large-scale conceptual plant by Quack [3]
Output: 1 bar, 253 C, 99.8% p-LH2
1) Without pressure drop in calculation 7.0 5.49 52.6
2) With pressure drop in calculation z7.3 N/A N/A
13. Four helium Joule–Brayton cascade cycle by
Valenti [7]. Output: 1.5 bars, 253 C, 99.8% p-LH2
5.04 5.76 50.2
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efﬁciency, compared with the ideal process, is [(2.89 kW h/
kgLH2)/(4 kW h/kgLH2)]  100 ¼ 72%, which is the highest with
respect to all current systems. However, this is not shown in
Fig. 7 because the process is cooled by free LNG, not by the
system itself. Completely new approaches for low tempera-
ture refrigeration are magnetic refrigerators and acoustic
refrigerators. Magneto caloric coolingmay reduce liquefaction
energy to 5.0 kW h/kgLH2 [22]; however, this may only be for
small-scale to medium-scale plants. All of the literature
related to magnetic cooling has been reorted on small-scale
hydrogen plants. Nobody thinks such a system is realistic in
large-scale systems.
7. Conclusion
Today large hydrogen liquefaction plants have exergy efﬁ-
ciencies of just 20–30%; thus, there is potential for improve-
ment. From 1998 to 2008, some conceptual plants have been
proposed with reported efﬁciencies of 40–50%. Finally, in the
year 2010, NTNU and SINTEF Energy Research AS will propose
a new MR system with an efﬁciency greater than 50%. Details
of the proposed system will be reported in upcoming papers.
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a b s t r a c t
This study investigates the simulation of a proposed small-scale laboratory liquid
hydrogen plant with a new, innovative multi-component refrigerant (MR) refrigeration
system. The simulated test rig was capable of liquefying a feed of 2 kg/h of normal
hydrogen gas at 21 bar and 25 C to normal liquid hydrogen at 2 bar and 250 C. The
simulated power consumption for pre-cooling the hydrogen from 25 C to 198 C with this
new MR cycle was 2.07 kWh/kgGH2 from the ideal minimum of 0.7755 kWh per kilogram of
feed hydrogen gas. This was the lowest power consumption available when compared to
today’s conventional hydrogen liquefaction cycles, which are approximately 4.00 kWh/
kgGH2. Hence, the MR cycle’s exergy efﬁciency was 38.3%. Exergy analysis of the test rig’s
cycle, which is required to ﬁnd the losses and optimize the proposed MR system, was
evaluated for each component using the simulation data. It was found that the majority of
the losses were from the compressors, heat exchangers, and expansion valves. Suggestions
are provided for how to reduce exergy in each component in order to reduce the exergy
loss. Finally, further improvements for better efﬁciency of the test rig are explained to
assist in the design of a future large-scale hydrogen liquefaction plant.
ª 2010 Professor T. Nejat Veziroglu. Published by Elsevier Ltd. All rights reserved.
1. Introduction
Because hydrogen has shown promise as an important energy
vector for use in future transportation vehicles, several
hydrogen research projects have been conducted since 1980
and in particular, since 2000. One of the challenges in creating
a hydrogen economy is the low efﬁciencies of the current
hydrogen liquefaction plants’ cycles. Currently, large
hydrogen liquefaction plants, e.g., the plant in Ingolstadt as
described by Bracha et al. [1], have exergy efﬁciencies of just
20e30%. These efﬁciencies are very low. The plant consumes
4.86 kWh per kilogram of hydrogen gas using a nitrogen
refrigeration system to pre-cool normal hydrogen gas from
25 C to equilibrium hydrogen gas at 198 C. From 1998
through 2008, some conceptual plants were proposed with
reportedly improved efﬁciencies of 40e50% [2e7]. A literature
review for the development of large-scale hydrogen liquefac-
tion processes throughout theworld from 1898 to 2009 is given
by Krasae-in et al. [8]. Finally, in the year 2010, the Norwegian
University of Science and Technology (NTNU) and the Scan-
dinavian Research Foundation (SINTEF) Energy Research AS
proposed a new large-scale MR system with efﬁciency in
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excess of 50%. Detailed results will be reported by the author
in an upcoming paper.
Refrigeration systems thermodynamically release heat
into the environment. The ﬁrst law governs the conservation
of energy only; it gives no information on how, where, and
how much the system performance is degraded. Exergy
analysis is a powerful tool in the design, optimization, and
performance evaluation of energy systems. The principles
and methodologies of exergy analysis are well established
[9e14]. Exergy analysis of a complex system can be performed
by analyzing the components of the system separately. Iden-
tifying the main sites of exergy destruction shows the direc-
tion for potential improvements.
Baker and Shaner [15] studied the exergy analysis of
a hydrogen liquefaction system.Dincer andRosen [16] andChiu
and Newton [17] conducted interesting discussions about the
exergy analysis of cryogenic systems. Similarly, with a focus on
the analysis of a hydrogen liquefaction cycle, Kanoglu [18] and
Remeljej and Hoadley [19] presented methodologies for the
exergy analysis of refrigeration cycles and obtained the
minimumwork relation for the liquefaction of natural gas.
Before the initial experiment, the test rig was redesigned
and optimized by simulation and exergy analysis. In this
paper, the operation of the small-scale laboratory liquid
hydrogen plant is described ﬁrst. Multi-component refrigerant
was used in the cycle. This concept of a mixed refrigerant in
gas liquefaction was discovered in the past few years and has
resulted in reduced energy consumption compared to
conventional liquefaction cycles. This reduction is similar to
what was explained by Bottura [20], Chrz [21], and Maﬁ et al.
[22], and Bosma and Nagelvoort [23]. The differences involve
the new modiﬁed cycle and the new optimized refrigerant
mixture that was specially designed for pre-cooling hydrogen
gas from 25 C to 198 C. An exergy analysis was performed
on the individual components in the cycle as well as on the
entire cycle of the test rig. The coefﬁcient of performance
(COP) and second law efﬁciency for the entire cycle were
obtained. Finally, a process is described for how to reduce
exergy loss in each component and to obtain optimization of
the minimum work required for the liquefaction process of
the test rigdi.e., the speciﬁc objective of this paper.
2. System description
The simulation model was built in PRO/II. For the equation of
state, RedlicheKwongeSoave (SRK) was selected for use in this
PRO/II simulation package because of its popularity, simplicity,
and fast computation. Orthoepara conversion reactors were
not includedbecause the experimental rig couldnot contain the
catalyst needed for the orthoepara conversion. The laboratory
test rig pictured in Fig. 1 was designed by SINTEF Energy
Research AS to use the MR containing more complex of
composition. The concept of multi-component refrigerants
(also known as mixed refrigerants) [20e23] has been widely
used in the liquefactionofnatural gas fordecadesbecauseof the
reduced energy consumption compared to other conventional
liquefaction cycles. SINTEF has worked with this type of
refrigeration cycles for several years. The novelty of this mixed
refrigerant system is described very well by Flynn [24]. Before
the startup of the rig, a decisionwasmade to use a less complex
refrigerant during the start up period. To help obtain a theoret-
ically optimized refrigerant mix, a model of the liquefaction rig
was made in the ﬂow sheet of the PRO/II simulation program.
Table 1 contains design and assumption data. Ambient
temperature, capacity, GH2 feed, and LH2 product were the
design values. No pressure drop was assumed because the
plant was a relatively small-scale system. Good low-temper-
ature heat exchangers for cryogenic system were generally
recommended by Barron [25] to have a 1e2 C temperature
approach. The compressors’ efﬁciencies were estimated from
the manufacturers’ product catalogues, which generally con-
tained small-size gas compressors. Hydrogen gas compres-
sion ratio was higher than that of MR gas, thus lower
efﬁciency of H2 compressor was assumed.
As shown in Fig. 1, feed hydrogen gas was ﬁrst compressed
from a suction pressure in a two-stage hydrogen piston
compressor with inter- and after cooling. The outlet temper-
ature of the aftercooler (both H2 and MR circuit) was designed
to be 25 C. Next, the hydrogen was cooled in a series of 5 heat
exchangers. In the ﬁrst 4 heat exchangers, the hydrogen gas
was cooled by the MR refrigeration system. In the last heat
exchanger, the hydrogen gas was cooled by a liquid helium
circuit. After cooling, a JouleeThompson valve was used to
throttle the hydrogen gas from 21 bar to 2 bar. Finally, most of
hydrogen gas was liqueﬁed to be 98% liquid hydrogen at
stream 10 and 2% return ﬂash hydrogen gas at stream 11.
The objective function was to minimize the MR
compressor power by optimizing the following variables:
1. A suitable H2 compressor discharge pressure:
Thedischargepressureneeded to beabove15bar (supercritical
pressure) to avoid condensation. For the test rig, the discharge
pressure was designed to be 21 bar, equivalent to that of the
feed at Ingolstadt. High feed pressures result in minimal work
liquefactionasdescribedbyMatsudaandNagami [2],Quack [3],
and Valenti et al. [6] who used values of 50, 80, and 60 bar. On
a larger scale, if the feed is 1e2 bar, it is recommended to
compress the feed discharge to 21 bar instead of a higher value
because of the increased energy requirement.
2. A suitable H2 compressor suction pressure:
This pressure must be a slightly above ambient pressure
(1 bar) to be kept in a liquid tank before supply. Ingolstadt uses
1.3 bar. For this test rig, the compressor suction pressure could
be anywhere between 1.3 and 2 bar. For control simplicity,
a value of 2 bar was selected.
3. A suitable MR compressor discharge pressure:
Several simulation trials were performed using PRO/II to deter-
mine an optimized composition for different suction pressures.
Anoptimizedandsimpliﬁed5-componentmixture, consistingof
4% neon, 12% nitrogen, 26% methane, 30% ethane, and 28%
butane, was satisﬁed with different suction and discharge MR
pressures for all cases. The suitable MR compressor discharge
pressurewas 18 bar, which resulted in anMR compressor power
of 4.55 kW. If the pressure was lower than that, e.g., 15, 16, or
17 bar, it was impossible for theMR system to cool the hydrogen.
In addition, a solid phase of the MR ﬂow could form inside
the heat exchangers if the pressure was much lower than
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18 bar. However, if the discharge pressure was higher than
18 bar, the system would work, but it would result in a higher
MR compressor power. Moreover, if the pressurewas too high,
there would be more exergy losses at the expansions valves:
EX1, EX2, and EX3.
4. A suitable MR compressor suction pressure:
Too high or too low of a suction pressure would make it
impossible to sufﬁciently cool down the hydrogen gas to
a speciﬁed, designed temperature (198 C) ﬂowing out of HX4.
Thesuitablepressurewas2bar,which resulted intheminimum
(theoretical) brakehorse power (4.55 kW) of theMRcompressor.
The suction pressure could not be lower than 1 bar because it
would result in a higher MR compressor power; additionally, it
could not be higher than 2 bar because that would lead to
a systemthat couldnot sufﬁciently cool down thehydrogengas.
5. Hot-stream hydrogen outlet temperatures from HX1, HX2,
HX3, HX4, and HX5:
Trial and error was used to ﬁnd the optimum temperatures.
6. The suitable composition of the MR cycle:
Trial and errorwas performed to ﬁnd the optimal composition.
For simplicity, a reducednumber ofmixture componentswere
used to complete the initial experiment as explained above.
Thus, simulation of the test rig with the 5-componentmixture
was done ﬁrst. After that, simulation of the test rigwith amore
complex 10-component mixture was also done to see the
difference from the simpliﬁed 5-component mixture. The
optimized complex MR composition, discovered through trial
and error, was: 1.3% neon, 14.4% nitrogen, 14.4% methane,
16.1% R14, 17.1% ethane, 12.0% propene, 6.8% propane, 1.8%
Ibutane, 8.7% butane, and 7.4% pentane. Simulation results of
both 5-component and 10-component mixtures of the rig, as
depicted in Fig. 1, are shown in Tables 3e5.
3. Analysis
All energy balance equations of all components, as depicted in
Fig. 1, are shown in Table 5.
3.1. Heat removed from pre-cooling process
The heat removed from the hydrogen gas during the pre-
cooling process from 25 C to 198 C in the test rig was
determined by the following formula:
_Qprecooling ¼ _mH2

hfeed  hprecooled
 ¼ _mH2 ðh3  h7Þ (1)
where _mH2 is the mass ﬂow rate of hydrogen gas (kg/s), hfeed
is the enthalpy of hydrogen gas at the feed (kJ/kg), which is
at stream 3 (h3), and hliqueﬁed is the enthalpy of pre-cooled
hydrogen (kJ/kg), which is at stream 7 (h7). From the simu-
lation of the test rig, _Qprecooling ¼ 0:000571 kg=s ð175:87 to
3038:81 kJ=kgÞ ¼ 1:8356 kW, which was the same for both
mixtures. For heat removed from the hydrogen gas during
the liquefaction process, hliqueﬁed was the enthalpy of liq-
ueﬁed hydrogen (kJ/kg) which was at stream 9 (h9). Thus,
_Q liquefaction ¼ _mH2

hfeed  hliquefied
 ¼ _mH2 ðh3  h9Þ ¼ 2:4949 kW:
3.2. Energy efﬁciency (ﬁrst law efﬁciency)
Coefﬁcient of performance (COP) of the test rig may be
expressed as:
COPliquefaction ¼ hI ¼
_Q liquefaction
_WBH; COM
(2)
_WBH; COM ¼ _WBH; MR COM þ _WBH; H2 COM was the brake horse-
power of the test rig’s compressors or the actual work rate
input to the cycle (kW) that consisted of the compressor
brake horsepower from both the MR compressor and the
hydrogen compressor. Thus, COP of the test rig was
COPliquefaction¼ _Q liquefaction= _WBH;COM¼2:4949 kW=7:92 kW¼0:3150
for the 5-component mixture and 2.4949 kW/7.51 kW ¼ 0.3322
for the 10-component mixture. COP of the MR cycle only was
COPMR cycle¼ _Qprecooling= _WBH; MR COM¼1:8356 kW=4:55 kW¼0:4034
for the 5-component mixture and 1.8356 kW/
4.1426 kW ¼ 0.4431 for the 10-component mixture.
3.3. Exergy efﬁciency (second law efﬁciency)
The exergy efﬁciency for the liquefaction process of the test
rig maybe deﬁned as:
e¼hII¼
_Wmin; cycle
_WBH; COM
¼
_WBH; COM _Itotal
_WBH; COM
¼
_WBH; COM

_Ex; in _Ex; out

_WBH; COM
(3)
where _Wmin; cycle is theminimumworkrate input to the test rig’s
cycle (kW). For hII, the analysis is given in Section 4.1, Results.
The ideal minimum power consumption to pre-cool normal
hydrogen gas from25 C to198 C at 2 kg/h and 21 barwas the
ideal minimum power consumption of the MR cycle:
_Wmin; MR cycle¼ _Ex; 7 _Ex; 3¼1:59 kW. Exergy efﬁciency of the MR
refrigeration cycle onlywas hII; MR cycle¼ _Wmin; MR cycle= _WBH; MR COM
¼1:59 kW=4:55 kW¼0:3494 for the 5-component mixture and
1.59 kW/4.1426 kW ¼ 0.3838 for the 10-component mixture.
3.4. System exergy analysis of the test rig
The easiest approach to a thermodynamic analysis of
a system is to introduce exergy as additional information for
each state point. Exergy, the maximal available speciﬁc work
(kJ/kg), is deﬁned as:
ex ¼ h Ts (4)
where h is the enthalpy (kJ/kg), T is the temperature (K), s is the
entropy (kJ/kg-K). Otherwise:
dex ¼ dh Tds (5)
or, integrated:
ex ¼ ðh hoÞ  Toðs soÞ (6)
where ex is the speciﬁc exergy or the maximum available
speciﬁc work (kJ/kg) that can be obtained from a periodic
process between a state and the ambient condition or refer-
ence state. Usually, the reference state at ambient condition is
at 1 bar, 25 C (z300K) for thevaluesof ho; To and so. In general,
whensubstitutingvalues intoEq. (6),To is replacedby300K,not
25 C, although any conditions, temperatures, or pressures can
be inserted, given the user’s speciﬁcations. As shown in Tables
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3 and 4, 25 C was the ambient temperature where speciﬁc
exergy (or maximum available speciﬁc work or stream exergy
ﬂow as in (Eqs. (4) and (7)) was assumed to be zero. This setting
was used for comparison (as shown in Table 2) with other
conventional systems that all use speciﬁed reference temper-
atures of 25 C. In fact, when the reference temperature was
varied, the exergy efﬁciency remained the same. However, if
ambient temperature was increased, then exergy efﬁciency
Fig. 1 e Schematic diagram of the laboratory MR hydrogen liquefaction system.
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decreased because less heat rejection at the condenser (HX7)
resulted in a higher MR compressor power consumption.
Then:
_Ex ¼ _mex (7)
_Ex ¼ stream exergy ﬂow (kW) and _m is the mass ﬂow rate (kg/
s) of the stream. For the whole system as well as its individual
parts, thermodynamic efﬁciencies can be calculated as ratios
of the minimum exergy necessary to the exergy actually
applied. For a system analysis, however, it was more reason-
able to calculate the exergy loss occurring in a component and
to compare it to the exergy input to the system. For the
hydrogen liqueﬁer test rig considered, an exergy ﬂow diagram
was plotted showing the exergy losses. Heat leaks into the
liqueﬁer were not taken into account.
Fig. 2 depicts a simple exergy ﬂow diagram of the test rig
system. The power input into the electric motor drives of the
H2 compressor and the MR compressor is only part of the
exergy input to the liqueﬁer. We assumed that other electrical
devices, such as fan motors, air blowers, and water pumps,
were relatively small compared to the two compressors. The
percentage of the total exergy input was therefore given.
Additionally, there were only three throttling valves within
the plant causing a small loss, namely the JouleeThomson
valve in the cooling cycle. The exergy losses in the “cold box”,
a vacuum chamber (as depicted in Figs. 1 and 2) that contains
low-temperature heat exchangers, liquid separators, expan-
sion valves, and mixers, are due to inefﬁciencies of the heat
exchangers, valves, separators, mixers, and the process itself.
A large amount of the overall exergy was dissipated (see
Fig. 2 for each component) due to inefﬁciencies of the
following components:
1. Compressors: H2 COM, and MR COM
2. Gas cooler: HX7
3. Liquid separators: LIQ1, LIQ2, and LIQ3
4. Heat exchangers: HX1, HX2, HX3, HX4, and HX5
5. Expansion valves: EX1, EX2, and EX3
6. Mixers: MIXER1, MIXER2, and MIXER3.
Fig. 2 shows that a major part of the losses was due to the
process design and would occurred even if ideal heat
exchangers were used. Therefore, the total exergy destruction
in the cycle was simply the sum of the exergy destructions
described above and can be expressed by the following
equation:
_Itotal ¼ _Ex; in  _Ex; out (8)
For this case, _WBH; COM ¼ _Ex; in and for this test rig,
_Ex; 10b ¼ _Ex; out. Thus,
_Itotal ¼

_IH2 COM þ _IMR COM
þ _ILIQ1 þ _ILIQ2 ¼ _ILIQ3
þ_IEX1 þ _IEX2 þ _IEX3þ _IHX1 þ _IHX2 þ _IHX3 þ _IHX4
þ_IMIXER1 þ _IMIXER2 þ _IMIXER3 (9)
In conclusion, the calculation of exergy losses was a very
powerful means of identifying the sources of irreversibility,
their portion of the total loss, the potential for improvement,
and theireffectonpower inputandoperatingcostsof theplant.
4. Results and discussion
4.1. Results
First, the speciﬁc exergy and exergy ﬂow were calculated from
thesimulationresults of eachstreamasshown inTables3and4.
In these two tables, it is noted that the reference state of
hydrogen isthefeedat2barand25 C; thus,ho ¼171.30kJ/kgand
so ¼ 85.84kJ/kg-K.The reference state of theMRsidewas stream
19at 18 bar and 25 C; thus, ho ¼ 348.04 kJ/kg and so ¼ 9.24 kJ/kg-
K. For cooling water circuit, at streams 41 and 42, and the refer-
ence state was at 1 bar and 25 C; thus, ho ¼ 105.65 kJ/kg and so
¼0.37kJ/kg-K.Streamnumbers2,6, 13, 30, 33, 38a,38b, 39,and40
were blank and were not included in the calculation because
they were not needed. The calculation of irreversibility/exergy
loss of each component is shown in Table 5.
The liqueﬁer can be operated by making the MR refrig-
erant more complex. Complex components mean that there
are more components in the mixture than are found with
simpliﬁed components of mixture. From Table 5, with
change from the 5-component mixture to the 10-component
mixture, exergy losses were reduced in most of the
components. This reduction was especially evident in the
decreased losses at the heat exchangers (HX1, HX2, and HX3)
due to the reduction in the temperature difference between
the pre-cooling hydrogen gas and the complex MR refrig-
erant. This improved temperature difference allowed adap-
tation to the pre-cooling curve, absorption of more heat, and
better boiling heat-transfer properties than the simpliﬁed
mixture. The reduction in exergy loss at the MR compressor
was also due to the lower complexemixture-MR ﬂow rate
needed in the cycle. Finally, the actual work was 7.51 kW,
and the liqueﬁer exergy efﬁciency was 21.06%. This result
demonstrates a slight improvement in exergy efﬁciency.
Note that _WBH; COM ¼ _Wmin; cycle þ ð_Itotal þ _IunknownÞ, or
7.51 kW ¼ 1.59 kW þ (5.4195 kW þ 0.5005 kW). In short,
there was a potential improvement for the overall system
efﬁciency when using the proposed complex 10-component
mixture compared to the simpliﬁed 5-component mixture.
In Table 4, the simulation data from PRO/II is collected. The
returnﬂashhydrogengasstream(stream11)wasrelativelysmall
compared to themain feed (stream3). Thus, the idealminimum
Table 1 e Boundary conditions of the test rig’s
simulation.
Parameter The test rig’s process from
the simulation
Ambient temperature 25 C
Capacity of liqueﬁed hydrogen 2 kg/h
GH2 feed 1 bar and 25 C
LH2 product 2.0 bar, saturated liquid
normal hydrogen
Pressure drop in system No
Temperature approach in heat
exchangers Isentropic efﬁciency:
1e2 C (arbitrarily selected
for high effectiveness)
H2 compressor 65% (selected similar to
actual machinery)
MR compressor 70% (selected similar to
actual machinery)
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energy consumption to cool down a single feed through normal
hydrogen gas from 21 bar to 25 C to normal hydrogen gas at
193 C at the same pressurewaswMR cycle; ideal ¼ ex; 7  ex; 3 ¼
2791:84 kJ=kgGH2 ¼ 0:7755 kWh=kgGH2. The ideal minimum
energy consumption to further cool the hydrogen down to
253 C was wHelium; ideal ¼ ex; 8  ex; 7 ¼ 7210:20 kJ=kgGH2
¼ 2:07 kWh=kgGH2 as shown in Fig. 3.
Table 2 shows that the efﬁciency and energy consumption
of the proposed 10-component MR system (used to pre-cool
normal hydrogen gas at 21 bar from 25 C to be 198 C of
normal hydrogen gas at the same pressure) were less than
other conventional (Ingolstant, Leuna, and Praxair) and
conceptual (Matsuda, Valenti, Shimko, and Quack) pre-cool-
ing systems. The feed pressure of every refrigeration system
was the same at 21 bar and 25 C. In the table, Valenti’s,
Shimko’s, and Quack’s cycles, which were simulated in PRO/II
by the author, have higher energy consumptions than
4.00 kWh/kgGH2. The proposed MR system had a lower energy
consumption (2.07 kWh/kgGH2) and a higher exergy efﬁciency
(38.3%) relative to the ideal minimum of 0.7755 kWh/kgGH2
ðhII; MR cycle ¼ wMR cycle; ideal=wBH; MR COM ¼ 0:7755 kWh=kg
GH2=2:07 kWh=kgGH2z0:383Þ. This system offered the best
performance when compared to the aforementioned
conventional and conception systems. For example, the
conventional system had an exergy efﬁciency of 19.4%. It was
assumed that 4.00 kWh/kgGH2 was the approximate amount of
required energy as simulated in PRO/II by the author.
Orthoepara conversion was not included. Actually, at the
Ingolstadt plant (as reported by Bracha et al. [1] and recalcu-
lated by Kuzmenko et al. [4]), 4.86 kWh/kgGH2 was the amount
of energy required, including orthoepara conversion. Speciﬁc
heat removal from the pre-cooling process was
_Qprecooling= _mH2 ¼ ðhfeed  hprecooledÞ ¼ ðh3  h7Þ ¼ 3214:68 kJ=
kgGH2 ¼ 0:8929 kWh=kgGH2. Thus, energy efﬁciency of the MR
cycle was 44.3%, whereas the conventional cycle at the
Ingolstadt plant had an efﬁciency of 22.3%. This result indi-
cates that at the same refrigeration or pre-cooling load, the
power consumption of the MR cycle was around half that of
the conventional cycle. This ﬁnding corresponds to the energy
consumptions shown in the table. In short, a comparison
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Fig. 2 e Exergy ﬂow diagram of the system.
Table 2 e Comparison of the energy and exergy efﬁciencies of an MR refrigeration system with other conventional and
conceptual refrigeration systems.
Refrigeration systems Inventor Energy consumption Energy efﬁciency Exergy efﬁciency
MR refrigeration Propose in this paper 2.07 kWh/kgGH2 44.3% 38.3%
N2 refrigeration Matsuda and Nagami [2] z4.00 kWh/kgGH2 z22.3% z19.4%
Ingolstadt plant in 1992
by Bracha et al. [1]
4.00 kWh/kgGH2 22.3% 19.4%
Leuna plant in 2007 [8] z4.00 kWh/kgGH2 z22.3% z19.4%
Praxair since 1957 [8] z4.00 kWh/kgGH2 z22.3% z19.4%
Helium refrigeration Valenti et al. [6] A lot higher than
4.00 kWh/kgGH2
A lot lower
than 22.3%
A lot lower than 19.4%
Shimko and Gardiner [5] Higher than 4.00 kWh/kgGH2 Lower than 22.3% Lower than 19.4%
Propane þ helium
refrigeration
Quack [3] Higher than 4.00 kWh/kgGH2 Lower than 22.3% Lower than 19.4%
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between energy and exergy efﬁciencies (as shown in Eq. (2)
and Eq. (3)) highlighted the importance of exergy and
showed that the exergy efﬁciency indicated the proximity to
the ideal minimum, whereas the energy efﬁciency did not.
From Table 5, for the 5-component mixture, the majority of
exergy losses were from the H2 compressor and aftercooler,
HX4, the MR compressor, HX1, HX3, HX7, EX3, and HX2. The
large loss from HX4 occurred because this was not the correct
way to cool down thehydrogengas. The temperature difference
between the pre-cooling hot-streamhydrogen gas and the cold,
liquid helium from LIQ4 was very large. HX1, HX2, and HX3,
however, performed very well and produced little exergy loss.
Note that _WBH; MR COM ¼ _Wmin; cycle þ ð_Itotal þ_IunknownÞ, or
7.92 kW ¼ 1.59 kW þ (5.8490 kW þ 0.491 kW). Finally, the
minimum liquefaction work, _Wmin; cycle ¼ _X10b  _X1a, was
1.59 kW; the actual work, _WBH; COM ¼ _WBH; MR COM
þ _WBH; H2 COM, was 7.92 kW; and the liqueﬁer second law or
exergy efﬁciency, hII ¼ ð _Wmin; cycle= _WBH; COMÞ  100%, was
20.06%.
4.2. Comments on how to reduce exergy loss in each
component
1. Hydrogen compressor and MR compressor (shown in
numbers by PRO/II in Table 6):
Table 3 e Thermodynamic properties of each stream: enthalpy, entropy, speciﬁc exergy, and exergy ﬂow of the proposed
simpliﬁed 5-component mixture.
Stream
number
Pressure Temp. Flow rate Enthalpy Entropy Exergy Exergy ﬂow Phase Description
P T _m h s ex _Ex
(bar) (C) (kg/s) (kJ/kg) (kJ/kg-K) (kJ/kg) (kW)
1 2 24.6 0.000571 165.79 85.82 0.04 0.00 Superheated vapor H2 cool gas
1a 2 25.0 0.000556 171.30 85.84 0.00 0.00 Superheated vapor H2 cool gas
2
3 21 25.0 0.000571 175.87 76.12 2921.68 1.67 Superheated vapor H2 cool gas
4 21 46.1 0.000571 837.64 72.23 3073.19 1.75 Superheated vapor H2 cold gas
5 21 103.1 0.000571 1650.18 68.11 3497.42 2.00 Superheated vapor H2 cold gas
6
7 21 198.1 0.000571 3038.81 56.09 5713.52 3.26 Superheated vapor H2 cold gas
8 21 250.0 0.000571 4193.52 28.21 12 923.72 7.38 Superheated vapor H2 cold gas
9 2 250.2 0.000571 4193.52 29.30 12 596.59 7.19 Mixture H2 cold mixture
10 2 250.2 0.000556 4206.16 28.75 12 749.28 7.09 Saturated liquid H2 cold liquid
10a 2 250.2 0.000556 4206.16 28.75 12 749.28 7.09 Saturated liquid H2 cold liquid
10b 2 201.8 0.000556 3038.81 65.60 2860.63 1.59 Superheated vapor H2 cold gas
11 2 250.2 0.000016 3744.47 48.88 7172.87 0.11 Superheated vapor H2 cold gas
12 2 201.8 0.000016 3038.81 65.59 2866.19 0.04 Superheated vapor H2 cold gas
13
14 2 107.2 0.000016 1678.36 77.68 599.29 0.01 Superheated vapor H2 cold gas
15 2 53.8 0.000016 945.19 81.49 187.96 0.00 Superheated vapor H2 cold gas
16 2 10.9 0.000016 29.66 85.15 6.18 0.00 Superheated vapor H2 cold gas
17 2 10.9 0.016818 319.52 8.98 51.62 0.87 Superheated vapor MR cold gas
18 18 158.7 0.016818 590.32 9.21 253.08 4.26 Superheated vapor MR hot gas
19 18 25.0 0.016818 213.14 8.12 202.12 3.40 Saturated liquid MR warm liquid
20 18 25.0 0.011543 282.90 8.59 130.02 1.50 Saturated vapor MR warm gas
21 18 25.0 0.005274 60.46 7.08 359.91 1.90 Saturated liquid MR warm liquid
22 18 46.1 0.005274 106.68 6.45 384.08 2.03 Compressed liquid MR cold liquid
23 2 50.4 0.005274 106.68 6.47 378.67 2.00 Mixture MR cold mixture
24 18 46.1 0.011543 40.51 7.36 175.93 2.03 Superheated vapor MR cold mixture
25 18 46.1 0.005505 54.06 8.29 9.30 0.05 Mixture MR cold gas
26 18 46.1 0.006038 126.74 6.51 344.81 2.08 Saturated liquid MR cold liquid
27 18 103.1 0.006038 256.73 5.85 412.34 2.49 Compressed liquid MR cold liquid
28 2 106.3 0.006038 256.73 5.87 405.76 2.45 Mixture MR cold mixture
29 18 103.1 0.005505 209.91 6.95 130.69 0.72 Superheated vapor MR cold gas
30
31 2 198.1 0.005505 579.65 3.94 664.32 3.66 Saturated liquid MR cold liquid
32 2 199.7 0.005505 579.65 4.03 635.38 3.50 Mixture MR mixture
33
34 2 105.8 0.005505 69.70 8.40 163.28 0.90 Superheated vapor MR cold gas
35 2 102.8 0.011543 167.53 7.08 132.66 1.53 Mixture MR cold gas
36 2 53.8 0.011543 65.57 8.30 0.32 0.00 Superheated vapor MR cold gas
37 2 53.4 0.016818 11.55 7.73 118.90 2.00 Mixture MR cold mixture
38a, b
39, 40
41 1 25.0 0.002229 105.65 0.37 0.00 0.00 Compressed liquid Liquid water
42 1 150.0 0.002229 2775 7.619 494.65 0.50 Superheated vapor Hot steam
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 Reduce the suction temperature. Fromexperience, (which
can also be veriﬁed by calculations) the compressor power
is also reduced when the suction temperature is reduced.
In this test rig, the hydrogen feed temperature was
decreased by turning off the HX8 electric heater. The
hydrogen recycled temperature and MR suction temper-
ature were reduced by designing the right MR composi-
tion. The right composition, e.g., enoughethane inside the
MR cycle, requires enough to boil and cool down HX2 and
ﬁnally, HX1. Sufﬁcient methane and neon are needed to
cool down HX4 and HX3. If all heat exchangers can be
cooled down low enough, then the temperature of the
suction compressors will be low. Moreover, discharge
temperature will also decrease, resulting in the reduction
of compressor fatigue, corrosion, and temperature,
thereby extending compressor life.
 Reduce or increase the term of equation:
_IMR COM ¼ _Ex; 17  _Ex; 18 þ _WBH; MR COM. From the equation,
when the suction temperature is reduced, _Ex; 17 is
reduced. Reduction of the suction temperature causes
a reduction in _WBH; MR COM. For the reasons mentioned
above, irreversibility (or loss) is decreased.
 Decreasethemassﬂowrate.Becausethe largestexergy loss
(compared to other losses) is at the compressor, reducing
the mass ﬂow rate or making a smaller compressor will
reduce the power consumption and exergy loss. For this
Table 4 e Thermodynamic properties of each stream: enthalpy, entropy, speciﬁc exergy, and exergy ﬂow of the proposed
10-component mixture.
Stream
number
Pressure Temp. Flow rate Enthalpy Entropy Exergy Exergy ﬂow Phase Description
P T _m h s ex _Ex
(bar) (C) (kg/s) (kJ/kg) (kJ/kg-K) (kJ/kg) (kW)
1 2 25.0 0.000571 171.14 85.84 0.00 0.00 Superheated vapor H2 cool gas
1a 2 25.0 0.000556 171.30 85.84 0.00 0.00 Superheated vapor H2 cool gas
2
3 21 25.0 0.000571 175.87 76.12 2921.68 1.67 Superheated vapor H2 cool gas
4 21 46.1 0.000571 837.64 72.23 3073.19 1.76 Superheated vapor H2 cold gas
5 21 103.1 0.000571 1650.18 68.11 3497.42 2.00 Superheated vapor H2 cold gas
6
7 21 198.1 0.000571 3038.81 56.09 5713.52 3.26 Superheated vapor H2 cold gas
8 21 250.0 0.000571 4193.52 28.21 12 923.72 7.38 Superheated vapor H2 cold gas
9 2 250.2 0.000571 4193.52 29.30 12 596.59 7.20 Mixture H2 cold mixture
10 2 250.2 0.000556 4206.16 28.75 12 749.28 7.08 Saturated liquid H2 cold liquid
10a 2 250.2 0.000556 4206.16 28.75 12 749.28 7.08 Saturated liquid H2 cold liquid
10b 2 201.9 0.000556 3038.81 65.59 2866.19 1.59 Superheated vapor H2 cold gas
11 2 250.2 0.000016 3744.47 48.88 7172.87 0.11 Superheated vapor H2 cold gas
12 2 201.9 0.000016 3038.81 65.59 2866.19 0.04 Superheated vapor H2 cold gas
13
14 2 107.2 0.000016 1698.12 77.56 615.10 0.01 Superheated vapor H2 cold gas
15 2 58.5 0.000016 1011.20 81.19 213.23 0.00 Superheated vapor H2 cold gas
16 2 24.5 0.000016 165.39 85.82 0.04 0.00 Superheated vapor H2 cold gas
17 2 24.5 0.019929 263.40 6.66 37.68 0.75 Superheated vapor MR cold gas
18 18 166.1 0.019929 471.27 6.84 193.37 3.85 Superheated vapor MR hot gas
19 18 25.0 0.019929 173.77 5.99 149.08 2.97 Saturated liquid MR warm liquid
20 18 25.0 0.015497 207.69 5.81 238.31 3.69 Saturated vapor MR warm gas
21 18 25.0 0.004432 55.18 6.64 162.90 0.72 Saturated liquid MR warm liquid
22 18 46.1 0.004432 101.74 6.04 140.21 0.62 Compressed liquid MR cold liquid
23 2 50.4 0.004432 101.74 6.06 145.17 0.64 Mixture MR cold mixture
24 18 46.1 0.015497 33.68 4.89 273.69 4.24 Superheated vapor MR cold mixture
25 18 46.1 0.008085 32.83 4.67 403.77 3.26 Mixture MR cold gas
26 18 46.1 0.007412 106.23 5.12 131.80 0.98 Saturated liquid MR cold liquid
27 18 103.1 0.007412 215.16 4.57 188.27 1.40 Compressed liquid MR cold liquid
28 2 106.3 0.007412 215.16 4.58 182.79 1.35 Mixture MR cold mixture
29 18 103.1 0.008085 139.35 3.79 497.69 4.02 Superheated vapor MR cold gas
30
31 2 198.1 0.008085 349.49 2.09 798.29 6.45 Saturated liquid MR cold liquid
32 2 198.4 0.008085 349.49 2.11 789.59 6.38 Mixture MR mixture
33
34 2 107.2 0.008085 43.84 4.69 323.87 2.62 Superheated vapor MR cold gas
35 2 105.0 0.015497 125.78 4.64 255.69 3.96 Mixture MR cold gas
36 2 58.3 0.015497 45.41 5.53 158.93 2.46 Superheated vapor MR cold gas
37 2 55.6 0.019929 12.69 5.65 90.62 1.81 Mixture MR cold mixture
38a, b
39, 40
41 1 25.0 0.002229 105.65 0.37 0.00 0.00 Compressed liquid Liquid water
42 1 150.0 0.002229 2775.00 7.62 494.65 0.50 Superheated vapor Hot steam
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test rig, reducing the MR compressor rotational speed will
reduce the MR mass ﬂow rate. But it should also be noted
that too lowofaMRmassﬂowratewill causeaninsufﬁcient
ﬂow to pre-cool the hydrogen gas.
 Additionally, there is the exergy ﬂow due to heat transfer
from the compressor. Coolingdown the compressor by any
means (water-cooled or aircooled) is recommended before
the compressed gas comes out of the compressor. For this
test rig, a two-stage hydrogen compressor was already
designed by the manufacturer to include water cooling
between the stages. For the MR compressor, heat was
ventilated fromthe compressor byanaircooled fansystem.
 For a large liquefaction system, a good example is the
arrangement of hydrogen compressors and pre-cooling
propane compressors connected in series. This setup is
the same as Quack [3]’s conceptual plant, which cools
down both the suction and discharge gas temperatures by
cooling and exchanging heat with a low-temperature
propane heat exchanger. Therefore, the suction temper-
ature of a hydrogen compressor and propane compressor
is around 0 C. Moreover, it is highly recommended for
a large compressor manufacturer to design a product
with a water cooling system that wraps around the
compressor case to transfer heat or make the outer
surface temperature as low as possible (the same as a car
engine water cooling system). Alternatively, high-ﬂow oil
injection cooling can be used in a screw refrigeration
compressor. In short, any means of ventilating as much
heat as possible somewhere around the compressor is
highly recommended. A high efﬁciency compressor can
also be used. The ﬁnal recommendation is to avoid
designing a system that results in too large of a difference
between the suction and discharge pressure.
2. Gas coolers: HX6 and HX7
 For HX6 and HX7: Increase or make the size of the heat
exchanger as large as possible to reduce the temperature
difference between the two streams and between the
inlet and outlet. However, this will increase the cost of
material, so the appropriate size should be considered.
For this test rig, gas coolers were already selected and
installed. Alterations were not possible.
 For HX6, Hydrogen aftercooler: Consider the equation:
_IHX6 ¼ ð _Ex; 2 þ _Ex; 39Þ  ð _Ex; 3 þ _Ex; 40Þ and ðT2  T40Þ should
be as close as possible to transfer all heat or to have high
heat exchange effectiveness. For example, at HX6, the
temperature of stream 40 should be close to or the same
as that of stream 2. Likewise, the temperature of stream
39 should be close to or the same as that of stream 3. Also,
the cooling water ﬂow rate should be increased as much
as possible, but the inlet and the outlet water should not
be colder than the outlet hydrogen discharge or the inlet
hydrogen suction.
 For HX7, MR water-cooled condenser: The following equa-
tion, _IHX7 ¼ ð _Ex; 18 þ _Ex; 41Þ  ð _Ex; 19 þ _Ex; 42Þ, indicates that
the term ð _Ex; 18 þ _Ex; 41Þ must be a low value, while the
term ð _Ex; 19 þ _Ex; 42Þ must be a high value. Thus, it is rec-
ommended to have a low discharge MR temperature,
a low water inlet temperature, a high outlet MR temper-
ature (close to water inlet temperature), and a high water
outlet temperature (close to MR discharge temperature).
The temperature of stream 42 should be close to or the
same as that of stream 18, and the temperature of stream
Table 6 e Methods to reduce MR compressor’s exergy loss/irreversibility of the test rig’s 5 components.
Numbers in bold italics are
the changed values. Numbers in
bold were simulated from PRO/II.
Suction Discharge _WBH; MR COM _IMR COM
P17 T17 _Ex; 17 P18 T18 _Ex; 18
Unit (bar) (C) (kW) (bar) (C) (kW) (kW) (kW)
Suppose that the reference state is at: ¼> 1.4 25 L2.94 22 194 1.74 6.09 1.41
1. Reduce suction temperature 1.4 10.9 L2.92 22 178 1.49 5.81 1.40
2. Increase suction pressure 2.0 25 L2.49 22 173 1.42 5.15 1.24
3. Reduce discharge pressure 1.4 25 L2.94 18 181 1.32 5.58 1.32
4. Reduce mass ﬂow rate from 1.8 to 1.58 kg-mol/hr 1.4 25 2.58 22 194 1.52 5.34 1.24
5. Ventilate heat from compressor 1.4 25 L2.94 22 190 1.70 6.00 1.36
Fig. 3 e Ideal minimum energy consumptions calculated from the PRO/II simulation data.
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41 should be close to or the same as that of stream 19. In
short, a high effectiveness MR water-cooled condenser is
recommended. A large heat exchanger with a lower
water-cool ﬂow rate is better than a small heat exchanger
with a highwater-cool ﬂow rate and a very lowwater inlet
temperature.
3. Expansion valves: EX1, EX2, and EX3
 From equations: _IEX1 ¼ _Ex; 22  _Ex; 23, _IEX2 ¼ _Ex; 27  _Ex; 28,
and _IEX3 ¼ _Ex; 31  _Ex; 32; a decrease in exergy loss means
making the difference between the inﬂow and outﬂow
exergy rate, _Ex as small as possible.
 The only way to reduce exergy loss in the expansion
device is by reducing the pressure difference. This
reduction may involve avoiding too large of a pressure
difference between the suction and discharge pressure of
the MR cycle. Also, this may mean trying to maintain the
suction MR pressure at the designed 2.0 bar, with a low
discharge MR pressure.
 The last way to reduce exergy loss is to reduce the
temperature difference between an incoming ﬂuid
temperature and an out-going ﬂuid temperature.
4. Heat exchangers: HX1, HX2, HX3, HX4, and HX5 (shown in
numbers by PRO/II in Table 7)
 Increase heat transfer or increase the size of the heat
exchanger as much as possible to enhance the surface
area between the two streams (hydrogen andMR) and the
decreased temperature difference between the inlet and
outlet. For example, from HX3, consider the equation:
_IHX3 ¼ ð _Ex; 5 þ _Ex; 12 þ _Ex; 32 þ _Ex; 29Þ  ð _Ex; 7 þ _Ex; 14þ
_Ex; 34 þ _Ex; 31Þ; ðT5  T14Þ, ðT6  T13Þ, ðT29  T34Þ, and
ðT30  T33Þ should be as close as possible to transfer all
heat or to have a high heat exchange effectiveness (an
almost perfect heat exchanger). For example, at HX3, the
temperatures of streams 14 and 34 should be close to
those of streams 5 and 29, and the temperatures of
streams 12 and 32 should be close to those of streams 5
and 29. Other heat exchangers, HX1, HX2, HX4, and HX5,
are all the same. The results from attempting to make the
temperature difference between the hydrogen and MR as
low as possible while pre-cooling are shown in Fig. 4.
Finally, it is recommended that more components of the
MR composition, e.g., a complex composition instead of
simpliﬁed one, have a smaller temperature gap between
the pre-cooled hydrogen and the MR cooling mixture.
This is to increase the heat exchanger size or enhanced
surface area; however, this will increase the cost of
material, so the appropriate size should be considered. In
the actual large plant design, the heat exchanger should
be inside a vacuum chamber to attempt to reduce the
temperature difference. However, a vacuum will cause it
to be too big to ﬁt inside. Therefore, consultations should
bemadewith the heat exchangermanufacturer. From the
energy and exergy balances above, it should be noted that
the amount of heat transfer from the feed hydrogen gas to
the MR cold stream in HX1eHX4 was not directly related
to how much exergy was lost.
 The right substance, capable of both ﬂowing and boiling (to
take heat away from each heat exchanger) is recom-
mended. Because boiling involves latent heat of phase
change, it can absorbmore heat per kg of mass ﬂow. Thus,
only a small amount of ﬂuid ﬂow is needed. Less energy is
required to drive the smaller ﬂuid ﬂow, which results in
a smaller compressor size. Thus, the heat exchanger size is
reduced. Moreover, a small temperature difference
between the two ﬂuid streams reduces the exergy loss in
the heat exchanger. It should benoted that the author tried
to have a high concentration ofmethane inHX3, ethane in
HX2, and butane in HX1 to boil and thus take heat away
fromeach heat transfer. This boiling heat-transfermethod
is thebestwayto removeasmuchheataspossible. Inshort,
the right MRmixture will make this successful.
5. Mixers: MIXER1 and MIXER2
Reducing the exergy loss at ﬂuidmixer is difﬁcult. It should
be noted that trying to avoid too large of temperature differ-
ence between the two incomingemixing streams and the exit
stream will reduce exergy loss at the ﬂuid mixer. On the test
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Fig. 4 e Hydrogen pre-cooling curve of the proposed 10-
component mixture.
Table 7 e Methods to reduce HX3 and HX4’s exergy loss/irreversibility of the test rig’s 5 components of composition.
Numbers in bold italics are
the changed values. Numbers in
bold were simulated from PRO/II.
Inlet ﬂow Outlet ﬂow _QHX3 _IHX3
T5 T12 T29 T32 T7 T14 T31 T34
Unit (C) (C) (C) (C) (C) (C) (C) (C) (kW) (kW)
Reference state 103 201 103 199 198 105 198 105 2.828 3.92
1. High HXs effectiveness 103 199 103 199 198 104 198 104 2.880 1.50
2. MR 10 components instead of 5 103 201 103 198 198 107 198 107 2.489 1.93
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rig, this can be done by adjusting the MR compressor speed
and modifying the MR composition.
6. Liquid separators: LIQ1, LIQ2, and LIQ3
Reduce the pressure drop by avoiding pressure differences,
temperature differences, and a high liquid level over the inlet.
Reducing the exergy loss at the ﬂuid gas separators is impor-
tant. Insulation must be made for the low-temperature LIQ2
and LIQ3 segments of the test rig to prevent heat. Finally, it
should be noted that the separation of two phases in equi-
librium is nearly reversible.
Before designing a large system, improvements must be
made. For the exergyanalysis, somedevelopmentmustbedone
to reduce the exergy loss in each component as recommended.
A concise conclusion of these recommendations follows:
1. H2 compressor and MR compressor: use the highest efﬁ-
ciency compressor, e.g., 80e95 percent.
2. More improvement to reduce exergy loss at HX1, e.g.,
a better MR composition to cool down HX1.
3. No HX4 in a real large system.
4. For a real large system, use turbines to replace EX3 and EX4
(and maybe EX1 and EX2).
5. Use an additional liquid separator, e.g., LIQ4, after EX3 as
a buffer to maintain volatile components.
6. More improvements in MIXER1 and MIXER2, if possible.
7. Use a complex composition, if possible.
8. In MR mixture, replace neon with hydrogen because of its
higher speciﬁc heat capacity.
9. Improvements to reduce exergy loss at HX7.
In short, in order to improve the test rig to be amore highly
efﬁcient future large-scale plant, replace the componentswith
higher efﬁciency compressors, almost perfect heat
exchangers with complex MR refrigerant compositions, and
higher efﬁciency expanders.
5. Conclusions
Because of its higher efﬁciency, a new innovative MR refrig-
eration system is proposed in this paper as a pre-cooling
system to cool down hydrogen gas in a small-scale laboratory
hydrogen liquefaction plant. This paper presents a simulation
of a test rig capable of liquefying 2 kg/h of normal hydrogen gas
at 21 bar and 25 C to normal liquid hydrogen at 2 bar and
250 C. The simulated power consumption of the MR
compressor in the MR refrigeration system was 2.07 kWh per
kilogram of feed hydrogen gas (to pre-cool it from 25 C to
198 C), whichwas the lowest power consumption compared
to today’s conventional hydrogen liquefaction cycles (with
power consumptions around 4 kWh per kilogram of feed
hydrogengas). Theenergyefﬁciencyof theMRcyclewas44.3%,
compared to 22.3% for the conventional cycle such as the
Ingolstadt plant. The proposedMR systemhad a higher exergy
efﬁciency at 38.3% from the idealminimumat 0.77 kWh/kgGH2,
whereas the conventional system had a lower exergy efﬁ-
ciency of 19.4%. The main purpose of this paper was to ﬁnd
where andhowexergy losses occurred and to optimize the test
rig’s overall performance through a reduction in exergy loss in
each component. It was found that major losses resulted from
the compressors, heat exchangers, and expansion valves. To
highlight the importance of exergy, the exergy efﬁciency
indicated theproximity to the idealminimum,whereas energy
efﬁciency did not. Importantly, exergy analysis was needed to
ﬁnd the losses and optimize the MR system proposed in the
paper. Finally, comparison of the simulation data presented in
this paper to experimental data of the test rig will be reported
by the author in an upcoming paper.
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Nomenclature
Symbols and abbreviations
COP coefﬁcient of performance, e
_E rate of exergy (stream ﬂow exergy) when used with
subscript x, kW
e speciﬁc exergy when used with subscript x, kJ/kg
h enthalpy, kJ/kg
_I exergy loss/irreversibility, kW
_m mass ﬂow rate, kg/s
_Q refrigeration load/the heat removed from the
hydrogen gas during the pro-cooling process of the
test rig, kW
s entropy, kJ/kg-K
T temperature, K or C
w speciﬁc work/energy requirement, kJ/kg
_W power/rate of work, kW
Greek letters
e exergy efﬁciency, e
h efﬁciency, e
Subscripts
I of the ﬁrst law, e
II of the second law, e
0 at reference/dead state, e
1 up to 38 stream number of the test rig process depicted in
Fig. 1, e
BH brake/shaft horse, e
elec electrical, e
EX at expansion valve, e
feed of the feed ﬂow at 21 bar and 25 C, e
GH2 hydrogen gas, e
in input or at inlet, e
H2 of feed hydrogen, e
H2 COM of hydrogen compressor, e
Helium of liquid helium system, e
HX of heat exchanger, e
LIQ at liquid separator, e
liquefaction due to hydrogen liquefaction process of the
test rig, e
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liqueﬁed liqueﬁed hydrogen, e
min minimum, e
MIXER at mixer, e
MR COM of MR compressor, e
MR cycle of MR refrigeration cycle, e
out at outlet, e
pre-cooled of pre-cooled hydrogen gas, e
pre-cooling of hydrogen gas pre-cooling process from 25 C to
198 C, e
total of total, e
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a b s t r a c t
A small-scale laboratory hydrogen liquefaction plant that contains a new innovative MR
(multi-component refrigerant) refrigeration system is proposed. A test rig was constructed
to verify the simulation of this system. Initial experiments indicated that the rig were able
to adequately cool normal hydrogen gas from 25 C to 158 C at a ﬂow rate of 0.6 kg/h
using a simpliﬁed ﬁve-component MR mixture refrigeration system. The power
consumption of pre-cooling from the MR compressor was 1.76 kW h per kilogram of feed
hydrogen gas. After two weeks, the lowest temperature was about 180 C when a few
additional grams of nitrogen gas were charged into the rig. The simulation and experi-
mental data were in good agreement, and the primary conclusion was that pre-cooling
hydrogen gas with the MR refrigeration system resulted in a lower energy consumption per
kilogram of feed hydrogen gas compared to conventional refrigeration systems.
ª 2010 Professor T. Nejat Veziroglu. Published by Elsevier Ltd. All rights reserved.
1. Introduction
Hydrogen has good potential as an energy vector for future
use in transportation vehicles, and several hydrogen
research activities have been conducted since 1980 and
especially since 2000. One of the major obstacles for the
future hydrogen economy is the large amount of hydrogen
liquefaction work. There are several existing simple
hydrogen liquefaction processes [1e4]. Baker and Shaner [5]
proposed the ﬁrst conceptual plant with the lowest efﬁ-
ciency. Today, large hydrogen liquefaction plants, such as
the Ingolstadt plant described by Bracha et al. [6], have
exergy efﬁciencies of only 20e30%, which is considered to be
very low. The plant consumes 4.86 kW h per kilogram of
hydrogen gas using a nitrogen refrigeration system to pre-
cool normal hydrogen gas from 25 C to equilibrium
hydrogen gas at 198 C. Therefore, it is possible to improve
this efﬁciency. From 1998 until 2008, some conceptual plants
were proposed that reported improved efﬁciencies of
40e50%: Matsuda [7] under WE-NET’s project [8], Quack [9],
Kuzmenko et al. [10], Shimko and Gardiner [11], and Valenti
[12]. Different cycles were compared by Berstad et al. [13].
Later on, a literature review for the development of large-
scale hydrogen liquefaction processes throughout the world
from 1898 to 2009 was conducted by Krasae-in et al. [14].
Finally, in 2009, NTNU (Norwegian University of Science and
Technology) and SINTEF (The Scientiﬁc and Industrial
Research Froundation) Energy Research AS proposed a new
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large-scale MR refrigeration system with an efﬁciency greater
than 50%.
Multi-component refrigerant was used in the test rig cycle.
This concept of mixed refrigerant in gas liquefaction (which
was discovered in recent years) results in reduced energy
consumption compared to conventional liquefaction cycles,
which is in agreement with the work by Bottura [15], Chrz [16],
Maﬁ et al. [17], and Bosma et al. [18]. In this paper, the differ-
ences are as follows: A new modiﬁed cycle and a new opti-
mized refrigerant mixture designed for pre-cooling hydrogen
gas from 25 C to 198 C were used, as proposed by Stang
et al. [19].
In this paper, simulations and experiments of a small-scale
laboratory test rig were performed. The simulation was con-
ducted to design the rig, whereas the experiments were per-
formed to verify the simulation data. First, a determination of
the correct simpliﬁed mixture and the operation of the small-
scale laboratory liquid hydrogen plant are described. Then,
the simulation, optimization, experiment, comparison, and
discussion of the results are presented.
2. Test rig description
A schematic diagram of the test rig is shown in Fig. 7, and the
rig is further explained in Section 3.2. Fig. 1(a) shows the
outside of the test room, i.e., an overview of the test rig. All of
the compressors, heat exchangers, and instruments were
located inside of the test room. The room is designed to
protect personnel in case of a ﬁre, hydrogen leak, or explosion.
Fig. 1(b) shows a portion of the inside of the test room. The
vacuum chamber contains all of the heat exchangers: HX1,
HX2, HX3, HX4, and HX5. The heat exchangers are handmade
copper spiral tube-in-tube type that were internally designed
and manufactured. The vacuum chamber also contains LIQ2,
EX1, EX2, and EX3. The hydrogen compressor unit (bottom left
of Fig. 1(b)) is equipped with a Mehrer TZL 20/80/65/S4-4Ex
compressor, which is an open-type two stage reciprocating
unitwith two cylinderswith a rotational speed of 485 RPM. The
compressor is used to compress hydrogen gas from 25 C at
a suction pressure of 2 (abs) bar to an outlet pressure of 21 (abs)
bar, and the expected hydrogen ﬂow rate is 2 kg/h. The unit is
water cooled between stages. The power of the motor is 4 kW.
The MR compressor unit is a Blackmer HD162C compressor,
which is an open-type single-stage reciprocating unit with one
cylinder. The rotational speed is 350/825 RPM. The compressor
is used to compress MR gas at 25 C at a suction pressure of 2.0
(abs) bar to an outlet pressure of 20 (abs) bar, and the expected
gas ﬂow rate is 44 kg/h. The compressor always operates at its
maximum speed; thus, the maximum braking horsepower is
7.5 kW. The hydrogen ﬂow rate meter is a Brook Instruments
5863 E (with an accuracy of 1%), and the mass ﬂowmeter for
the MR circuit is an Endress þ Hauser  Promass 83 F (with an
accuracy of 0.35%). The temperature sensors are Lake Shore
Silicon diodes DT-470-CO-13 (with an accuracy of 0.5 K for
a temperature rangeof 2e30K,0.25K for 30e60K, and0.15K
for 60e345K). The liquid level sensors are Endress PMD75 (with
accuracy0.05%), and thepressure sensors are EndressPMD71
(with an accuracy up to 0.075% of the set span).
3. Preliminary rig simulation
3.1. Determination of the correct components
Fig. 2 presents the boiling curves for arbitrarily selected
components: neon, nitrogen, methane, R14, ethylene, ethane,
propene, propane, I-butane, butane, I-pentane, and pentane.
These curves were obtained from the boiling temperature and
pressure of each substance andwere plotted using PRO/II. The
designed working temperatures of the four heat exchangers
are shownasdashedblue lines,whereas theboilingpressureof
the MR mixture in the MR cycle at 2.0 bar is shown as a red
horizontal line. For each of the selected components in the
mixture, the partial pressure (0.1e1 bar) at the boiling point
temperature is slightly below this value. Although it is difﬁcult
to use these curves to directly calculate the optimal composi-
tion of theMR, theywere used to indicate the components that
must be included. For example, at heat exchanger 1 (HX1), one
or twovolatile substances suchaspropane, I-butane, butane, I-
Fig. 1 e Complete construction of: (a) the test room, and (b) inside the test room.
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pentane, or pentane should be selected. At HX3 and HX4,
methane and nitrogen should be selected to boil and transfer
heat from the hydrogen gas. Additionally, the ﬂow rate of each
substance should be high enough to boil and transfer heat in
each of the heat exchangers. Neon was also used in the
refrigerant because its lower temperature could beused to cool
HX4. (For interpretation of the references to colour in text, the
reader is referred to the web version of this article).
3.2. Design conditions
The simulation model was built in PRO/II. Ortho-para conver-
sion reactors were not included because the experimental rig
did not contain a catalyst for ortho-para conversion. The labo-
ratory test rig shown in Fig. 7 was designed to use a complex
multi-component refrigerantwith 10 components. The concept
ofmulti-component refrigerants (ormixed refrigerants) [15e18]
are widely used in the liquefaction of natural gas because of
their reduced energy consumption compared to conventional
liquefactioncycles.SINTEFEnergyResearchAShasworkedwith
these types of refrigeration cycles for several years. During the
startup period of the rig, a less complex ﬁve-component
composition of the MR was used. To obtain a theoretically
optimized refrigerant mix, a ﬂow chart was used to model the
liquefaction rigusing thePRO/II simulationprogram.Thedesign
conditions for the test rig are shown in Table 1.
From Figs. 3 and 7, feed hydrogen gas was ﬁrst compressed
from a suction pressure in a two stage hydrogen piston
compressor with inter- and after-cooling. The outlet tempera-
ture of the aftercooler (both H2 and MR circuit) was set to 25 C.
Fig. 2 e Boiling curves for different components (PRO/II, v.8.1).
Table 1 e Assumptions in the simulation model.
Hydrogen ﬂow rate 2 kg/h e e e
Compressors Inlet abs. pressure [bar] Outlet abs. pressure [bar] Isentropic efﬁciency Outlet temperature (C)
H2 compressor 2 bar at stream 1 21 bar at stream 2 0.65 25
MR compressor 2 bar at stream 18 18 bar at stream 18 0.70 25
Heat exchangers Hot stream outlet
temperature [C]
Cold stream outlet
temperature [C]
Pressure drop [bar] Heat leak [W]
HX1 46.15 C at stream 4 e 0 0
HX2 103.15 C at stream 5 e 0 0
HX3 163.15 C at stream 6 e 0 0
HX4 ðHX3Þ 198.15 C at stream 7 e 0 0
HX5 ðHX4Þ 250.00 C at stream 8 e 0 0
JT valves Outlet pressure [bar] e e e
H2: (EX4) 2 e e e
MR: (EX1, EX2, EX3) 2 e e e
Flash drums Pressure drop [bar] Duty [W] e e
LIQ1 0 0 e e
LIQ2 0 0 e e
LIQ3 0 0 e e
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Fig. 3 e PRO/II simulation ﬂow-sheet of the proposed ﬁve-component composition.
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The hydrogen gas was subsequently cooled in ﬁve heat
exchangers. In the ﬁrst four heat exchangers, the hydrogenwas
pre-cooled by the MR circuit and hydrogen ﬂash gas from the
JouleeThompson valve. In the last heat exchanger, the
hydrogen ﬂash gas and product were used to cool the hydrogen
feed, but no helium was used in the simulation. For the ﬁnal
cooling of the hydrogen to 251 C, a JouleeThompson valve
wasused to throttle thehydrogendown to the suctionpressure.
In a large-scale hydrogen liquefaction plant, an expansion
machine can be used; however, its use was not economically
feasible for this small-scale laboratory plant. The Red-
licheKwongeSoave (SRK) equation of state was selected as the
ﬂuid package for the simulation software because of its popu-
larity, simplicity, and computational efﬁciency. The goalwas to
minimize theMRcompressorpowerbyoptimizingthe following
variables:
1. Suitable H2 compressor discharge pressure:
The discharge pressure must be greater than 15 bar
(supercritical pressure) to avoid condensation. For the test
rig, the discharge pressurewas designed to be 21 bar, which
is equivalent to thepressureof the feedat Ingolstadt.Higher
feed pressures result in minimal work liquefaction, which
was reportedbyMatsuda [7], Quack [9], andValenti et al. [12]
who used values of 50, 80, and 60 bar, respectively. At the
large-scale, if the feed is 1e2 bar, then it is recommended to
compress the feed discharge to 21 bar instead of a higher
value because of the increased energy requirement.
2. Suitable H2 compressor suction pressure:
The suction pressure must be a slightly above the ambient
pressure (1 bar) to be stored in a liquid tank before it is
supplied. Ingolstadt uses 1.3 bar. For this test rig, the
pressure could be anywhere between 1.3 and 2 bar. For the
simplicity of the controls, a value of 2 bar was selected.
3. Suitable MR compressor discharge pressure:
Several simulation trials were performed using PRO/II to
determine the optimal composition for different suction
pressures. An optimized, simpliﬁed, ﬁve-component
mixture that consisted of 4% neon, 12% nitrogen, 26%
methane, 30% ethane, and 28% butane was adequate with
different suction and discharge MR pressures for all of the
cases. A suitable MR compressor discharge pressure was
18 bar,which resulted in aMR compressor power of 4.55 kW.
If the pressure was lower than 18 bar, e.g., 15, 16, or 17 bar,
then it was impossible for the MR system to cool the
hydrogen. In addition, solid phaseMRﬂowcould form inside
of the heat exchangers if the pressure wasmuch lower than
18 bar. However, if the discharge pressure was higher than
18bar, then the systemwould function, but itwould result in
an increase in MR compressor power. Furthermore, if the
pressure was too high, then there would be more exergy
losses at expansions valves EX1, EX2, and EX3.
4. Suitable MR compressor suction pressure:
A very high or low suction pressure would not be allowed.
The hydrogen gas can be cooled sufﬁciently to the speciﬁed
design temperature (198 C) ﬂowing out of HX4. A suitable
pressure was 2 bar, which resulted in the minimum
(theoretical) brake horsepower (4.55 kW) of the MR
compressor. The suction pressure should not be lower than
1 bar because that would increase the MR compressor
power; additionally, the pressure should not be higher than
2 bar because this would result in a system that could not
sufﬁciently cool the hydrogen gas.
5. Hot stream hydrogen outlet temperatures from HX1, HX2,
HX3, HX4, and HX5:
Trial and error was used to determine the optimal
temperatures.
6. Suitable composition of the MR cycle:
Trial and error was used to determine the optimal
composition as shown in Table 2.
3.3. The proposed simpliﬁed ﬁve components of
composition for the initial experiment
For simplicity, a reduced number of components for the
mixture were required to perform the initial experiment. The
simulation results proposed an optimized composition of 4%
neon, 12% nitrogen, 26% methane, 30% ethane, and 28%
butane, as shown in Table 2. Neon could be replaced by
hydrogen or helium with similar results. The experiments
were performed on the test rig, and trial and error was used to
obtain the composition. Finally, the simulation result for this
composition is shown in Fig. 3 and is detailed in Krasae-in
et al. [20].
The possibility of having three components of themixture,
e.g., 26% methane, 30% ethane, and 28% butane, without
nitrogen was investigated. In this case, the pre-cooled
hydrogen gas at stream 7 leaving HX3 could only be cooled to
150 C but not to the designed 198.15 C. Therefore, the
presence of nitrogen in the mixture was required to sufﬁ-
ciently cool the hydrogen gas because nitrogen has a lower
boiling temperature than methane after expanding at EX3. In
conclusion, the mixture must have at least ﬁve-components,
and more components result in a better liqueﬁer. The simu-
lation results are shown in Fig. 3 for an energy consumption of
3.96 kW h/kg of the hydrogen liqueﬁed/feed. The MR ﬂow rate
was 1.8 kg mol/h, which is the minimum ﬂow rate. The ﬂow
ratemust bemaintained above thisminimum rate; otherwise,
Table 2 e - Choice of the proposed ﬁve-component MR
mixture.
Option No. 1 2 3
Component %Mol %Mol %Mol
Hydrogen e 4 e
Helium e e 4
Neon 4 e
Nitrogen 12 12 12
Methane 26 26 26
Ethylene e e e
Ethane 30 30 30
Propene e e e
Butane 28 28 28
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the low-temperature liquefaction system cannot be produced
because there would not be enough MR ﬂuid ﬂowing to
transfer heat. Fig. 3 shows a hydrogen pre-cooling curve.
Table 3 shows that most of the heat from theMR hot stream is
transferred to the MR cold stream.
Fig. 4 indicates that the MR pre-cooling performs better
than N2 pre-cooling because, in the latter case, a large amount
of heat is transferred to the N2 at a constant temperature
(roughly 80 K), whereas, in the former case, heat is transferred
to the MR at a variable temperature. In addition, the MR can
better track the H2 cooling curve.
4. Initial experimental results
This section expands on Section 3, Preliminary rig simulation; it
provides a detailed description of the experimental procedure,
experimental results, and analysis of the test rig. All of the
data were automatically collected using LABVIEW while
running the experiments.
4.1. Initial experiment
Table 4 provides a detailed composition of the MR mixture
used in the initial experiments; the simulated and experi-
mental compositions are compared. Butane has the highest
molecular weight, which causes the ﬂow to be heavier at
a higher ﬂow rate.
First, each component (neon, nitrogen, methane, ethane,
and butane) contained in the high pressure cylinder tank was
discharged directly into the test rig at the MR cycle. This
discharge was done by measuring the mass reduction of the
gas tank, which is equivalent to the amount of the gas ﬁlled in
the rig at the MR cycle. The simulated and measured compo-
sitions shown in Table 4 are located in the MR ﬂow at stream
19. Each component was then charged into the rig at the
suction of the MR compressor when it was switched on. Each
cylinder tank had a higher pressure than the suction pressure
of the MR compressor. Thus, the gas mixture was forced to
ﬂow from the inside of the tank into the MR circuit of the rig
until it achieved a satisfactoryMR composition. Themeasured
composition shown in Table 4 (at stream 19) can be achieved
directly by reading the gas chromatography instrument,
which can be positioned at three different points, as shown in
Fig. 7. This process describes the process for creating the MR
mixture in the test. Before the last initial experiment of the
cycle was performed, as shown in Figs. 5e7, a preliminary test
run was performed, which included several tests. Some
experimentswere performedmultiple times to allow the rig to
cool the temperature of the ﬂowing hydrogen gas as much as
possible. This cooling was done by adjusting the MR compo-
sition, suction and discharge pressures, andMR ﬂow rate until
the temperature was optimized. The ﬁnal total amounts of
neon, nitrogen, methane, ethane, and butane completely
charged into the rig were 0.080, 0.330, 0.900, 2.160, and
4.790 kg, respectively. However, these values are not exact due
to the presence of multiple leakages. As a result, the exact
composition inside the test rig remained unknown.
4.2. Initial experimental results
Fig. 5 shows the pressure and temperature characteristics of
the MR cycle side. Fig. 6 shows the pressure and temperature
characteristics of the H2 cycle side. As shown on the x-axis of
the two ﬁgures, the experiment began on 08.09.2009 at
10:08:01 and ended at 17:10:03.
 At 10:08:01, logging began on all of the measuring instru-
ments. The computer then began to collect the tempera-
tures, pressures, ﬂow rates, and other parameters.
 At10:30:03, theMRcompressorwasswitchedon. InFig.5(a), the
MRdischargepressurewasraisedto8barwithinafewminutes.
The low side pressure decreased to 2 barwithin a fewminutes.
 Between 11:30:03 and 14:10:03, ethane, methane, and
nitrogenwere charged into the MR side. This increased both
Fig. 4 e Hydrogen pre-cooling curve for the proposed ﬁve-
component mixture depicted in Table 2 and Fig. 3.
Table 4 e Composition of the mixture.
Component Molecular
weight
(kg/kmol)
%Mole by
simulation
Measured %mole by
experiment
Neon 420.18 44.0 1.0
Nitrogen 28.01 12.0 10.0
Methane 16.04 26.0 33.0
Ethane 30.07 30.0 38.0
Butane 58.12 28.0 18.0
Total 100% 100%
Table 3 e Amount of heat transfer from the two hot
streams to the MR cold stream (Q), Watts.
HX From H2 gas hot
stream (W)
From MR hot
stream (W)
Total (W)
HX1 578 3760 4338
HX2 464 1783 2247
HX3 793 1625 2418
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the MR discharge and the suction pressures. However, the
MR suction pressure was maintained at 2 bar by an addi-
tional closure of expansion valves EX1, EX2, and EX3.
Therefore, theMR discharge pressure gradually increased to
18 bar, as shown in Fig. 5(a).
 At 14:50:03, the helium side was turned on, as shown in
Fig. 5(a). Helium gas at 256 C and 1 bar was used to cool
down HX5. Each temperature reading began to decrease,
especially on the H2 side, as shown in Fig. 6(c) and (d). This
decrease was due to the helium cooling HX5, which was
connected to and near HX4. Furthermore, the helium gas
cooled the hydrogen gas that was leaving HX4 towards HX5.
The cold recycled hydrogen gas that returned to the H2
compressor from HX5 cooled HX4, HX3, HX2, and HX1.
 At 15:10:03, the H2 compressor was turned on, as shown in
Fig. 6(b).
Fig. 5 e Final transient experimental results of the MR side: pressures and temperatures as a function of time.
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 From15:50:03 until 16:50:03, particularly at 16:30:03, a steady
state was reached, as shown in Fig. 7. The MR side, H2 side,
and helium sidewere all opened, and all of the temperatures
andpressureswerestable.Themost interesting temperature
was TE106, H2 pre-cooled cold gas temperature (C) leaving HX4,
as shown inFig. 6(d). AtTE106,hydrogencouldonlybe cooled
to 158 C, whereas the simulation predicted a temperature
of 198 C, as shown in Fig. 3. It was assumed that an inad-
equate amount of the MR mixture was charged into the
system (particularly the volatile components such as
nitrogen and neon) in the initial experiment and that the 2 h
opening of the system was insufﬁcient. However, the ﬁnal
Fig. 6 e Final transient experimental results of the H2 side: pressures and temperatures as a function of time.
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Fig. 7 e Simulation data of the laboratory test rig with the proposed simpliﬁed composition compared to the experimental
data with H2 and helium operation at steady state. The experimental data reached steady state at 14:50:03 on 08.09.2009.
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experiment exhibited an improvement over the ﬁrst experi-
ment that was performed several months prior; the
hydrogen gas could be cooled to a lower temperature. When
heliumwasused,more refrigerantwascharged into the rigat
appropriate MR suction and discharge pressures. The other
interesting temperatures were cooling the MR ﬂow at, for
example, TE206, TE209, TE210, TE211, and TE212 as shown in
Figs. 5(c), (d) and 6(a). In Fig. 5(a): the MR high side pressure
(PE215) was maintained at 18 bar, which is the same as the
simulation result. The MR compressor speed was main-
tained at the highest speed. The low side pressure (PE214)
wasset to2bar,which is thesameas thesimulationresult, by
the further closure of expansion valves EX1, EX2, and EX3 to
maintain the MR suction pressure at 2 bar.
 At 16:50:03, the H2 compressor was switched off, as shown
in Fig. 6(b).
 At the same time, 16:50:03, the MR compressor was ﬁnally
switched off, as shown in Fig. 5(a).
5. Comparison
5.1. Comparison of the experimental data to the
simulation data
Fig. 7 shows thesteadystateexperimentaldataat16:30:03when
both theH2 and heliumsideswere on. The simulationwas used
to design the test (i.e., to select a composition) and to compare
the test; thus, the simulationwasusedat twodifferent times (as
illustrated inFig. 3 for thepreliminarydesignof the rig and Fig. 7
for comparison to the experimental results). After both the H2
and MR sides were switched on, the helium circuit was opened
to allow cold helium gas from the liquid helium storage tank to
coolHX5.Thiswasan important timetorecordandcompare the
measured experimental data to the simulation data. Cold
helium gas was ﬂowing to cool HX5. As a result, all of the
temperatures, especially TE211 and TE212, decreased further.
Thus, the feed hydrogen gas could be cooled to 158 C after
leaving HX4 and remain at the same temperature at LIQ3. If
more timewasavailable, thenHX5 could almost cool to the feed
helium temperature, and liquid hydrogen would exist at LIQ3.
Asshown inFig. 7, changes in the simulationdatawere required
toobtainthemeasuredhydrogenﬂowrate fromtheexperiment.
The simulated H2 ﬂow rate shown in Fig. 3 was adjusted from
2.0 kg/h (i.e., every 2 kg of hydrogen requires 50 kg of MR ﬂow
rate) to0.6kg/h,andtheMRﬂowratewasset to18kg/h.Fromthe
simulation, 18 kg/h ofMRﬂow ratewas required to cool 0.6 kg/h
ofhydrogengas. Thehydrogenﬂowratewas too lowbecauseall
of the expansion valves were closed to maintain a low suction
pressureof2bar.Allof thesimulatedtemperatureswerestill the
sameasinFig.3.Theﬁnal compositionthatwasmeasuredusing
gas chromatography in the rig also remained the same; it con-
sistedof: 1%neon, 10%nitrogen, 33%methane, 38%ethane, and
18% butane. The neon content appeared to be too low, which
prevented a further decrease in the temperature at TE212
following theexpansionatEX3. Insummary, thesimulationand
experimental data are nearly equivalent.
Table 5 indicates that the simulation and experimentally
measured power consumptions of the two compressors were
equal because the simulation data was calculated using the
experimental data. The compressor power was calculated
from the ﬂow rate, inlet and outlet pressures, and tempera-
tures. According to the law of conservation of energy, the
calculated brake horsepower was the same as the measured
one. The hydrogen gas ﬂow rate from the measurement was
only 0.6kg/h insteadof the initially designed2.0 kg/h, as shown
in Fig. 3. The ﬂow rate was adjusted to account for the small
ﬂowof theMR,whichenabled the liqueﬁer to cool thehydrogen
gas. ThemeasuredMRsuction gasﬂow ratewasonly 18 kg/h at
the maximum MR compressor speed instead of the designed
55 kg/h. However, this is not signiﬁcant because the ﬂow rate
can be increased by increasing the rotational speed of the
motor. Theremay have also been solidiﬁcation of the MR after
expansion, e.g., at EX3. Therefore,more time and experiments
were performed to correct these problems. Another possibility
was freezing due to moisture; in this case, a refrigeration ﬁlter
dryer should be installed after the condenser. However,
freezingwas not a problembecause the refrigerantwas of high
Table 5 e Simulation and initial experimental data of the proposed simpliﬁed ﬁve-component mixture from Fig. 7.
Values Equations/Symbol Simulation dataa Experimental dataa
H2 mass ﬂow rate at S3 _mH2 in kg mol/h 0.3 kg mol/h
a N/A kg mol/hb
_mH2 in kg/hr 0.6 kg/h
c 0.6 kg/hd
MR mass ﬂow rate at S17 _mMR in kg mol/h 0.474 kg mol/h
a N/A kg mol/hb
_mMR in kg/h 18.0 kg/h
c 18.0 kg/hd
H2 compressor power _WH2 Com; BH 0.067 kW
a 0.067 kWd
Isentropic efﬁciency of H2 compressor hISEN; H2 Com 80%
b 80%b
MR compressor power _WMR Com; BH 1.06 kW
b 1.06 kWb
Isentropic efﬁciency of MR compressor hISEN; MR Com 85%
b 85%b
Actual work _WCom; BH ¼ _WMR Com; BH
þ _WH2 Com; BH
1.127 kW ¼ 1.06 kW
þ 0.067 kWc
1.127 kW ¼ 1.06 kW
þ 0.067 kWb
a From Fig. 7, Simulation data of the laboratory test rig with the proposed simpliﬁed composition compared to the experimental data with H2
and helium operation at steady state.
b Experimental data: mass ﬂow rates, inlet and outlet pressures, and temperatures of compressors were used to simulate the values in PRO/II.
c Values assumed to be the same as in the experiment
d Values measured directly from the experiment at the test rig.
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quality and there was nomoisture. It is important to note that
the measured MR compressor power consumption should be
the same as the simulation value. Compressor powers of
0.067 kW for the hydrogen compressor and 1.06 kW for the MR
compressor were obtained from the measured pressures and
temperatures of both the suction and discharge together with
the measured ﬂow rate. The isentropic efﬁciencies of the two
compressorswere 80%and85%,which are quite high; thismay
have been due to the small mass ﬂow rates. The ﬁnal overall
test rig power consumption was 1.12 kW.
In Fig. 7, regarding the ﬂow rate of the MR and hydrogen
streams, the simulation and experimental results are exactly
the same because the experimental data were input into
the simulation software. In contrast, there are small discrep-
ancies in the temperatures because the SRKmodel used in the
commercial software is only an approximation.
5.2. Uncertainty analysis
5.2.1. Simulation data
Themain thermophysical properties of hydrogen gas at 4.8 bar
andbetween150 Cand0 C,asshowninFig.7,werecompared
to REFPROP 8 by NIST [21] as a reference. The average uncer-
tainties for n-H2 of some important properties such as rh, s, and
cP were found to be 0.7%, 2.2%, 0.6%, and 7.1%, respectively.
However, theMR side is very complicated; thus, an uncertainty
analysis is difﬁcult to perform due to its complex composition.
5.2.2. Parameters calculated from the simulation data
An uncertainty analysis for the calculated parameters of the
proposed system was performed using the method by Moffat
[22]. According to that method, the function R is calculated
fromasetofNsimulateddata (independentvariables),which is
represented by R¼ R(X1,X2,X3,.,XN). Then, the uncertainty of
the result R can be determined by combining the uncertainties
of individual terms by using a root-sum-square method, i.e.,
dR ¼
(XN
i¼1

vR
vXi
dXi
2)1=2
Using the accuracies as simulation variables, the uncer-
tainties of the parameters calculated by PRO/II, such as
_WH2 Com; BH, and hISEN; H2 Com as shown in Table 5, estimated by
the analysis are 0.3% and 0.3%, respectively.
5.2.3. Measured data
The uncertainty of the measured data, such as temperatures,
pressures, and ﬂow rates of both hydrogen and MR sides, due
to errors in themeasuring devices are reported andwere given
above in Section 2, Test rig description.
5.3. Differences betweem simulation and experimental
data
The main conclusion is that the compressor power and
liqueﬁer efﬁciency were the same as the simulation data.
Although the test rig was capable of cooling hydrogen gas
using the MR refrigeration system, it was only able to reach
a temperature of 158 C instead of the designed value of
198 C. Even for the ﬁnal experimental results, the MR cycle
was not well adjusted, meaning it was very successful.
However, additional experimental work is required to study,
identify, and resolve the problems. Several factors can explain
why the temperature could not be decreased to 198 C, and
some differences between the simulation and experimental
data are as follows:
 Correct MR composition:
Most of the ﬂow was directed to EX3; therefore, the
composition consisted of methane and nitrogen. It was not
known if there was an adequate amount of liquidmethane
and nitrogen after EX3 to boil and cool HX3 and HX4 or if
a LIQ (liquid separator) was present after EX3. Thus, the
temperature at TE212 could not reach 198 C. The chro-
matography measured the composition of the test rig,
which was compared to the simulated composition.
However, that was notmore important than determining if
there was an adequate amount of liquid in each liquid
separator to boil, absorb heat, and cool each heat
exchanger. Additionally, before steady state, the temper-
ature of the MR ﬂow was higher after expanding at EX3.
According to the simulation, this indicates that more
volatile components such as methane, nitrogen, and
especially neonwere required in the composition. If theMR
composition was not correct, then it would not be able to
reach the desired temperature, regardless of the ﬂow rate
of the MR refrigerant.
 Correct amount of MR refrigerant charged into the rig:
If the quantity of refrigerant is not sufﬁcient, then both the
suction and discharge pressureswill be low. In the opposite
case, both pressures will be high. Therefore, it is difﬁcult to
control the appropriate pressures.
 Correct MR compressor suction and discharge pressures:
The discharge pressure should be about 18 bar or higher,
and higher pressures are more favorable because they
result in lower temperatures after the expansion valves.
The pressure could be as high as 22e24 bar according to the
simulation results. This higher pressure could be achieved
by using a faster compressor speed, closing more expan-
sion valves, and charging more refrigerant. However, more
power consumption is required for the MR compressor for
a high discharge pressure. Additionally, according to the
simulation, the MR compressor suction pressure should be
about 2 bar. However, the simulation can only predict the
qualitative behavior; the actual values could be slightly
lower or higher. Additional experiments should be per-
formed to determine the optimal suction and discharge
pressures of the MR cycle.
 Correct ﬂow rate of the MR refrigerant:
If there is not sufﬁcient ﬂow, it will not transfer heat, and
the liqueﬁer will be too warm. The control must to be
adjusted during the experiment to ensure that the ﬂow is
sufﬁcient to produce the desired temperature.
 Helium must be in operation:
The helium was always turned on to cool HX5, which was
the lowest temperature heat exchanger. Because HX5 was
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connected to HX4, heat conduction occurred to HX4. If
there was no helium ﬂow to cool it down, then it would be
too warm. Also, the recycled hydrogen that ﬂowed back
from HX5 would be warm. Therefore, the other heat
exchangers, HX1, HX2, HX3, and HX4, would be warmer.
For HX5, it always had to be cooled by helium to produce
the coolest exchanger as explained above.
 Flow rate of feed hydrogen gas:
If the MR ﬂow rate was too low, but the feed hydrogen gas
was too high, then there would not be enough MR ﬂow to
cool the heat exchangers. The correct hydrogen ﬂow rate
should correspond to the correct MR ﬂow rate.
6. Conclusion
Fromthe simulation, a simpliﬁedﬁve-componentmixture that
consisted of 4%neon, 12%nitrogen, 26%methane, 30% ethane,
and 28% butane was developed for the new MR refrigeration
system. Suitable MR compressor suction and discharge pres-
sures were found as 2 bar and 18 bar, respectively, which
yielded the lowest MR compressor power of 4.55 kW. Initial
experimentsshowedthat the test rigcouldcool0.6kg/hnormal
hydrogen gas from 25 C to 158 C with a measured simpliﬁed
ﬁve-componentmixture similar to the simulated composition:
1% neon, 10% nitrogen, 33% methane, 38% ethane, and 18%
butane. The power consumption required to pre-cool the feed
hydrogengaswas 1.76 kWhper kilogram.After twoweeks, the
lowest temperature was about180 Cwith a fewmore grams
of nitrogen gas charged into the rig. More volatile components
such as neon and nitrogen must be charged into the rig to
further decrease the temperature to 200 C. The resulting
power consumption was nearly equal to that of the initial
experiment, and the simulated and experimental power
consumptionwerenearly equal. Themainconclusionwas that
pre-cooling hydrogen gas with the new MR refrigeration
system resulted in a lower energy consumption compared to
conventional refrigeration systems. This lower energy
consumptionwas due to the higher heat transfer coefﬁcient of
boilingMR for a lowermass ﬂow rate of compression at theMR
compressor. Currently, an actual hydrogen liquefaction plant
at Ingolstadtconsumes4.86kWhperkilogramusinganitrogen
refrigeration system. Therefore, it is highly recommended to
design this new refrigeration system to pre-cool feed normal
hydrogen gas from an ambient temperature of 25 C down to
equilibrium hydrogen gas at 200 C in the future large-scale
hydrogen liquefaction plant.
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Nomenclature
Symbols and abbreviations
cP speciﬁc heat, kJ/kg K
h enthalpy, kJ/kg
_I exergy loss/irreversibility, W
N total number of independent variables in the
function R, e
R function of independent variables, e
s entropy, kJ/kg K
_W power, W
X independent variable, e
_X stream exergy ﬂow, W
_m mass ﬂow rate, kg/h
Greek letters
h efﬁciency, e
r density, kg/m3
Subscripts
1e38 stream number of the process depicted in Figs: 2
and 6, e
BH brake/shaft horse, e
H2 of hydrogen, e
H2 Com of hydrogen compressor, e
ISEN isentropic, e
min minimum, e
MR of MR, e
MR Com of MR compressor, e
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a b s t r a c t
A proposed liquid hydrogen plant using a multi-component refrigerant (MR) refrigeration
system is explained in this paper. A cycle that is capable of producing 100 tons of liquid
hydrogen per day is simulated. The MR system can be used to cool feed normal hydrogen
gas from 25 C to the equilibrium temperature of 193 C with a high efﬁciency. In addi-
tion, for the transition from the equilibrium temperature of the hydrogen gas from 193 C
to 253 C, the new proposed four H2 JouleeBrayton cascade refrigeration system is rec-
ommended. The overall power consumption of the proposed plant is 5.35 kWh/kgLH2, with
an ideal minimum of 2.89 kWh/kgLH2. The current plant in Ingolstadt is used as a reference,
which has an energy consumption of 13.58 kWh/kgLH2 and an efﬁciency of 21.28%: the
efﬁciency of the proposed system is 54.02% or more, where this depends on the assumed
efﬁciency values for the compressors and expanders. Moreover, the proposed system has
some smaller-size heat exchangers, much smaller compressor motors, and smaller
crankcase compressors. Thus, it could represent a plant with the lowest construction cost
with respect to the amount of liquid hydrogen produced in comparison to today’s plants,
e.g., in Ingolstadt and Leuna. Therefore, the proposed system has many improvements that
serve as an example for future hydrogen liquefaction plants.
ª 2010 Professor T. Nejat Veziroglu. Published by Elsevier Ltd. All rights reserved.
1. Introduction
Because hydrogen has shown promise as an important energy
vector for use in future transportation vehicles, several
hydrogen research projects have been conducted since 1980
and in particular, since 2000. One of the challenges in creating
a hydrogen economy is the low efﬁciencies of the current
hydrogen liquefaction plant cycles. Currently, large hydrogen
liquefaction plants, e.g., the plant in Ingolstadt as described by
Bracha et al. [1], have exergy efﬁciencies of just 20e30%. These
efﬁciencies are very low. The plant consumes 4.86 kWh per
kilogram of hydrogen gas using a nitrogen refrigeration
system to pre-cool normal hydrogen gas from 25 C to equi-
librium hydrogen gas at 198 C. From 1998 through 2008,
some conceptual plants were proposed with reportedly
improved efﬁciencies of 40e50% [2e7]. A literature review for
the development of large-scale hydrogen liquefaction
processes throughout the world from 1898 to 2009 is given by
Krasae-in et al. [8]. Finally, in the year 2010, the Norwegian
University of Science and Technology (NTNU) and the
Scandinavian Research Foundation (SINTEF) Energy Research
AS proposed a new large-scale MR system with efﬁciency in
excess of 50%. The details of this new system are reported in
this paper.
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2. The proposed 100 ton per day LH2 plant
with the MR refrigeration system
For a larger metropolitan area with 100,000e200,000 hydrogen
vehicles, the automotive consumption rate will be in the
magnitude of 100 tons/day (TPD) [9]. Therefore, a large-scale
LH2 plant of that size will be proposed in this section. From
a preliminary study, single MR refrigeration alone cannot be
used to cool down n-GH2 from 25 C to 253 C because there
will be solidiﬁcation of the mixed heavy component between
193 C and 253 C. MR refrigeration can be used with a very
high efﬁciency to cool down the gas from25 C to only193 C,
as shown in Fig. 1. Then, to cool equilibriumhydrogengas from
193 C to 253 C, a four H2 JouleeBrayton cascade system is
recommended in this paper. It is noted thatwA is the net power
for system A, while wB is the net power for system B.
2.1. Choice of refrigeration systems for the proposed
plant
Refrigeration systems such as MR, nitrogen, helium, and
propane can be used to cool hydrogen gas from 25 C to
193 C (see Table 1). MR, which is a cycle under research at
NTNU-SINTEF, was selected ﬁrst because it has the lowest
power consumption.
MR cycle has been used for decades in the LiqueﬁedNatural
Gas (LNG) sector. This concept of mixed refrigerant in gas
liquefaction [10e13] discovered in the past few years results in
reduced energy consumption compared to conventional
liquefaction. The novelty of this mixed refrigerant system is
described very well by Flynn [14]. The differences involve the
newmodiﬁed cycle and thenewoptimized refrigerantmixture
that was specially designed for pre-cooling hydrogen gas from
25 C to 198 C explained in Section 2.3.
Today, large-scale plants that use nitrogen refrigeration
systems [1] have a power consumption of 4.86 kWh/kgLH2.
From a simulation test run in a commercial software package,
SimSci-PRO/II, the helium system of Valenti and Macchi [6]
has a very high energy consumption. Propane in combina-
tion with a helium refrigeration system [3] cannot achieve
a high efﬁciency because it only has one or two refrigerants
and its own system cycle. For cooling hydrogen gas from
193 C to 253 C, either hydrogen or helium can be used as
a refrigerant in refrigeration systems because they do not
freeze in this low temperature range. Hydrogen freezes at
temperatures below 259 C, while helium freezes below
272 C. Helium is widely used as a refrigerant in cryocoolers
because it remains in the gas phase at extremely low
temperatures. The Matsuda and Nagami [2] under a Japanese
hydrogen program [16] and Praxair cycles are quite similar to
the Ingolstadt and Leuna cycles. Since they are all hydrogen
refrigeration systems; in particular, Ingolstadt’s cycle requires
8.65 kWh/kgLH2 of power to cool hydrogen gas from 193 C to
253 C [4], which is a high power consumption. Thus, we will
now consider the helium system [3], which is too simple.
However, from a simulation test that was run with a 64-bar
discharge and a 2.7-bar suction pressure in the JouleeBrayton
cycle, it is impossible to have a high efﬁciency system. Kuz’-
menko et al. [4]’s helium system has a power consumption of
7.84 kWh/kgLH2, which is a little better than the hydrogen
refrigeration’s power consumption of 8.65 kWh/kgLH2.
However, it is still very high due to the complexity of the
helium liquefaction process. For Shimko and Gardiner [5]’s
helium system, the preliminary simulation/test run in PRO/II
indicates that it is still not good in comparison to the proposed
four H2 JouleeBrayton cascade system. Finally, the perfor-
mance of the reversed helium/neon Brayton cycle by Berstad
et al. [7] is may be lower because helium gas has inferior heat
transfer properties to hydrogen gas used in the cycle proposed
in this paper. The researchers aforementioned have devel-
oped the systems with plenty of the best efforts; more
explanations of remodeling those conceptual plants are made
by Krasae-in et al. [8]. This paper proposes completely new
conﬁgurations and systems. The MR refrigeration system is
selected to cool from 25 C to 193 C in combination with the
four H2 JouleeBrayton cascade system, which cools from
193 C to 253 C. The proposed MR system consumes only
1.36 kWh/kgLH2 in comparison to the ideal of 0.51 kWh/kgLH2.
In addition, the proposed four H2 JouleeBrayton cascade
system consumes 3.99 kWh/kgLH2 in comparison to the ideal
of 2.38 kWh/kgLH2. Finally, comparison of the energy
consumption of the proposedMR refrigeration system and the
proposed four H2 JouleeBrayton cascade system to other
conventional and the conceptual refrigeration systems, is
detailed in Table 1.
2.2. The whole process plant
In Fig. 2, the ﬂow sheet was developed from the PRO/II simu-
lation ﬂow sheet that was modiﬁed from a laboratory test rig
based on research at NTNU-SINTEF. Experiments were con-
ducted. The simulation data and experimental data matched
Fig. 1 e MR refrigeration system in combination with the four H2 JouleeBrayton cascade refrigeration system.
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well, and the main discovery was that pre-cooling hydrogen
gas with this new MR refrigeration system resulted in a lower
energy consumption per kilogram of feed hydrogen gas
compared to conventional refrigeration systems. Details of
the results will be reported in an upcoming paper.
For simplicity, it is assumed that there isnopressuredrop in
the simulation because the exact components’ sizes such as
heat exchangers and pipings are not known. The single
hydrogen feed-throughstream isat: a pressureof 21 bar (which
is the sameconditionas the Ingolstadtplant [1]), a temperature
of 25 C, and a ﬂow rate of 1.157 kg/s for 24 h a day in operation
or 100-TPD. The large-scale isentropic efﬁciency for every
compressor and expander is assumed to be 80% (usually 90%
found in large-scale refrigeration compressors) for the worst
case; thus, it has already compensated for thenopressuredrop
assumption and the temperature difference, which is too
small, between the pre-cooled hydrogen gas stream and the
MR pre-cooling stream.Moreover, if the three ormore number
of stages required in compression are usedwhichmeansmore
number of compressors, the overall system’s efﬁciencywill be
better. However, it will be more expensive than a single
compression (only single big compressor) and two-stage
compression (two compressors). It is not known how much it
costs for each compressor. This information is needed to
investigate the number of stages required in the compressors
as well as in the expanders to think of the payback period of
investment. A frequently applied approximation for optimum
intermediate pressure of ideal gas compression or expansion,
in this case which possibly applicable to MR and hydrogen
gases that for simplicity are assumed to be ideal, is given by:
Popt int ¼
ﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
PLPH
p
. Where Popt int represents an estimate of the
optimum intermediate pressure, PL is the low pressure, and PH
is the high pressure. In addition, due to the large volume of
mass ﬂow rates and low compression ratios, MR compressors
and hydrogen compressors must be dynamic. On the other
hand, because of lowermass ﬂow rates at expanders in theMR
cycle proposed have two-phase inlets and outlets, thus volu-
metric machines that have margin for two-phase ﬂows are
recommended. Themanufacturers should be consulted about
the machinery. In this paper, at least two-stage compression
with inter-cooling between stages is recommended as an
example. More than two-stage compression of MR is used just
because lower compression power. But, compression of
hydrogen gas in the fourH2 JouleeBrayton cascade cycle,more
than two-stage compression must be used, because, besides
lower energy consumption, a single stage compression results
in very high outlet temperature. The condensers must be
evaporative cooling towers. Mechanical conversion of work
from the expander is assumed to be 98%. For cooling n-H2 from
25 C to e-H2 around 193 C, the MR refrigeration system is
proposed. For cooling from193 C to253 C, as a preliminary
design, a combination of the four H2 cascade and the Brayton
refrigeration system is proposed due to the improved efﬁ-
ciency. In fact, the whole 100-TPD-capacity plant ﬂow sheet
can be split into subsystemswith the exact same cycle, e.g., 50/
50, 33/33/33, 25/25/25/25 TPD, or more. This depends on the
limitations, e.g., the sizes of the compressors, expanders, and
heat exchangers that are available in the market; installation
areas; etc.
Table 2 lists the boundary conditions that were used to
simulate the process depicted in Fig. 2. It contains design and
assumption data. Ambient temperature, capacity, GH2 feed,
and LH2 product were the design values. For simplicity, no
pressure drop was assumed. Good low temperature heat
exchangers for cryogenic system were generally recom-
mended by Barron [15] to have a 1e2 C temperature
approach. The compressors’ efﬁciencies were estimated from
the manufacturers’ product catalogues, which generally con-
tained large size gas compressors. The process was simulated
with the PRO/II software package. For the equation of state,
Redlich-Kwong-Soave (SRK)was selected for use because of its
popularity, simplicity, and fast computation.
In PRO/II simulation software, the component models of
heat exchangers, compressors, and expanders are absolutely
correct. But investigation the accuracy of the modeling of all
the working ﬂuids in the cryogenic region of interest must be
performed. The thermodynamic model must be validated
ﬁrst. Regarding hydrogen, onemay use as a comparison either
Table 1 e Choice of refrigeration systems for the proposed 100-TPD H2 liquefaction plant.
System Refrigeration system Inventor Energy consumption
HXA MR refrigeration Propose in this paper 1.30 kWh/kgLH2
N2 refrigeration Matsuda and Nagami [2] z4.86 kWh/kgLH2
Ingolstadt plant in1992 [1] 4.86 kWh/kgLH2
Leuna plant in 2007 [8] z4.86 kWh/kgLH2
Praxair since 1957 [8] z4.86 kWh/kgLH2
Helium refrigeration Valenti and Macchi [6] Extremely higher than 4.86 kWh/kgLH2
Propane þ helium refrigeration Shimko and Gardiner [5] Higher than 4.86 kWh/kgLH2
Quack [3] Higher than 4.86 kWh/kgLH2
HXB H2 refrigeration Matsuda and Nagami [2] A little 8.65 kWh/kgLH2
Ingolstadt plant in 1992 [1] 8.65 kWh/kgLH2
Leuna plant in 2007 [8] A little 8.65 kWh/kgLH2
Praxair since 1957 [8] A little 8.65 kWh/kgLH2
Helium refrigeration Valenti and Macchi [6] Higher than 8.65 kWh/kgLH2
Shimko and Gardiner [5] Higher than 8.65 kWh/kgLH2
Quack [3] Higher than 8.65 kWh/kgLH2
Kuz’menko et al. [4] 7.84 kWh/kgLH2
Reversed helium/neon Brayton cycle Berstad et al. [7] z5.18 kWh/kgLH2
Four H2 JouleeBrayton cascade refrigeration Propose in this paper 3.80 kWh/kgLH2
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Fig. 2 e PRO/II simulation ﬂow sheet for the proposed large-scale 100-TPD LH2 plant with MR and four H2 JouleeBrayton
cascade cycles.
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the monography R. McCarty, J. Hord, H. Roder, selected prop-
erties of hydrogen (Engineering Design Data), Tech. Rep.
Monograph 168, U.S. National Bureau of Standards (nowNIST)
(1981) or the software REFPROP 8. Recently, the best paper
about hydrogen properties is given by Leachman et al. [17]. All
data about thermo-physical properties of ﬂuid hydrogen from
the same researchers mentioned, found at the software
REFPROP 8, can also be checked at NIST [18].
However, after investigating the accuracy of the modeling
of all the working ﬂuids in the region of interest especially
hydrogen gas at temperature between 193 C to 253 C, it is
found that SRK model is quite the same as that of the model
from REFPROP 8. This is also in temperature range between
25 C to 193 C. It is especially the given values of pressure
and temperature, then the simulated density will be exactly
the same. Even though there are some differences regarding
simulated enthalpy and entropy, this is because the refer-
ences used in the two models are not the same; but the
simulated enthalpy and entropy increments (Dh and Ds) are
the samewhich indicate the two values are correct. These two
values are important in energy and exergy analyses of the
overall plant. Moreover, even if there are some extremely
small deviations of speciﬁc heat coefﬁcients, but this is
acceptable. The other thermo-physical properties are not
important. In short, the SRK model is adequate for the cryo-
genic region and the simulation results are near the reality.
2.3. MR refrigeration system for cooling feed normal
hydrogen gas from 25 C to the equilibrium temperature of
193 C
When designing a large MR refrigeration system, there are
various ways to improve efﬁciency. Brieﬂy, these improve-
ments include the following: to use 21-bar single n-GH2 feed-
through, to use a high isentropic efﬁciency MR compressor, to
replace every expansion valve with a high efﬁciency
expander, to use a ten-component mixture of MR refrigerant,
to add another liquid separator after EX3, and to improve the
condenser. The ﬂow sheet is depicted in Fig. 2.
The MR compressor power must be minimized. Thus, the
variables that must be optimized were determined from trial
and error in PRO/II and are arranged below:
1. First, the suitable feed pressure of the H2 compressor must
be determined:
The feed pressure must be above 15 bar, which is the
supercritical pressure to avoid condensation. The pressure
of 18 bar may still be too close to 15 bar. For the proposed
plant, the discharge pressure is designed to be 21 bar, which
is equal to the feed at Ingolstadt (see Fig. 1). However, for
the real large-scale process, if the feed is 1e2 bar, it is rec-
ommended to compress it to 21 bar.
2. Then, the hot stream hydrogen outlet temperatures from
HX1, HX2, and HX3 should be determined:
This is determined from trial and error for the minimum
MR compressor in the simulation software. In addition, the
MR mass ﬂow rate at HX1 is the largest, while HX3 is
the smallest. Thus, HX1 should cool and remove heat from
the hydrogen gas more than HX3.
3. Next, a suitable discharge pressure for the MR compressor
should be determined:
The discharge pressure cannot be lower than 18 bar
because it will be impossible to cool the system. In addition,
it should not be more than 22 bar because there will be too
much compression power.
4. After that, a suitable suction pressure for the MR
compressor must be determined:
The suction pressure cannot be lower than 1 bar because
of the MR compressor’s high power. The suction should not
be more than 2 bar because it will be insufﬁcient or
impossible to cool the hydrogen gas.
5. Finally, a suitable composition for the MR mixture and the
ﬂow rate should be determined:
This is also found from trial and error. This step is more
complex, e.g., up to a ten-component mixture is needed for
the large-scale plant’s process.
Previously, Krasae-in et al. [19] made the design and simu-
lation of a small-scale test rig. The new, optimizedMRhas been
particularly modiﬁed for large-scale processes with heat
conversion by catalysts and has the following composition:
1.2% hydrogen, 13.6% nitrogen, 13.6% methane, 15.2% R14,
16.2% ethane, 11.4% propene, 6.4% propane, 1.7% Ibutane, 1.7%
butane, and 18.9%pentane. A better efﬁciency is attainedwhen
neon is replaced with 1.3% hydrogen. All of these results were
determined from trial and error by the simulation in PRO/II. In
fact, the catalysts should be ﬁlled inside of the heat exchangers
to improve efﬁciency, but this cannot be simulated in thePRO/II
software. There is a liquid separator, LIQ3, that acts as a buffer
to maintain enough volatile components, such as nitrogen,
methane, R14, and hydrogen (or not). They are almost in the
liquid phase after expansion at stream 32 (S32). If they are not
charged enough, the HX3 will not be able to cool the hydrogen
gas to thedesignedvalueat193 C.Therewill not beenoughof
the volatile mixture to cool down the HX3. If they are charged
too much, there is no problem; they will be kept in the liquid
phase while in operation at LIQ4. Moreover, there is no energy
loss fromhavingthe liquidseparator, LIQ3.Asurgedrumactsas
a buffer to keep liquid MR refrigerant when the plant stops for
Table 2 e Boundary conditions.
Parameter The proposed 100-TPD process
plant from the simulation
Ambient
temperature
25 C
Capacity 100-TPD (in 24 h) ¼ 4166 kg/h ¼ 1.157 kg/s
GH2 feed 21 bar and 25 C
LH2 product 1.3 bar, saturated liquid with 95% para
Ortho-para
conversion
Stepwise
Pressure drop in
system
No
Temperature
approach
in heat exchangers
1e2 C (arbitrarily selected for high
effefectiveness)
Isentropic
efﬁciency:
Compressors 80% (arbitrarily selected for the
worst case)
Expanders 80% (selected similar to actual machinery)
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maintenance and to protect MR compressors while in opera-
tion. The simulation’s net power, wA is 1.36 kWh/kgLH2 in
comparison to the ideal of 0.51 kWh/kgLH2. In Fig. 2, electricity
consumptions for thecooling loadsdue towaterpumpsandair-
cooled fans in the after coolers and evaporative condensers are
very relatively small compared to compressors and expanders.
However, they are assumed to be around 5% of power
consumption from compressors as calculated in Table 7. From
the simulation’s calculations, second law analysis was con-
ducted. The exergy losses are dissipated mainly through the
following components: compressors 55%, evaporative
condenser19%,heatexchangers18%,expanders5%,mixers1%,
and liquid separator 1% as calculated in Table 5. In fact, the loss
due to evaporative condenser may not be included because it
seems not important to know. It is impossible to avoid all those
losses aforementioned. However, this proposedMR cycle is the
bestsystemincomparisontothenitrogen,helium,andpropane
refrigeration systems, as shown in Table 1.
In Table 3, air ﬂowing into evaporative condenser is
assumed to be ambient at 25 C with 50% relative humidity as
a reference. This temperature and humidity is in summer
time usually used for the peak heating load to design
conventional refrigeration systems. And air ﬂowing out, from
experience, is assumed to be 32 C with 100% relative
humidity. Thus, air ﬂow rate, _mair, of each evaporative
condenser can be calculated by a simple energy balance
equation: _mairðhair; out  hair; inÞ ¼ _mMR; S18ðhMR; S18  hMR; S19Þ.
Air enthalpy and entropy values are from psychrometric chart
or fromHumidAirWeb [20]. This method used is also the same
as what calculated in Table 4.
The proposed MR system is quite mature now with respect
to process conﬁguration. A little more research is needed for
small improvements. This is just a preliminary design; it is not
really a real one. More information from future studies on the
MR ten-component mixture or the more complex mixtures is
needed to better simulate the size of each MR heat exchanger.
The information is as follows:
 The temperature of each pre-cooled hydrogen gas stream
that leaves each heat exchanger, e.g., HX1, HX2, and HX3
from the experiment. Those temperatures depend on the
information below.
 The optimized MR composition for the complex mixture
from the test rig experiment.
Table 3 e Thermodynamic properties of each stream: enthalpy, entropy, speciﬁc exergy, and exergy ﬂow of the proposed
MR cycle.
Stream
number
Pressure Temp. Flow
rate
Speciﬁc
enthalpy
Speciﬁc
entropy
Speciﬁc
exergy
Exergy
ﬂow
Phase Description
P T _m h s ex _Ex
(bar) (

C) (kg/s) (kJ/kg) (kJ/kg- K) (kJ/kg) (kW)
3 21 25 1.157 175.87 76.12 2920.57 3379.10 Superheated vapor H2 cool gas
4 21 46.15 1.157 837.64 72.23 3074.06 3556.69 Superheated vapor H2 cold gas
4a 21 46.15 1.157 552.78 75.14 2485.92 2876.21 Superheated vapor H2 cold gas
5 21 103.15 1.157 1377.43 70.95 2918.27 3376.44 Superheated vapor H2 cold gas
5a 21 103.15 1.157 1373.83 70.98 2912.87 3370.19 Superheated vapor H2 cold gas
7 21 198.15 1.157 2776.45 58.84 5152.25 5961.15 Superheated vapor H2 cold gas
7a 21 194.75 1.157 2183.80 61.75 4871.90 5636.79 Superheated vapor H2 cold gas
7b 21 213.15 1.157 2481.86 57.42 5872.84 6794.88 Superheated vapor H2 cold gas
17 2 6 42.07 227.16 6.69 92.05 3872.48 Superheated vapor MR cool gas
17a 6 39 42.07 292.62 6.74 41.59 1749.62 Superheated vapor MR warm gas
17b 6 25 42.07 216.76 6.49 42.45 1785.80 Superheated vapor MR cool gas
18 18 62 42.07 279.41 6.53 8.20 345.04 Superheated vapor MR hot gas
19 18 25 42.08 140.73 6.10 0.00 0.00 Saturated liquid MR cool liquid
20 18 25 26.01 194.38 5.70 172.02 4475.86 Saturated vapor MR cool gas
21 18 25 16.06 53.81 6.73 278.10 4465.51 Saturated liquid MR cool liquid
22 18 46.15 16.05 100.77 6.13 251.98 4044.25 Compressed liquid MR cool liquid
23 2 51.55 16.05 104.41 6.14 258.62 4150.83 Mixture MR cold mixture
24 18 46.15 26.02 17.62 4.88 206.17 5364.59 Mixture MR cold mixture
25 18 46.15 15.95 38.47 4.75 301.26 4805.12 Saturated vapor MR cool gas
26 18 46.15 10.07 106.44 5.09 54.35 547.32 Saturated liquid MR cool liquid
27 18 103.15 10.07 215.98 4.53 112.81 1136.01 Compressed liquid MR cool liquid
28 2 107.30 10.07 218.40 4.54 107.39 1081.43 Mixture MR cold mixture
29 18 103.15 15.94 142.50 3.82 399.29 6364.71 Mixture MR cold mixture
31 18 198.15 15.94 350.50 2.13 697.93 11124.93 Mixture MR cold mixture
32 2 199.10 15.94 352.43 2.14 694.10 11063.89 Mixture MR cold mixture
34 2 107.06 15.94 42.65 4.73 226.14 3604.70 Mixture MR cold mixture
35 2 105.20 26.02 110.67 4.66 179.12 4660.74 Mixture MR cold mixture
36 2 52.50 26.02 79.32 5.64 75.11 1954.40 Mixture MR cold mixture
37 2 50.20 42.08 9.02 5.83 52.19 2196.09 Mixture MR cold mixture
EVAP1: air in 1 25 C, 50% RH 95.15 50.760 0.1858 0.00 0.00 Air and water vapor Moist air Saturated
EVAP1: air out 1 32 C, 100% RH 95.15 112.07 0.3918 0.5000 47.57 Air and water vapor moist air
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2.4. Cooling the feed equilibrium hydrogen gas from
193 C to 253 C by the four H2 JouleeBrayton cascade
refrigeration system
Initially, Brayton Quack’s [3] and Valenti and Macchi’s [6]
helium systems with optimized discharge and suction pres-
sures were selected by a preliminary test run in PRO/II.
However, from trial and error, it was found that replacing
helium with hydrogen as a refrigerant in the four Joulee-
Brayton cascade cycle that was proposed by Valenti and
Macchi [6] is better than helium when cooling hydrogen gas
from 193 C to 253 C. One disadvantage of helium is the
high discharge temperature when it is compressed, which is
due to the lower heat transfer properties. Hydrogen has much
better heat transfer properties than helium. For that reason,
the size of the heat exchangerswill be smaller. In addition, the
Table 4 e Thermodynamic properties of each stream: enthalpy, entropy, speciﬁc exergy, and exergy ﬂow of the proposed
four H2 JouleeBrayton cascade cycle.
Stream
number
Pressure Temp. Flow
rate
Speciﬁc
enthalpy
Speciﬁc
entropy
Speciﬁc
exergy
Exergy
ﬂow
Phase Description
P T _m h s ex _Ex
(bar) (

C) (kg/s) (kJ/kg) (kJ/kg-K) (kJ/kg) (kW)
8a 21 233.15 1.157 2887.82 48.43 8163.88 9445.61 Superheated vapor H2 cold gas
8b 21 232.08 1.157 2591.49 48.84 8337.21 9646.15 Superheated vapor H2 cold gas
8c 21 243.15 1.157 2994.12 38.43 11057.58 12793.62 Superheated vapor H2 cold gas
8d 21 243.15 1.157 2782.80 37.56 11529.90 13340.09 Superheated vapor H2 cold gas
8e 21 253.15 1.157 2998.93 28.88 13917.77 16102.86 Superheated vapor H2 cold gas
8f 21 253.71 1.157 3023.10 28.88 13893.60 16074.90 Mixture: 99% liquid H2 mixture
8g 21 253.71 0.001 2509.85 53.07 7149.85 7.15 Superheated vapor H2 cold gas
8h 21 253.71 1.156 3023.10 28.88 13893.60 16061.00 Superheated vapor H2 cold liquid
9a 40 25.00 1.283 178.90 73.42 3733.60 4790.21 Superheated vapor H2 cold gas
9b 40 195.15 1.283 3036.41 53.61 6461.29 8289.84 Superheated vapor H2 cold gas
9c 14 213.24 1.283 3249.83 54.52 5974.87 7665.76 Superheated vapor H2 cold gas
9d 14 195.54 1.283 2980.96 58.46 5061.74 6494.21 Superheated vapor H2 cold gas
9e 14 24.00 1.283 159.80 77.75 2415.50 3099.09 Superheated vapor H2 cold gas
9f 23 87.44 1.283 1076.50 78.48 3113.20 3994.24 Superheated vapor H2 cold gas
9g 23 25.00 1.283 176.40 75.74 3035.10 3894.03 Superheated vapor H2 cold gas
9h 40 89.48 1.283 1113.19 76.26 3815.89 4895.79 Superheated vapor H2 cold gas
10a 40 25.00 1.633 181.06 73.43 3732.76 6095.60 Superheated vapor H2 cold gas
10b 40 213.15 1.633 3347.23 49.06 7515.47 12272.76 Superheated vapor H2 cold gas
10c 8 234.11 1.633 3550.20 50.42 6904.50 11275.05 Superheated vapor H2 cold gas
10d 8 215.73 1.633 3262.50 56.48 5374.20 8776.07 Superheated vapor H2 cold gas
10e 8 24.00 1.633 159.80 80.42 1614.50 2636.48 Superheated vapor H2 cold gas
10f 17.8 129.67 1.633 1686.60 81.15 2922.30 4772.12 Superheated vapor H2 cold gas
10g 17.8 25.00 1.633 175.06 76.80 2715.76 4434.84 Superheated vapor H2 cold gas
10h 40 122.71 1.633 1596.07 77.54 3914.77 6392.82 Superheated vapor H2 cold gas
11a 20 25.00 1.924 175.62 76.32 2860.32 5503.26 Superheated vapor H2 cold gas
11b 20 233.15 1.924 3661.50 43.88 8755.20 16845.00 Superheated vapor H2 cold gas
11c 6.8 244.32 1.924 3754.81 44.69 8418.89 16197.94 Superheated vapor H2 cold gas
11d 6.8 232.43 1.924 3512.60 51.94 6486.10 12479.26 Superheated vapor H2 cold gas
11e 6.8 24.00 1.924 158.10 80.73 1519.80 2924.10 Superheated vapor H2 cold gas
11f 11.6 99.58 1.924 1247.62 81.79 2291.32 4408.50 Superheated vapor H2 cold gas
11g 11.6 25.00 1.924 173.53 78.57 2183.23 4200.53 Superheated vapor H2 cold gas
11h 20 88.26 1.924 1087.28 79.09 2940.98 5658.45 Superheated vapor H2 cold gas
12a 2.2 25.00 2.099 171.35 85.44 120.05 251.98 Superheated vapor H2 cold gas
12b 2.2 245.15 2.099 3667.88 51.54 6450.82 13540.27 Superheated vapor H2 cold gas
12c 0.5 253.57 2.099 3769.91 52.90 5940.79 12469.72 Superheated vapor H2 cold gas
12d 0.5 245.33 2.099 3650.77 57.98 4535.93 9520.92 Superheated vapor H2 cold gas
12e 0.5 24.00 2.099 156.69 91.51 1715.61 3601.07 Superheated vapor H2 cold gas
12f 1.0 108.54 2.099 1372.85 92.25 721.45 1514.32 Superheated vapor H2 cold gas
12g 1.0 25.00 2.099 171.08 88.69 855.22 1795.11 Superheated vapor H2 cold gas
12h 2.2 119.54 2.099 1532.50 89.41 290.20 609.13 Superheated vapor H2 cold gas
EVAP2: air in 1 25 C, 50% RH 19.55 50.760 0.1858 0.00 0.00 Air and water vapor Moist air
EVAP2: air out 1 32 C, 100% RH 19.55 112.07 0.3918 0.5000 9.77 Air and water vapor Saturated moist air
EVAP3: air in 1 25 C, 50% RH 37.69 50.760 0.1858 0.00 0.00 Air and water vapor Moist air
EVAP3: air out 1 32 C, 100% RH 37.69 112.07 0.3918 0.5000 18.84 Air and water vapor Saturated moist air
EVAP4: air in 1 25 C, 50% RH 28.61 50.760 0.1858 0.00 0.00 Air and water vapor Moist air
EVAP4: air out 1 32 C, 100% RH 28.61 112.07 0.3918 0.5000 14.30 Air and water vapor Saturated moist air
EVAP5: air in 1 25 C, 50% RH 46.60 50.760 0.1858 0.00 0.00 Air and water vapor Moist air
EVAP5: air out 1 32 C, 100% RH 46.60 112.07 0.3918 0.5000 23.30 Air and water vapor Saturated moist air
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power consumption from the compressor is less when using
hydrogen because of less mass ﬂow rate compared to helium.
To cool hydrogen from 243 C to 253 C, the hydrogen
Brayton cycle is better. Currently, all large-scale plants use
hydrogen refrigeration systems; nobody uses helium. Thus, it
is recommended to use hydrogen. To improve efﬁciency, the
four cycles may also be replaced by up to six cycles: 193 to
203 C, 203 to 213 C, 213 to 223 C, 223 to 233 C,
233 to 243 C, and 243 to 253 C. However, a larger
number of heat exchangers results in a greater exergy loss;
there will be more compressors and the system will be more
complicated. The choice of pressure levels or temperature
levels in the hydrogen JouleeBrayton cascade sub plant is all
from trial and error to get optimum. Finally, the feed hydrogen
gas at253 C is depressurized by the expander from 21 bar to
1.3 bar. By simulation, this is a 100% yield 95% p-LH2. But in
reality there might be a small fraction of vapor, thus 99%
liquid (stream 8h) and 1% vapor (stream 8g) is assumed.
Actually, para content at 95% of LH2 output is enough to be
kept for use, the same as Ingolstadt plant’s. If it is more than
this value, more conversion energy is needed which is not
necessary. By doing this, the last heat exchanger must be
designed to cool the hydrogen to the lowest possible
temperature, e.g. near 253 C, so there is no vapor fraction
after the expansion at the last expander. A small ejector is
recommended to recover p-GH2 from the storage tank (LIQ4)
the same as the plant in Leuna. In short, the sum of the
simulation’s net power, wB, for the proposed system is
3.39 kWh/kgLH2 in comparison to the ideal of 2.38 kWh/kgLH2.
According to second law analysis, the exergy losses are
dissipated through the following: compressors 32%,
expanders 33%, heat exchangers 21%, and evaporative
condensers 14% as calculated in Table 6. Exergy losses are
much especially at expanders that two-stage expandersmight
be used. The losses due to evaporative condensers may also
not be included because it seems not important to know. This
proposed four H2 JouleeBrayton cascade cycle is best
compared to the nitrogen and helium refrigeration systems,
as shown in Table 1. However, if anyone has suggestions or
different opinions for more improvement, they can be
proposed later. Unfortunately, the proposed four H2 Joulee-
Brayton cascade system is still not the best; each H2 Joulee-
Brayton cascade cycle is the Linde Hampson system, which is
theworld’s ﬁrst air liquefaction system, butwith the expander
to replace the Joule-Thomson (J-T) valve for work recovery. To
improve the efﬁciency of the proposed large-scale system,
each H2 JouleeBrayton cascade cycle can be replaced with
a pre-cooled Linde Hampson, a Claude, or a pre-cooled Claude
systems, respectively. The pre-cooled Claude may be the best
because of its own proven efﬁcient cycle. Moreover, the
helium-refrigerated or hydrogen-refrigerated hydrogen
systems may be good as well. However, the system with pre-
cooling needs an additional nitrogen pre-cooled system that
makes the overall system complicated due to the additional
compressors and heat exchangers for the nitrogen liquefac-
tion system. The Claude systemmay also be good since it has
a compressor power reduction around 5e10%, which was
found in a preliminary test run in PRO/II; however, a greater
number of heat exchangers and a high-priced expander are
needed. For simplicity, it can be a J-T valve instead of an
T
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expander. Thus, it depends on the overall liqueﬁer’s size,
suitability, cost, etc. The proposed system (see Fig. 2) is an
optimistic preliminary design process. However, it is still not
verymature. The designer should take this into account when
in the design process. Finally, more time and work is needed
to ﬁnd the best system to cool hydrogen gas from 193 C to
253 C. In short, it is possible to obtain a cycle that has a better
efﬁciency than what is mentioned. However, a better efﬁciency
means a more complicated and more expensive system. Thus, the
following information is needed to design the real plant: machinery
from the manufacturers, cost of the materials, size of the heat
exchangers, and so on.
2.5. Comparison of the proposed system to Ingolstadt
liqueﬁer
In Table 7, the types of hydrogen liqueﬁers are the following: 1.
Ingolstadt system, 2. theproposedsystem(MRsystemþ fourH2
JouleeBrayton cascade system). The Ingolstadt system is from
a paper by Kuz’menko et al. [4], Comparison of thermodynamic
efﬁciencies with Ingolstadt liqueﬁer. The proposed plant is from
a simulation that is shown in Fig. 2. The system’s net power
consumptions to cool n-GH2 from 25 C to e-GH2 at193 C and
then e-GH2 at 193 C to e-GH2 at 253 C are wA ¼ 1.36 and
wB¼ 3.99 kWh/kgLH2, respectively. Therefore, the overall power
is wA þ wB ¼ 5.35 kWh/kgLH2. Finally, the efﬁciency of the
proposed plant is 54.02%, in comparison to the ideal liquefac-
tion power of 2.89 kWh/kgLH2; this efﬁciency is a lot better than
Ingolstadt’s, which is used as a reference (21.28%). Moreover, it
is better than WE-NET’s hydrogen liquefaction project [14] by
MatsudaandNagami. [2].However,Quack’s [3], andValenti and
Macchi’s [6] systems do not explicitly mention whether they
have high efﬁciencies. If not, the proposed system is the most
efﬁcient. Therefore, the proposed system has a great potential
for improvement and can be used as a reference for future
hydrogen liquefaction plants.
3. Economic analysis of the proposed plant
with MR refrigeration
The cost of liquid hydrogen production consists of the
following:
Drnevich et al. [21] states that:
LH2 manufacturing cost ($/kg) ¼ Capital cost þ Energy
cost þ Operation and maintenance.
Kramer et al. [9] also states that:
Hydrogen cost ($/kg) ¼ LH2 manufacturing cost þ
Distribution cost þ Retail site operations.
The energy cost is measured by the overall liqueﬁer efﬁ-
ciency. The low efﬁciency liqueﬁer consumes a lot of electrical
power. In addition, when constructing a LH2 plant, the capital
cost should also be considered. It must be determined how the
MR pre-cooling process is superior to the other pre-cooling
cycles of Ingolstadt, Leuna, Quack, and Valenti and Macchi.
Similarly, it must be determined how cooling hydrogen gas
withmulti-component refrigerant is different from the others,
e.g., nitrogen and hydrogen (Ingolstadt, Leuna, Praxair, and
Table 6 e Calculation of exergy loss in each process’s component of the proposed four H2 JouleeBrayton cascade cycle.
Component Energy equation Exergy equation _I Percent loss
(kW) %
COM3 _WBH; COM3 ¼ _m9eðh9f  h9eÞ _ICOM3 ¼ _Ex; 9e  _Ex; 9f þ _WBH; COM3 181.85 2.56
COM4 _WBH; COM4 ¼ _m9eðh9h  h9gÞ _ICOM4 ¼ _Ex; 9g  _Ex; 9h þ _WBH; COM4 200.25 2.82
COM5 _WBH; COM5 ¼ _m10eðh10f  h10eÞ _ICOM5 ¼ _Ex; 10e  _Ex; 10f þ _WBH; COM5 357.41 5.03
COM6 _WBH; COM6 ¼ _m10eðh10h  h10gÞ _ICOM6 ¼ _Ex; 10g  _Ex; 10h þ _WBH; COM6 100.20 1.41
COM7 _WBH; COM7 ¼ _m11eðh11f  h11eÞ _ICOM7 ¼ _Ex; 11e  _Ex; 11f þ _WBH; COM7 286.99 4.04
COM8 _WBH; COM8 ¼ _m11eðh11h  h11gÞ _ICOM8 ¼ _Ex; 11g  _Ex; 11h þ _WBH; COM8 300.09 4.22
COM9 _WBH; COM9 ¼ _m12eðh12f  h12eÞ _ICOM9 ¼ _Ex; 12e  _Ex; 12f þ _WBH; COM9 399.26 5.62
COM10 _WBH; COM10 ¼ _m12eðh12h  h12gÞ _ICOM10 ¼ _Ex; 12g  _Ex; 12h þ _WBH; COM10 453.76 6.39
HX4 _m7ah7a þ _m9ch9c ¼ _m7bh7b þ _m9dh9d _IHX4 ¼ ð _Ex; 7a þ _Ex; 9cÞ  ð _Ex; 7b þ _Ex; 9dÞ 13.46 0.19
HX5 _m7bh7b þ _m10ch10c ¼ _m8ah8a þ _m10dh10d _IHX5 ¼ ð _Ex; 7b þ _Ex; 10cÞ  ð _Ex; 8a þ _Ex; 10dÞ 151.75 2.14
HX6 _m8bh8b þ _m11ch11c ¼ _m8ch8c þ _m11dh11d _IHX6 ¼ ð _Ex; 8b þ _Ex; 11cÞ  ð _Ex; 8c þ _Ex; 11dÞ 571.22 8.04
HX7 _m8dh8d þ _m12ch12c ¼ _m8eh8e þ _m12dh12d _IHX7 ¼ ð _Ex; 8d þ _Ex; 12cÞ  ð _Ex; 8e þ _Ex; 12dÞ 185.72 2.61
HX8 _m9ah9a þ _m9dh9d ¼ _m9bh9b þ _m9eh9e _IHX8 ¼ ð _Ex; 9a þ _Ex; 9dÞ  ð _Ex; 9b þ _Ex; 9eÞ 104.50 1.47
HX9 _m10ah10a þ _m10dh10d ¼ _m10bh10b þ _m10eh10e _IHX9 ¼ ð _Ex; 10a þ _Ex; 10dÞ  ð _Ex; 10b þ _Ex; 10eÞ 211.62 2.98
HX10 _m11ah11a þ _m11dh11d ¼ _m11bh11b þ _m11eh11e _IHX10 ¼ ð _Ex; 11a þ _Ex; 11dÞ  ð _Ex; 11b þ _Ex; 11eÞ 100.00 1.41
HX11 _m12ah12a þ _m12dh12d ¼ _m12bh12b þ _m12eh12e _IHX11 ¼ ð _Ex; 12a þ _Ex; 12dÞ  ð _Ex; 12b þ _Ex; 12eÞ 166.30 2.34
EX4 _m9bh9b ¼ _m9ch9c þ _WEX4 _IEX4 ¼ _Ex; 9b  _Ex; 9c  _WEX4 350.21 4.93
EX5 _m10bh10b ¼ _m10bh10c þ _WEX5 _IEX5 ¼ _Ex; 10b  _Ex; 10c  _WEX5 666.16 9.37
EX6 _m11bh11b ¼ _m11ch11c þ _WEX6 _IEX6 ¼ _Ex; 11b  _Ex; 11c  _WEX6 467.52 6.58
EX7 _m12bh12b ¼ _m12ch12c þ _WEX7 _IEX7 ¼ _Ex; 12b  _Ex; 12c  _WEX7 856.36 12.05
EX8 _m8ch8e ¼ _m8f h8f þ _WEX8 _IEX8 ¼ _Ex; 8e  _Ex; 8f  _WEX8 z 0.00 z 0.00
EVAP2 _m9hh9h þ _mairhair; in ¼ _m9ah9a þ _mairhair; out _IEVAP 2 ¼ ð _Ex; 9h þ _Ex; air inÞ  ð _Ex; 9a þ _Ex; air outÞ 115.35 1.62
EVAP3 _m10hh10h þ _mairhair; in ¼ _m10ah10a þ _mairhair; out _IEVAP 3 ¼ ð _Ex; 10h þ _Ex; air inÞ  ð _Ex; 10a þ _Ex; air outÞ 316.06 4.45
EVAP4 _m11hh11h þ _mairhair; in ¼ _m11ah11a þ _mairhair; out _IEVAP 4 ¼ ð _Ex; 11h þ _Ex; air inÞ  ð _Ex; 11a þ _Ex; air outÞ 169.49 2.39
EVAP5 _m12hh12h þ _mairhair; in ¼ _m12ah12a þ _mairhair; out _IEVAP 5 ¼ ð _Ex; 12h þ _Ex; air inÞ  ð _Ex; 12a þ _Ex; air outÞ 380.44 5.35
Total _Itotal 7106.00 100
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WE-NET), propane (Quack), and helium (Valenti and Macchi).
The overall size of the compressor and the heat exchanger is
a measure. It reﬂects the capital or construction cost of the
entire plant.
3.1. Comparison of compressor’s size to other
refrigeration systems
This section compares the compressor’s swept volumes. From
Table8, the ratiobetween thesuctionvolumetricﬂowrateof the
MR and the hydrogen, _VMR= _VH2 is less than with nitrogen,
_VN2= _VH2. Ingolstadt usesboth gas and liquidnitrogen to cool the
hydrogen feed stream. Even though hydrogen has the smallest
suction volumetric ﬂow rate when it is used in refrigeration
systems to cool hydrogen gas, it is impossible to use because of
its high power consumption. Therefore, the overall MR
compressor’s size for the proposed large-scale MR system is
smaller thanclosed liquidnitrogensystemwith recondensation
such as WE-NET’s nitrogen refrigeration system.
3.2. Comparison of the heat exchanger’s size to other
refrigeration systems
Therightway tosize theheatexchanger isby (1) using theLMTD
orNTU toﬁnd the approximate size, or by (2) dividing thewhole
heat exchanger intomany small ﬁnite volumes/pieces together
with the computational balance equations (mass, momentum,
andenergy) toﬁnd theactual size. Theplateﬁnheatexchangers
are widely used in cryogenic applications due to their
compactness, lowweight, and high effectiveness, and their use
is proposed here. Aluminum is the most commonly used
material, but stainless steel construction is employed for high
pressure and high temperature applications. Fin geometries
can be plain, offset strip, perforated, wavy, pin, or louvered.
Table 7 e Comparison of the proposed system’s to Ingolstadt liqueﬁer’s thermodynamic efﬁciency.
Parameter System
Ingolstadta The proposed new cycleb
Capacity referred to
liquid hydrogen
Ton per day 4.4 TPD 100 TPD
kg/h 180 4166
kg/s 0.05 1.1572
Para form content in the product, % 95 95
Pressure of liquid hydrogen, bar 1.3 1.3
Flow rates of streams in the cycle, kg/h:
MR e 151,473
hydrogen 1440 4618/5878/6926/7557
helium e e
nitrogen (liquid nitrogen requirement, kg/h) 1750 e
Compression pressure in the cycle, bar:
MR e 18/2
hydrogen 22 40/20/14/8.0/6.8/0.5
helium e e
nitrogen 1.4 e
Power consumption, kW:
of MR compressor e 5389
of all hydrogen compressors 1557 15,796
of all helium compressors e e
of all nitrogen compressors e e
of other equipmentsf at the MR cycle e 291f
of other equipmentsf at the four H2 J-B cascade cycle e 848
f
All expander power, kW: N/A 1,027c
Total energy consumption with due regard for the
consumption for liquid nitrogen from an air separation
plant at the rate of 0.5 kWh/kg of liquid nitrogen, kWh
2432 e
Net _WA, kW 875 5680
Net _WB, kW 1557 16,644
Net wA, kWh/kgLH2 4.86 1.36
Net wB, kWh/kgLH2 8.65 3.99
Overall cycle speciﬁc energy consumption for liquefaction, kWh/kgLH2 z13.58
d 5.35
The thermodynamically ideal liquefaction system, kWh/kgLH2 2.89
e 2.89e
Thermodynamic efﬁciency with due regard for ortho-para conversion, % 21.28 54.02
a Information is from Kuzmenko et al. [4].
b Info from Fig. 2, PRO/II simulation ﬂow sheet of the proposed large-scale 100-TPD LH2 plant with MR and four H2 JouleeBrayton cascade
cycles.
c The sum of all expander powers, kW: mechanical conversion is 98% from the expanders.
d This is modiﬁed from Kuz’menko et al. [4]: 4.86 þ 8.65 ¼ 13.51 kWh/kgLH2.
e Minimum theoretical exergy consumption from feed 21 bar, 25 C, n-GH2 to: 1.3 bar, 253 C, 95% p-LH2.
f Electricity consumptions for the cooling loads due to water pumps and air-cooled fans in the after coolers and evaporative condensers. They
are assumed to be around 5% of power consumption from compressors.
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Among these, the offset strip ﬁn is frequently adopted for its
high heat transfer coefﬁcient. It is the most widely used ﬁnned
surface, particularly in high effectiveness heat exchangers that
are employed in cryogenic applications.
Fig. 3 (a) explains that a small heat transfer d _Q from the hot
stream hydrogen gas (node i to i þ 1 and i  1) can be cooled
with a cold gas that is generally in the liquefaction process,
e.g., hydrogen, nitrogen, or helium. It is a small ﬁnite volume
inside of the heat exchanger, as depicted in Fig. 3(b).The heat
exchanger has a stack arrangement. The gases are compared
with the MR to determine which one can best reduce the heat
exchanger’s size. In Fig. 3(c), the heat transfer is from both the
hot stream hydrogen and the MR hot stream to the MR cold
mixture stream (node to iþ 1 and i 1 to i). Fig. 3(d) depicts the
possible arrangement of the streams in the MR heat
exchangers (HX1, HX2, and HX3) for the proposed large-scale
system, as in Fig. 2. The heat transfer and ﬂow friction char-
acteristics of the plate ﬁn surfaces are presented in terms of
the Colburn factor, j, and the Fanning friction factor, f, versus
the Reynolds number, Re; the relationships are different for
the different surfaces. Usually, turbulent ﬂow (approximately
3000 to 10,000) is mandatory for most heat exchangers to
attain a better heat transfer coefﬁcient and for a compact size.
However, with more turbulence, the pressure drop increases.
Thus, an optimization should be done to compute the velocity,
pressure, and temperature ﬁelds to determine the over
appropriate range of the Reynolds number and the geometric
dimensions. In order to compare the size of the heat
exchanger for different ﬂuids, we will ﬁrst start with the heat
transfer coefﬁcient for any ﬂow in a channel.
a ¼ jGcP
Pr2=3
(1)
Manglik and Bergles [22] proposed the Colburn factor, j, in
Eq. (1) to describe the right trend of the heat transfer behavior
for a single phase ﬂow and a channel with offset strip ﬁns in
the laminar, transition, and turbulent ﬂow regimes:
j ¼ 0:6522Re0:5403Dh b0:1541d0:1499g0:0678
1þ 5:269 105Re1:34Dh b0:504d0:456g1:0550:1 (2)
whereReDh¼ (GDh)/m. b, d, and g are geometrical descriptions of
the typical offset strip ﬁn core inside of the heat exchanger’s
channel. Then, the ratio of the heat transfer coefﬁcient (ai) for
a ﬂowing gas (hydrogen, nitrogen, or helium) to that of
hydrogen’s (aH2) is used as a comparison. It is assumed that all
of the channel sizes and ﬁn dimensions of the pre-cooled
hydrogenandcoolingmediumare thesame.Byeliminating the
offset strip ﬁn’s geometrical descriptions that are all assumed
to be the same, Eq. (1) can be expressed as follows:
ai
aH2
¼

mH2
mi
$
_mi
_mH2
0:5403 _mi
_mH2

cPi
cPH2

PrH2
Pri
2=3
(3)
where _mi= _mH2, m, cP, and Pr are fromTable 8. For simplicity, it is
assumed that the ﬂuid’s thermo-physical properties at
different temperatures (from 250 C to 0 C) are quite the
same at 0 C. Thus, the comparison of the heat transfer coef-
ﬁcients for ﬂowing hydrogen, nitrogen, or heliumgas to that of
hydrogen’s in the heat exchanger is calculated and shown in
Table 8. It seems that hydrogen gas has the highest heat
transfer coefﬁcient in comparison to hydrogen gas itself.
Table 8e Comparison of the proposed large-scale plant to theMR refrigeration system’s overall compressor swept volume,
together with the overall heat exchanger’s size in comparison to the Ingolstadt/Leuna liqueﬁer (nitrogen refrigeration) and
the Valenti liqueﬁer (helium refrigeration).
Parameter Unit Refrigerant
MRHX1
a G-Hydrogen G-Nitrogenb L-Nitrogen G-Heliumc
_mi= _mH2 e 25.70 1
1; 750 kg=h
180 kg=h
¼ 9:70 9.70 27:35 kg=s
10:00 kg=s
¼ 2:75
_Vi= _VH2 e 12.9 1
1; 400 m3=hr
100 m3=hr
¼ 14:31 14.31 161:83 m
3=s
5:43 m3=s
¼ 29:80
ai/aH2 e Gas MR: 0.522
Liquid MR: 1.26
Boiling MR: 1.89
Gas: 1 Gas: 0.2892 0.2490
Boiling: z0.28e0.4
Gas: 0.9723
AHX, i /AHX, MR e The smallest Bigger than MR The largest Bigger than G-Helium Bigger than G-Hydrogen
Thermo-physical properties below are at 1 bar and 0 C. Data are from SRK simulation model in PRO/II.
cP kJ/kg-

C 1.02/2.01d 14.34 1.04 2.04e 5.19
k kW/m-

C 0.02/0.13d 0.16 0.02 0.02e 0.142
Latent heat of vaporization kJ/kg N/A 446 e 199e 20
r kg/m3 4.5/655d 0.085 1.25 808e 0.169
m Pa.s 0.00001/0.00033d 0.00001 0.00002 0.00018e 0.00002
Pr e 0.51/5.10d 0.89625 1.04 18.36 0.73098
Gas price e Most expensive Expensive The cheapest Very expensive
a The proposed large-scale plant with MR refrigeration system; in particular, the analysis is at the top MR heat exchanger.
b Ingolstadt liqueﬁer.
c Valenti liqueﬁer. _mH2 is the mass ﬂow rate of the feed hydrogen gas into the liqueﬁer at 21 bar and 25 C.
d Properties of the MR at stream 37 between gas/liquid at 2 bar and 50 C.
e Properties of liquid nitrogen at 1 bar and200 C. _VH2 is the volumetric ﬂow rate (m3/s) of the feed hydrogen gas into the liqueﬁer at 21 bar and
25 C. ai/aH2 is the ratio between the refrigerant heat transfer coefﬁcient (kW/m
2-C) and the hydrogen gas coefﬁcient (kW/m2-C). Ai/AMR is the
ratio between the refrigerant heat transfer area (m2) and the MR heat transfer area (m2).
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Then, it is followed by helium gas, liquid nitrogen, and
nitrogen gas (aH2>aHelium>aLN2>aGN2).
Next, the analysis compares the heat exchanger’s size or
area, AHX. Actually, the LMTD is used if all of the outlet and
inlet stream temperatures are known as below:
_QHX ¼ FUHXAHXðLMTDHXÞ (4)
where _QHX is the overall heat transfer for the whole heat
exchanger (kW). F is the correction factor. When the ﬁn efﬁ-
ciency and thewall resistance are neglected for simplicity,UHX
canbe expressed indominant terms, e.g.,aH2 and ai, as follows:
1
UHX
¼ 1
aH2
þ 1
ai
(5)
ai is a cold ﬂuid (hydrogen gas, helium gas, liquid nitrogen, or
nitrogen gas) that cools hydrogen gas in a heat exchanger.
Finally, Eq. (5) in combination with Eq. (4) gives a comparison
of the heat transfer area of the gas (hydrogen gas, helium gas,
liquid nitrogen, or nitrogen gas) as a cooling media to that of
the MR, which is expressed in an inverse relation between its
heat transfer coefﬁcient as follows:
AHX;i
AHX; MR
f
aMR
ai
(6)
The MR ﬂuid in the MR refrigeration system and the liquid
nitrogen at Ingolstadt and Leuna, which ﬂows inside of the
heat exchanger, are two-phase ﬂows. The others are single
phase ﬂows. Boiling inside of the heat exchanger is dominated
by two phenomena: convective boiling and nucleated boiling.
Thus, the local boiling heat transfer coefﬁcient, as in this case,
can be formulated by using superposition (which includes
both nucleated and convective boiling effects) and is
commonly represented as follows [23]:
aTP ¼ anb þ acb (7)
where aTP is the local two-phase ﬂow heat transfer coefﬁcient
(kW/m2-C). anb is the nucleated heat transfer coefﬁcient (kW/
m2-C) and acb is the heat transfer coefﬁcient (kW/m
2-C). It
seems to have been accepted that at high heat ﬂuxes or low
qualities, nucleated boiling has a larger inﬂuence than
convective boiling. For the considered condition, the effect of
nucleated boiling is small and the dominant heat transfer
mechanism is two-phase forced convection. If noticed from
Eq. (1) for the same ﬂow rate of any ﬂuid, in most cases,
a single phase ﬂow of liquid has a higher heat transfer coef-
ﬁcient than that of the gas due to the higher cP. A study from
Feldman et al. [24] seems to imply that boiling heat transfer
inside of the plate ﬁn heat exchanger usually has a boiling
coefﬁcient around 1.5e2 times greater than the liquid ﬂow.
At last, thevalues ofAHX, i/AHX,MRare calculated inTable 8. In
the table, the most important thing is boiling heat transfer
coefﬁcient ofMR refrigerant in theMR cycle is the highestwhen
compared to feed hydrogen gas’s as a reference (Eq. (3): aMR/
aH2 ¼ 1.89 of Boiling MR). For that reason, it can be concluded
that if the feed hydrogen gas is cooled by hydrogen gas, helium
gas, liquidnitrogen, or nitrogen gas; the size of the heat transfer
areaorheat exchanger is the smallestwhenusinghydrogen gas
because it has the highest heat transfer coefﬁcient. It is then
followed by helium gas and liquid nitrogen. Eq. (6) proves this
statement. In summary, it seems that MR has the highest heat
transfer coefﬁcient due to boiling; thus, the trend is that itmay offer the
smallest heat exchanger size in comparison to using other ﬂuids to cool
the hydrogen liquefaction system.
4. Conclusion
For coolingn-GH2 from25 C tobee-GH2 around193 C, theMR
refrigeration system is recommendedwith the simulation’s net
Fig. 3 e Proposed plate ﬁn heat exchanger for the proposed hydrogen liquefaction system.
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power at 1.36 kWh/kgLH2, in comparison to the ideal of
0.51 kWh/kgLH2. The compressor and expander efﬁciencies are
assumed to be 80%, which is close to the actual values for
general large sizes thatare available in thegeneralmarket.With
100% efﬁciencies for ideal compression and expansion, the
power consumption of the MR system is 1.07 kWh/kgLH2. The
largest loss is from the compressors and expanders. The other
loss is from the heat exchangers of theMR system. It is the best
in comparison to the nitrogen, helium, and propane refrigera-
tion systems. In addition, for cooling from 193 C e-GH2 to
253 C e-GH2, the four H2 JouleeBrayton cascade refrigeration
system is recommended due to its improved efﬁciency. The net
power for the proposed system is 3.99 kWh/kgLH2, in compar-
ison to the ideal of 2.38kWh/kgLH2. Similarly, the lossesare from
the compressors, expanders, and heat changers. It is the best in
comparison to the nitrogen and helium refrigeration systems.
The overall power consumption of the whole system is
1.36kWh/kgLH2þ 3.99kWh/kgLH2¼ 5.35kWh/kgLH2.Usually, the
liqueﬁer at Ingolstadt is a reference with an energy consump-
tion of 13.58 kWh/kgLH2 and an efﬁciency of 21.28%. While the
proposed system is54.02%ormore, it depends on theassumption of the
compressor and expander efﬁciencies. The efﬁciency of the
proposed system can reach very close to the ideal’s if the
compressors, expanders, and heat exchangers are ideal and if
there is no pressure drop. Moreover, the system has some
smaller-size heat exchangers, a much smaller compressor
motor, and a smaller crankcase compressor for both theMRand
the four H2 JouleeBrayton cascade cycles, which is due to the
smaller energy consumption and hydrogen mass ﬂow rates in
the heat exchangers. Nitrogen pre-cooled systems that are
designed for very large-scale systems (like Ingolstadt’s) will
require an additional nitrogen liquefaction cycle to liquefy
nitrogen gas back (like WE-NET’s). It will be a much larger size
plant. Thus, the proposed new system could possibly be the
lowest speciﬁc construction cost plant in comparison to Ingol-
stadt and Leuna. Therefore, the proposed system has a great
potential for improvement and is recommended as a reference
for future hydrogen liquefaction plants.
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Nomenclature
Symbols
A area/heat transfer area, m2
cP speciﬁc heat capacity, kJ/kg-C
ex speciﬁc exergy, kJ/kg
_Ex rate of exergy ﬂow ¼ _mex, kW
F correction factor
f friction factor
G mass ﬂow rate, kg/m2-s
h speciﬁc enthalpy, kJ/kg
_I rate of irreversibility, kW
j Colburn factor, j ¼ St.Pr2/3 or Nu/(Re.Pr1/3)
k thermal conductivity, kW/m-C
LMTD Log Mean Temperature Difference,

C
_m mass ﬂow rate, kg/s
_Q rate of heat transfer, kW
P pressure, bar
Pr Prandtl number
Re Reynolds number
s speciﬁc entropy, kJ/kg-K
T temperature,

C
U overall heat transfer coefﬁcient, kW/m2-C
v speciﬁc volume, m3/kg
V volume, m3
_V volumetric ﬂow rate, m3/s
w speciﬁc work/energy requirement, kJ/kgLH2 or kWh/
kgLH2, kJ/kgLH2
_W power, kW
Abbreviations
COM compressor
EVAP evaporative condenser
EX expander
GH2 gas hydrogen
HX heat exchanger
J-B JouleeBrayton
LH2 liquid hydrogen
LIQ liquid separator
n- normal
MIXER mixer of streams
MR multi-component refrigerant/multi-mixed
refrigerant
O-P ortho-para
p- para
RH relative humidity
TPD ton per day
Greek letters
a heat transfer coefﬁcient, kW/m2-C
b, d, g ﬁn geometric parameters
r density, kg/m3
Subscripts
1, 2,.to n of the numbers: 1, 2,. to n/of stream numbers: 1,
2,. to n
air of ﬂowing air
A of system A
B of system B
BH brake horse power
cb convective boiling
Dh hydraulic diameter, m
EX of expander
i of a single phase ﬂuid: nitrogen, hydrogen, helium,
or MR
in inlet
isen isentropic
H high
H2 of hydrogen stream
H2 Com of hydrogen compressor
HX of heat exchanger
L low
MR of MR stream
MR Com of MR compressor
i n t e r n a t i o n a l j o u r n a l o f h y d r o g e n en e r g y 3 5 ( 2 0 1 0 ) 1 2 5 3 1e1 2 5 4 4 12543
nb of nucleate boiling
net net of cycle power
consumption ¼ compressors  expanders
opt int optimum intermediate
out outlet
TP of two-phase ﬂow
V volumetric
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